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ABSTRACT 

The fo rma t ion  o f  NO, i n  an advanced g l a s s  m e l t i n g  (AGM) process has 
been stud ied.  
s t o i c h i o m e t r i c  c o n d i t i o n s  r e s u l t i n g  i n  a p o t e n t i a l  f o r  p r o d u c t i o n  o f  a h i g h  
NO, concen t ra t i on  i n  t h e  exhaust. 
a re  en t ra ined  as a h i g h  l o a d i n g  c o n c e n t r a t i o n  o f  f i n e  p a r t i c l e s  i n  t h e  
preheated a i r  supply .  
combustion p roduc ts .  
chosen t o  be comparable t o  o r  l e s s  t h a n  NO, f o r m a t i o n  k i n e t i c  t ime .  
was p r o j e c t e d  t o  p reven t  f o rma t ion  o f  NO, a t  a c o n c e n t r a t i o n  corresponding 
t o  t h e  a d i a b a t i c  gas phase combustion temperature. 
concen t ra t i on  i n  t h e  g lass  m e l t e r  exhaust i s  found t o  be s i g n i f i c a n t l y  below 
a n t i c i p a t e d  NSPS requi rements.  A model i s  proposed f o r  t h e  processes i n  t h e  
AGH based on a k i n e t i c s / t r a n s p o r t  code. 
format ion i s  a t t r i b u t e d  t o  g a s / p a r t i c l e  thermal  quenching e f f e c t s  and, 
p o s s i b l y  heterogeneous c a t a l y t i c  reduc t i on .  

I n  t h i s  system, methane i s  combusted wi th  preheated a i r  a t  near  

The m i n e r a l s  r e q u i r e d  f o r  g lass  syn thes i s  

The thermal  t i m e  s c a l e  f o r  g a s - p a r t i c l e  heat  t r a n s f e r  i s  
The p a r t i c l e s  a re  heated up i n  suspension b y  t h e  

T h i s  

The measured NO, 

The decreased amount o f  NO, 

INTRODUCTION 

The development o f  an advanced g a s - f i r e d  g lass  m e l t i n g  process (AGM) i s  
be ing  i n v e s t i g a t e d  a s  an a l t e r n a t i v e  t o  t h e  conven t iona l  g l a s s  m e l t i n g  fu rnace  
which i s  o f  t h e  open-hearth t ype .  
d e r i v a t i v e  of a s l a g g i n g  coa l  combustor developed f o r  magnetohydrodynamic 
power g e n e r a t i o n  a p p l i c a t i o n s  [ l -31.  A p r imary  goa l  i s  t o  t r a n s f e r  heat  v e r y  
e f f i c i e n t l y  a t  h i g h  temperatures t o  e n t r a i n e d  g lass  batch p a r t i c l e s .  
p a r t i c u l a t e  l o a d i n g  r e q u i r e d  f o r  t h i s  a p p l i c a t i o n  presents  a un ique mechanism 
f o r  l i m i t i n g  t h e  fo rma t ion  o f  NO,. 

The advanced g l a s s  m e l t e r  i s  a t e c h n i c a l  

The h i g h  
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High temperature r e a c t i o n  o f  a i r  f eed  n i t r o g e n  and oxygen t o  p r i m a r i l y  
form n i t r i c  ox ide,  NO, i s  a source o f  p o t e n t i a l l y  h i g h  NOx c o n c e n t r a t i o n s  i n  
t h e  m e l t  furnace exhaust. 
en t ra ined  p a r t i c u l a t e  m a t e r i a l  as a d i spe rsed  hea t  s i n k  w i t h  a v e r y  s h o r t  
thermal  t r a n s i e n t  t ime.  Thus, t h e  combustion products  a r e  r a p i d l y  quenched 
f rom t h e  a d i a b a t i c  temperature a t  which h i g h  NO, concen t ra t i ons  would 
no rma l l y  r e s u l t  t o  a much lower  temperature.  
considered, t h e  thermal  quenching i s  accomplished on a t ime  s c a l e  much s h o r t e r  
t han  t h e  NOx chemical k i n e t i c  f o r m a t i o n  t ime .  

NOx c o n t r o l  i s  achieved i n  t h e  AGM by u s i n g  t h e  

Fo r  t h e  s i z e  p a r t i c l e s  

AGM CONCEPT AND EXPERIMENTAL SYSTEM 

I n  t h e  g lass  m e l t e r  des ign concept, premixed batch m a t e r i a l s  a r e  
i n j e c t e d  as f i n e  p a r t i c l e s  i n t o  a h i g h  temperature combustion a i r  l i n e  and 
t ranspor ted  i n  suspension t o  a h i g h  i n t e n s i t y  gas burner .  The m a t e r i a l s  a r e  
heated ve ry  r a p i d l y  i n  suspension i n  t h e  t u r b u l e n t  f l o w  f i e l d  i n  t h e  bu rne r .  
A converg ing nozz le  a t  t h e  e x i t  o f  t h e  bu rne r  acce le ra tes  t h e  f l o w  and d i r e c t s  
it i n t o  a m e l t  separa t i on  and homogenizing chamber. The h o t  m a t e r i a l s  a r e  
separated i n e r t i a l l y  f rom t h e  combustion gas and depos i ted  on a c o l l e c t i n g  
su r face  where i n i t i a l  homogenization occurs.  The t h i n  l i q u i d  l a y e r  f l o w s  f r o m  
t h e  c o l l e c t i n g  su r face  t o  a m e l t  r e s e r v o i r  a t  t h e  bot tom o f  t h e  chamber where 
a d d i t i o n a l  homogenization can occur .  The combustion p roduc ts  e x i t  t h e  m e l t  
separa t i on  chamber and a r e  ducted t o  downstream heat  recove ry  equipment f o r  
hea t ing  t h e  incoming combustion a i r .  

c o n f i g u r a t i o n  and t h e  separa t i on  centerbody i s  schemat i ca l l y  shown i n  F i g u r e  1 
The u n i t  c o n s i s t s  o f  a pre-burner. a main combustor, and a g lass  r e c e i v e r .  
The purpose o f  t h e  g a s - f i r e d  pre-burner  i s  t o  s imu la te  t h e  h i g h  temperature 
preheat  s ince  t h e r e  was no source o f  h i g h  temperature preheated a i r  w i t h  which 
t h e  system would no rma l l y  operate.  
i n t roduced  downstream o f  t h e  pre-burner  through t h r e e  i n j e c t o r s  t o  promote 
thorough m ix ing  w i t h  t h e  gas. I n i t i a l  t e s t s  used c u l l e t  as t h e  feed m a t e r i a l .  

Gaseous oxygen i s  added t o  t h e  combustion p roduc ts  o f  t h e  pre-burner  f o r  
combustion o f  t h e  f u e l  added i n  t h e  main o r  g lass  m e l t i n g  bu rne r .  N a t u r a l  gas 
i s  i n t roduced  through e i g h t  r a d i a l  i n j e c t o r s  j u s t  upstream o f  t h e  main 
burner .  A sudden enlargement a t  t h e  bu rne r  ent rance c rea tes  a s t r o n g  v o r t e x  
f l o w  reg ion  t o  promote m i x i n g  o f  t h e  f u e l  and o x i d i z e r .  Combustion takes 
p l a c e  w i t h  t h e  p a r t i c l e s  s t i l l  e n t r a i n e d  i n  t h e  gas. Rapid quenching of t h e  
combusted gas by these p a r t i c l e s  a c t s  t o  keep t h e  peak temperature down, t h u s  
reducing t h e  NOx f o rma t ion .  A convergent nozz le  a t  t h e  e x i t  o f  t h e  bu rne r  
acce le ra tes  t h e  f l o w  t o  t h e  v e l o c i t y  r e q u i r e d  t o  accomplish t h e  i n e r t i a l  
separa t i on  o f  t h e  p a r t i c u l a t e  m a t e r i a l  f rom t h e  combustion products ,  l e a d i n g  
t o  homogenization and g l a s s  format ion.  

The exper imenta l  system used f o r  development t e s t i n g  o f  t h e  b u r n e r  

The f i n e  g lass  feed p a r t i c l e s  a r e  
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NOX TEST RESULTS 

The NO, c o n c e n t r a t i o n  i n  t h e  bu rne r  exhaust gas i s  s t r o n g l y  i n f l uenced  
b y  the  temperature- t ime h i s t o r y  and t h e  oxygen c o n c e n t r a t i o n  o f  t h e  gas. 
l a t t e r  i s  determined by t h e  gas s t o i c h i o m e t r y  o r  t h e  a i r - f u e l  equiva lence 
r a t i o  used. 
as we l l  as a min imal  res idence t i m e  a t  t h e  peak temperature, y e t  p rov ide  f o r  
r a p i d  h e a t  t r a n s f e r  t o  t h e  e n t r a i n e d  ba tch  m a t e r i a l .  
NOx concen t ra t i ons  s i g n i f i c a n t l y  below t h e  e q u i l i b r i u m  f lame a d i a b a t i c  
s t o i c h i o m e t r i c  l e v e l  a r e  p red ic ted .  

The 

The process c o n s t r a i n t  is t o  m a i n t a i n  a l o w  oxygen concen t ra t i on  

For these cond i t i ons ,  

F i g u r e  2 shows t h e  e q u i l i b r i u m  concen t ra t i ons  o f  NO which would be 
expected i n  t h e  absence o f  p a r t i c l e  quenching e f f e c t s .  
f u e l  r i c h  combustion. t h e  NO e q u i l i b r i u m  concen t ra t i on  f o r  va r ious  c a l c u l a t e d  
a d i a b a t i c  f lame temperatures reached by combustion w i t h  preheated a i r  a r e  
i n d i c a t e d .  I f  an emiss ion l i m i t  of 4 l b s  NOx/ton g l a s s  produced i s  assumed, 
t h e n  the  maximum a l l owed  NO concen t ra t i on  i n  t h e  exhaust  gas i s  970 ppm f o r  
s t o i c h i o m e t r i c  c o n d i t i o n s .  

Fo r  s t o i c h i o m e t r i c  and 

Tests  were conducted over  a wide range o f  gas mass f l ows  and feed 
loadings t o  de te rm ine  system performance. Whi le  t e s t s  w i t h o u t  batch m a t e r i a l  
demonstrated t h a t  f u e l - r i c h  combustion o f f e r s  the lowes t  NO, emiss ion due t o  
l ower  peak f lame temperatures,  i t  leads t o  a l ower  thermal  e f f i c i e n c y  because 
a p o r t i o n  o f  t h e  combustion energy o f  t h e  f u e l  i s  n o t  re leased  and made 
a v a i l a b l e  f o r  m e l t i n g  o f  t h e  g lass  i n  t h e  furnace.  
furnace i s  t y p i c a l l y  operated w i t h  excess oxygen, 0 - 1.4. 
the m e l t  chamber i s  app rox ima te l y  25OOF. Fo r  these  c o n d i t i o n s ,  NO, 
format ion i s  app rox ima te l y  1200 ppm p r i o r  t o  p a r t i c l e  i n j e c t i o n .  
res idence t i m e  a t  peak temperature i s  sho r t ,  seve ra l  m i l l i s e c o n d s ,  t h e  NO, 
c o n c e n t r a t i o n  i s  l e s s  than  t h e  e q u i l i b r i u m  l e v e l  shown i n  F i g u r e  2. 

ash. 13% ca lc ium carbonate.  and 15% c u l l e t  demonstrated t h e  AGM's a b i l i t y  
t o  capture,  homogenize and f i n e  t h e  mol ten ba tch  m a t e r i a l  on t h e  centerbody, 
producing a f u l l y  reac ted  g lass  product .  As pred ic ted .  t h e  NO, p roduc t i on  
of  t h e  m e l t e r  i s  c o n s i d e r a b l y  reduced by t h e  quenching o f  t h e  combustion gas 
b y  the  ba tch  p a r t i c l e s .  
NO, l e v e l  t o  app rox ima te l y  250 ppm, corresponding t o  an  NO, l o a d i n g  o f  
1 l b / t o n  g lass  w i t h o u t  f l u e  gas t reatment .  

As a r e s u l t ,  t h e  main 
The temperature of 

S ince t h e  

Tes ts  w i t h  a f o u r  component batch compr i s ing  52% s i l i c a .  20% soda 

Batch i n j e c t i o n  i s  found t o  reduce t h e  exhaust gas 
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KINETICS/TRANSPORT MODEL 

The chemical k i n e t i c  r e a c t i o n  mechanism used t o  model AGM combustion 
c o n s i s t s  o f  31 chemical spec ies and 146 e lementary chemical r e a c t i o n s .  The 
p r i n c i p a l  reac t i ons  f o r  f o rma t ion  and decomposi t ion o f  thermal  NO a re :  

02 + M + O + O + M  

N2 + 0 + N O +  N 

N + 02 + N O +  0 

N + OH + N O +  H 

The f i r s t  t h r e e  reac t i ons ,  where M i s  a t h i r d  body ( u s u a l l y  N2). rep resen t  
t h e  impor tant  and w e l l  known Ze ldov i ch  mechanism o f  a tomic exchange 
reac t i ons .  
o r  t h e  r e s u l t s  o f  thermodynamic c a l c u l a t i o n s  i f  exper imenta l  da ta  a r e  n o t  
a v a i l a b l e .  
Reference 4. 

The code u t i l i z e s  e x p e r i m e n t a l l y  measured r e a c t i o n  r a t e  parameters 

The numer ica l  t echn ique  used i n  these  c a l c u l a t i o n s  i s  desc r ibed  by 

A thermodynamic e q u i l i b r i u m  code i s  i n i t i a l l y  used t o  determine t h e  
composi t ion o f  v i t i a t e d  a i r  f rom t h e  combustion o f  air/CHq a t  T - 2500K i n  
t h e  pre-burner. 
concen t ra t l on  o f  i n i t i a l  mo lecu la r  c o n s t i t u e n t s  i n  t h e  main combustor. G iven  
these values and t h e  c o n c e n t r a t i o n  o f  added 02 and CH4 necessary t o  o b t a i n  
t h e  des i red  a i r / f u e l  r a t i o ,  t h e  k i n e t i c  model i s  used t o  o b t a i n  t h e  tempora l  
dependence of key r e a c t i o n  species as a f u n c t i o n  o f  i n i t i a l  temperature.  
F igu re  3 shows c a l c u l a t e d  tempora l  p r o f i l e s  f o r  T = 1500K and a s t o i c h i o m e t r i c  
a i r / f u e l  r a t i o .  Fo l l ow ing  an i g n i t i o n  de lay  o f  about  1.6 ms, a peak f l ame 
temperature o f  app rox ima te l y  2350K i s  a t t a i n e d .  The e - fo ld  NO f o r m a t i o n  t i m e  

- i s  - 3.0 ms. The corresponding NO mass f r a c t i o n ,  0.003, i s  i n  good agreement 
w i t h  thermodynamic e q u i l i b r i u m  c a l c u l a t i o n s  shown i n  F igu re  4. Th is  va lue  i s  
somewhat h i g h e r  than  t h e  AGM t e s t  r e s u l t s .  b u t  t h i s  i s  a t t r i b u t e d  t o  a l ower  
gas temperature i n  t h e  g lass  m e l t e r .  

and t h e  c a l c u l a t i o n s  a r e  repeated. 
s o l i d  p a r t i c l e s  reduces t h e  NOx c o n c e n t r a t i o n  f rom approx imate ly  2000 ppm t o  
750 ppm, a f a c t o r  o f  -2.5. 
concen t ra t i ons  i n  t h e  furnace exhaust, b u t  t h e  genera l  conc lus ion  remains t h a t  
NOx c o n t r o l  i s  achieved by u s i n g  e n t r a i n e d  p a r t i c u l a t e s  as a d i spe rsed  heat  
s i n k  w i t h  a s h o r t  thermal  t r a n s i e n t  t ime.  Some e r r o r s  a r e  i n t roduced  i n  t h e  
k i n e t i c  c a l c u l a t i o n s  due t o  t h e  d i f f i c u l t y  o f  s i m u l a t i n g  t h e  process which 
causes i g n i t i o n ,  namely, t h e  expansion o f  gases i n t o  a dump combustor, as w e l l  
as t h e  use o f  a f lameholder ,  c r e a t i n g  r e c i r c u l a t i o n  zones which r e s u l t  i n  b u l k  
f l o w  and m ix ing  o f  combusted and uncombusted gases. 
exper imenta l  s i t u a t i o n  where i g n i t i o n  would a l s o  n o t  t ake  p lace  i f  methane was 
t o  be i n j e c t e d  i n t o  t h e  gas stream w i t h o u t  p r o v i s i o n s  f o r  f lamehold ing.  

These species account f o r  app rox ima te l y  40% o f  t h e  t o t a l  

The k i n e t i c  code i s  m o d i f i e d  t o  i n c l u d e  t h e  e f f e c t s  o f  s o l i d  p a r t i c l e s  
As  F igu re  3 i n d i c a t e s ,  t h e  a d d i t i o n  o f  

The AGM t e s t  r e s u l t s  show s t i l l  lower  NOx 

Th is  i s  analogous t o  t h e  
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A numer ica l  s i m u l a t i o n  model t r e a t i n g  t r a n s p o r t  processes i n  t h e  AGM i s  
used t o  desc r ibe  NOx fo rma t ion  and decomposi t ion d u r i n g  r a p i d  gas coo l  down 
by suspended batch m a t e r i a l .  The code is 1-0 and c a l c u l a t e s  t h e  temperatures 
and v e l o c i t i e s  o f  gas and p a r t i c l e s  a long  t h e  l e n g t h  o f  the combustor. 
assumes t h a t  a l l  t h e  p a r t l c l e s  a r e  e n t r a i n e d  i n  t h e  gas and do n o t  come i n t o  
c o n t a c t  w i t h  each o t h e r  i n  t h e  combustor. Gas p r o p e r t i e s  a r e  c a l c u l a t e d  based 
on i t s  chemical composi t ion.  The ba tch  compos i t i on  and t h e  gas f l o w  r a t e s  
were s e l e c t e d  t o  s i m u l a t e  t h e  performance o f  t h e  AGM. 
c a l c u l a t i o n s  a t  t h e  l o c a t i o n  where p a r t i c l e s  a r e  i n j e c t e d  i n t o  t h e  gas and it 
f o l l o w s  t h e  temperature and v e l o c i t y  o f  gas and p a r t i c l e s  as t h e y  move a long  
t h e  combustor till t h e  p a r t i c l e s  separate on t h e  t a r g e t .  

F i g u r e  5 shows t h e  temperature p r o f i l e s  i n  t h e  combustor s e c t i o n .  Cold 
ba tch  p a r t i c l e s  (sand, c u l l e t ,  soda, and l ime ;  ba tch  f l o w  rate=0.12 kg/s) were 
i n j e c t e d  i n t o  h o t  gas coming f rom t h e  v i t i a t i o n  b u r n e r  (0.11 kg/s). The 
p a r t i c l e  temperature r i s e s  a t  a r a t e  dependent on t h e  p a r t i c l e  s i z e .  The f l o w  
r a t e s  o f  oxygen and n a t u r a l  gas were 0.037 and 0.0083 kg/s, r e s p e c t i v e l y .  The 
h o t  combustion gas i s  i n i t i a l l y  quenched v e r y  r a p i d l y  due t o  t h e  h i g h  heat  
t r a n s f e r  r a t e  f rom t h e  gas t o  smal l  p a r t i c l e s .  
two subsequent sharp drops when oxygen and secondary methane a r e  added t o  t h e  
gas stream. The c a l c u l a t i o n  i n d i c a t e s  t h a t  t h e  gas coo ls  f rom i t s  peak 
temperature t o  800-900K i n  about  12 ms. 

It 

The program s t a r t s  

The gas temperature e x h i b i t s  

A t  a d i s t a n c e  o f  1.2 meters f r o m  t h e  p a r t i c l e  i n j e c t i o n  l o c a t i o n  
combustion takes  p l a c e  and t h e  gas temperature s h a r p l y  increases.  The 
p a r t i c l e  temperature a l s o  r i s e s ,  b u t  t h e  r a t e  i s  s lower  due t o  p a r t i c l e  
i n e r t i a .  By t h e  t i m e  t h e  gas e x i t s  t h e  combustor, 40 ms a f t e r  p a r t i c l e  
i n j e c t i o n ,  t h e  temperature o f  t h e  gas and t h e  m a j o r i t y  o f  t h e  p a r t i c l e s  i s  
a lmost  equal, about  1800K. 
due t o  t h e i r  l a r g e  s i z e  (150 micron d iameter)  and, t hus ,  t h e i r  l a r g e  thermal  
i n e r t i a ,  a r e  unable t o  f o l l o w  t h e  gas temperature as c l o s e l y .  

A ques t i on  n o t  p r e s e n t l y  addressed by t h e  model i s  t h e  suggest ion o f  

The o n l y  excep t ion  a r e  t h e  soda p a r t i c l e s  which 

NO, c o n t r o l  by heterogeneous c a t a l y t i c  reduc t i on .  Evidence f o r  such 
processes i s  p r o v i d e d  by s t u d i e s  o f  t h e  r e d u c t i o n  o f  NO b y  H2 ove r  a 
Rh/SiO2 c a t a l y s t  [ 5 ]  and o f  t h e  decomposi t ion o f  n i t r o u s  o x i d e  on magnesium 
ox ide  and c u p r i c  o x i d e  [6 ] .  I n  a d d i t i o n ,  s p e c i f i c  gas-surface i n t e r a c t i o n s  
have been r e p o r t e d  f o r  NO and SO2 w i t h  c o n s t i t u e n t s  t y p i c a l l y  found i n  
e n t r a i n e d  f l y  ash f r o m  coa l  combustion [7].  The e f f e c t  o f  ba tch  p a r t i c l e  
sur face abso rp t i on  s i t e s  f o r  c a t a l y t i c  r e d u c t i o n  and enhanced NO, c o n t r o l  i n  
t h e  AGM process r e q u i r e s  a d d i t i o n a l  a n a l y s i s .  

SUMMARY 

The measured NO, c o n c e n t r a t i o n  i n  t h e  advanced g lass  m e l t e r  exhaust 
gas i s  s i g n i f i c a n t l y  below a n t i c i p a t e d  NSPS requi rements.  Th is  i s  a t t r i b u t e d  
t o  g a s l p a r t i c l e  the rma l  quenching e f f e c t s .  
temperature post - f lame gases i s  chosen t o  occu r  o v e r  a t ime  s c a l e  o f  seve ra l  
m i l l i s e c o n d s .  whereas heat  t r a n s f e r  takes p l a c e  on a s h o r t e r  t ime  sca le  
r e s u l t i n g  i n  s i g n i f i c a n t l y  l ower  NOx emissions t h a n  t h e  e q u i l i b r i u m  l e v e l  
f o r  a d i a b a t i c  gas combustion. 

NOx f o rma t ion  i n  t h e  h i g h  
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SO -NO CONTROL IN A STAGED CYCLONE 
COAL~COM~STOR WITH LIMESTONE INJECTION 

8. Zauderer,’ E. Fleming’ and W. M. Swift* 

Coal Tech Corporation 
P. 0 .  Box 154 

Merion Station, PA 19006l 

Argonne National Laboratory 
9700 South Cass Avenue 
Argonne, Illinois 60439’ 

ABSTRACT 

The results of a preliminary experimental study of SO -NO, control in a two- 
stage cyclone coal combustor (2 MW ) with limestone injectHon are presented. The 
tests were carried out using a finefy pulverized West Virginia low-sulfur bituminous 
coal (0.8% S), an Illinois No. 6 medium-sulfur coal (1.6% S), and an Illinois No. 6 
high-sulfur coal (2.7% S). With limestone injection in either the first or second 
stage of the combustor, SO2 reductions in The sorbent 
injection tests indicated that the first-stage combustion temperature as influenced 
by the airlfuel ratio was a major factor in sulfur capture. NO emissions measured 
at the exit of the second-stage combustor were reduced by up to 35 % over those from 
single-stage combustion. In addition, the benefits of a staged cyclone combustor 
for NO control were enhanced when the second-stage gas temperature was minimized, 
either’through increasing second-stage air dilution or by maximizing first-stage 
carbon conversion. 

excess of 80% were obtained. 

BACKGROUND AND OBJECTIVES 

Recent developments in coal cleaning technology and in the preparation of coal- 
water slurries have prompted renewed interest in the direct firing of gas turbines 
with coal-derived fuels, such as partially cleaned fuel gas and coal-water mixtures. 
Several recent studies have identified the potential economic advantages of these 
systems over conventional coal-fired power generation (1-3). 

An alternative approach to the concept of a coal-fired gas turbine is the direct 
combustion of the coal in a staged slagging combustor. The slag rejecting combustor 
has been developed primarily in support of magnetohydrodynamics (MHD) technology. 
More recently, however, development of the slagging combustor for the control of SO, 
and NO, emissions has been considered for application to both the coal-fired gas 
turbine option and to the retrofit of existing gas and oil-fired boilers. 

for SO,/NO, control is similar to 
the LIMB (limestone injection into multi-stage burners) concept being developed for 
conventional boilers by the U. S. Environmental Protection Agency and the Electric 
Power Research Institute: namely, staged combustion (fuel-rich first stage) for the 
control of NO, emissions and limestone for the control of SO, emissions. 
The added advantage of slag rejection during combustion makes the slagging combustor 
ideally suited to a wide range of utility and industrial applications, including the 
coal-fired gas turbine system and gas/oil-to-coal conversions. 

Although the amount of data available in the literature is fairly limited, the 
application of advanced slagging combustors to the control of SO,/NO, emissions has 
shown promising results (4,5). In pilot-scale testing of a low NO /SO burner 
developed by Rockwell International, bet fer than 70% SO2 reduction, N6, ekssions 
below 100 ppm (at 3% 0 2 ) ’  slaglfly ash removal over 70%, and carbon burnout greater 
than 99% have been demonstrated in tests with low-sulfur western coals (4). In a 
few cases, better than 95% SO, reduction and zero NO, emissions were reported, even 
when the only calcium used was the calcium inherent in the coal ash. 

The concept of the staged slagging combustor 

injection 

375 



Equally encouraging results have been reported for the TRW slagging combustor 
developed in part for MHD applications (5). SO removals of between 50 and 90% are 
claimed in limestone injection tests at a Cad ratio of 3 for coals with sulfur 
contents ranging from 0.6 to 2.1%. NO emissions have ranged from 330 to 450 ppm 
(at 3% 02) and carbon conversions were fn excess of 99%. 

Because of the proprietary aspects of the staged slagging combustor tests just 
described, details concerning them and the operational parameters that influence the 
control of SO2 and NO emissions have not been reported. Hence, a series of 
combustion tests with Timestone injection was undertaken in a nominal 2 MW staged 
slagging combustor at Argonne National Laboratory (ANL). The objective of the tests 
was to investigate the control of SOx and NOx emissions at conditions simulating 
direct coal firing into a gas turbine. 

EXPERIMENTAL 

Facility 

The test program was conducted in the ANL Fossil Energy Users Laboratory (FEUL), 
which is a DOE-owned facility constructed to accommodate a wide range of experiments 
related to coal and oil combustion. The facility has two test legs: one with a 
combustor capable of burning a variety of liquid fuels (including slurry mixtures) 
and the other equipped with the two-stage slagging coal combustor used in performing 
the present work. Each test leg has the necessary independent fuel-feed, support, 
and control systems. The air compressors, combustion air preheater, effluent 
control equipment, coolant system, and data acquisition system are shared. 

The coal combustor, designed and fabricated by ANL, is illustrated in Fig. 1. 
The combustor consists of three flanged sections with a fourth section (not shown) 
downstream of the combustor for instrumentation and gas sampling. The primary 
combustor consists of two sections: the first section accommodates the combustion 
air inlet header, coal feed injection nozzle, and a limestone feed port; the second 
section accommodates a slag tap. Constructed from 24-in. (0.64-111) schedule 20 
carbon steel pipe, the primary combustor is refractory lined to a nominal inside 
diameter of 0.55 m. The overall length is 1.37 m. 

As illustrated in Fig. 1, part of the primary combustion air enters axially 
along the combustor centerline and the remainder enters either tangentially (louvers 
installed) or radially (louvers removed). The coal to the first stage also enters 
along the combustor centerline axis. A pintle with an angle of 45" is located at 
the end of the coal injection line to radially disperse the incoming coal. First- 
stage limestone injection was accomplished through a port on the front face of the 
combustor and at an angle that intersected the centerline of the combustor at a 
point approximately 0.4 m downstream of the coal injector nozzle. 

The second stage of the combustor is constructed from 18-in. (0.46-m) schedule 
standard pipe and is refractory lined to a nominal inside diameter of 0.38 m. The 
secondary combustion air enters radially through three ports located around the 
combustor wall. During certain tests, the limestone sorbent was injected through a 
port just upstream of the secondary air inlet nozzles. The second stage of the 
combustor is separated from the first stage by a slag baffle with a centerline 
opening of 0.25 m. 

The coal combustor has a nominal thermal input rating of 2 HW, including the 
sensible heat of the combustion air, which can For the 
tests that form the subject of this paper, the thermal input to the combustor was in 
the range 1.1 to 2.4 W ,  with most of the tests in the lower end of this range. The 
split between the primary and secondary combustion air and the ratio of primary 
axial to swirl air can be independently For all but one of the tests 
described herein, the louvers in the primary combustor were not installed; hence, 
the nonaxial primary combustion air was injected with little or no swirl component. 
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Test Coals and Limestone 

Three different coals were used in the test program: a West Virginia Alma C seam 
coal and two Illinois No. 6 seam coals. The results from nominal analyses of  the 
three coals are given in Table 1. The West Virginia coal was primarily selected 
because nearly 70% of the total sulfur in the coal (0.85 wt X )  is organic. It was 
speculated that this might ensure rapid release of the sulfur from the coal during 
fuel-rich combustion in the first stage, possibly enhancing the capture o f  the 
sulfur by the limestone sorbent. The two Illinois coals were selected because of 
their higher total sulfur (1.6 and 2.7 wt A limitation on the 
limestone hopper capacity and injection rate made testing with a very high sulfur 
coal (>3 wt X )  impractical. 

%) and ash content. 

All three coals were delivered to a commercial grinding service where the coals 
were pulverized and loaded into metal bins with a nominal capacity of 900 kg. The 
first two coals were pulverized to approximately 98% -200 mesh. The third coal wa:; 
slightly coarser at 92% -200 mesh. The bins of coal were delivered to ANL and, a:s 
needed, automatically loaded into a coal feed storage hopper capable of holding 
approximately 11,400 kg, a quantity sufficient for combustion tests of 6 t o  8 hours. 

The limestone used in this work was obtained from Grove Lime Co. in Stephens 
City, Virginia. This limestone, which contains 95.3 wt X CaCO and 1.3 wt X MgC03, 
was used extensively in the early development of fluijized-bed combustion 
technology. For this study, the limestone was pulverized to 80% -200 mesh. 

Test Procedure and Conditions 

The general procedure adopted for each test was to bring the combustor to the 
desired initial set of operating conditions over a period of one to two hours. 
Baseline gas analysis data were then recorded without limestone injection. 
Limestone would then be injected into the first and/or second stage of the combustor 
and the composition of the gas exiting the second stage of the combustor would be 
monitored for changing SO concentration until a new “steady-state‘‘ value of SO2 was 
achieved. The limestone Zeed would then be discontinued and the SO2 level in the 
combustion gas allowed to return to the baseline value. A change in operating 

Table 1. Nominal Analyses of Test Coals (Dry Basis) 

West Virginia Illinois No. 6 Illinois No. 6 
Analysis Alma C Seam (Orient #4 Mine) (Fidelity #11 Mine) 

Test Coal Designation 1 2 3 
Moisture, As Received 1.2 4.7 7.0 
Proximate Analysis, wt X 
Ash 6.0 9.2 12.3 
Volatile Hatter 33.8 39.5 35.4 
Fixed Carbon 60.2 51.3 52.2 
Sulfur 0.85 1.6 2.7 

Carbon 81.5 73.9 70.7 

Nitrogen 1.4 1.5 1.4 
Sulfur 0.85 1.6 2.7 
Ash 6.0 9.2 12.3 

Ultimate Analysis, wt X 

Hydrogen 5.2 5.7 4.9 

Oxygen 5.1 8.2 8.0 
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parameters would then be made and the above procedure repeated at the new set of 
conditions. This procedure would generally be repeated three or four times during 
each combustor test period to obtain data over a range of conditions. 

Gas analysis probes were located in the first and second stages of the combustor 
and also downstream of the second stage. The gas samples were cooled as they were 
withdrawn from the sampling ports and passed through a gas conditioning system where 
the sample was filtered free of particulates and dried using a membrane-type dryer. 
The samples then passed to on-line gas analyzers for CO, 02, SO2, Cog, and NOINOX 
analysis. The analyzers were calibrated using standard calibration gases at the 
beginning of each test and at frequent intervals during each test period. 

The nominal test conditions and the measured reductions in SO2 leaving the 
second stage of the combustion system are listed in Table 2. The parameters varied 
in the course of this study were the primary and overall air/fuel ratios 
(stoichiometry), first- and/or second-stage limestone injection, Ca/S molar ratio, 
and sulfur content of the coal. 

RESULTS 

Combustor Operation 

Although the ANL combustor performed very well during the limestone injection 
tests, the combustor did have a number of performance characteristics that 
influenced the test program. The ANL combustor, for example, is limited to 
atmospheric pressure operation, whereas gas turbine applications would require 

Table 2. Nominal Test Conditions and Experimental Results 

Test 
Condition 

2.3-2 
3.1-2 
3.1-3 
4.1-2 
4.1-3 
4.2-2 

5.1-2 
5.2-2 
5.3-2 
5.4-2 
6.1-2 
6.2-2 
6.4-2 
6.5-2 

7.1-2 
7.2-2 
7.4-2 
7.5-2 

8.1-2 
8.2-2 

Coala 

1 
1 
1 
1 
1 
1 

2 
2 
2 
2 
2 
2 
2 
2 

3 
3 
3 
3 

3 
3 

Coal Feed 
Rate (kg/h) 

225 
145 
145 
150 
150 
150 

165 
200 
140 
110 
145 
135 
155 
145 

170 
155 
155 
155 

185 
155 

Stoichiometry 
Primary Overall 

0.5 1.2 
0.6 1 . 7  
0.6 1.7 
0.7 1.7 
0.7 1.7 
0.6 1.7 

0.9 1.5 
0.4 1.2 
0.6 1.7 
0.9 2.2 
1.1 1.7 
1.2 1.8 
0.6 1.6 
0.6 1.7 

1.2 1.6 
1.2 1.7 
0.8 1.7 
0.8 1.8 

0.6 1.6 
0.6 1.7 

Limestone 
Inject ion 
Ca/S Stage 

3.2 1 
2.3 1 
4.4 2 
2.5 1 
2.5 2 
1.0 1 

3.1 2 
2.5 1 
3.6 2 
4.9 2 
3.5 2 
3.6 2 
2.6 2 
3.1 2 

2.6 1 
2.7 1 
2.8 2 
2.9 1 

2.3 1 
2.6 1 

Sulfur 
Retention ( X )  

23 
36 
97 
49 
26 
33 

49 
24 
55 
31 
62 
5 1  
72 
84 

50 
44 

48 

55 
46 

5a 

a Refer to Table 1 for coal designations 
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operation at elevated pressure. This was not considered a serious limitation, 
however, because the identification of parameters affecting SOx/NO, control at 
atmospheric pressure would generally be useful in any application of the concept. 

Also, the available supply of combustion air was insufficient to operate the 
combustor at high thermal inputs and maintain the high excess air conditions of 180 
to 200% required to simulate gas turbine applications. As a result, heat losses to 
the combustor walls were as high as 15 to 20% of the thermal input. This, together 
with occasional flameouts of the combustor, resulted in slag solidifying and 
blo2king the slag drain in the first stage As a result, the slag 
rejection capabilities of the ANL combustor could not be evaluated. Further, it  was 
not possible to determine the quantity of slag and limestone that accumulated in the 
combustor over the duration of a test. Hence, accurate carbon and sulfur material 
balances at the individual test conditions could not be determined. 

of the combustor. 

A third factor in the tests, which was not a limitation of the equipment, was 
the decision to operate the combustor without the swirl louvers in the primary 
combustor. A s  a result, the combustor performed essentially as a plug flow unit 
with respect to both gases and particles. In this respect, the ANL combustor more 
nearly resembled the Rockwell low NOx/SOx burner cited above. 

The high particle loadings and slagging conditions in the primary combustor also 
made sampling of the first-stage combustion gases very unreliable. Sampling ports 
would quickly slag over and/or sampling lines plug, making further sampling 
impossible. While gas sampling lines at the exit of the second stage of the 
combustor were also prone to plugging, the availability of multiple sampling ports 
and the ability to periodically clean lines not in use made second-stage gas 
sampling highly reliable. Hence, the evaluation of combustor performance was 
largely based on the results of the second-stage gas analysis. 

Evaluation of Limestone Injection for Sulfur Control 

As shown in Table 2 ,  measured reductions in SO2 emissions ranged from a low of 
23% to a high of 97% over the full range of test conditions investigated, including 
both first- and second-stage sorbent injection. The test results indicate that 
sulfur capture via limestone injection is a complex phenomenon. Since, however, the 
air/fuel ratio in the primary combustor has a significant influence on both (1) the 
rate of sulfur release from the coal and the ratio of H2S to SO2 formed during fuel- 
rich combustion, and ( 2 )  the resulting first- and second-stage gas temperatures, it 
was found that the SO2 reduction during sorbent injection exhibited a noticeable 
dependency on the first-stage air/fuel ratio. 

Figure 2 is a plot of the effect of first-stage combustion stoichiometry on 
reducing SO2 during first-stage limestone injection. In producing the plot, the 
sulfur reduction data in Table 2 were normalized to a Ca/S ratio of 3.0 assuming a 
linear dependency. Figure 2 also includes some data from injection tests with a 
hydrated limestone in a related series of tests. The results indicate the optimum 
reduction in SO2 occurred at an air/fuel stoichiometric ratio in the range 0 .5  to 
0 . 7 .  This is considered to be largely a thermal effect in that higher first-stage 
air/fuel ratios resulted in excessively high first-stage gas temperatures (>1900 K, 
calculated). The apparent low reduction in SO2 during first-stage injection at an 
air/fuel ratio of 0.4 is not fully understood. 

Figure 3 is a similar plot of SO2 reduction as a function of first-stage 
air/fuel stoichiometry for second-stage sorbent injection. The observed dependency 
is generally the same as for first-stage sorbent injection. This may have resulted 
from the selection of the second-stage sorbent injection location, which was 
slightly upstream of the secondary air injection. Hence, the first-stage gas 
temperatures may also have influenced sorbent performance during second-stage 
inject ion. 
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Although the data are fairly limited and exhibit a high degree of scatter, the 
general results are encouraging in that the overall measured sulfur reductions in 
excess of 80% at Ca/S ratios on the order of three are consistent with the results 
reported for the Rockwell and TRW combustors. Considerably more data are needed, 
however, to fully understand the complex effects of operating parameters on 
combustor performance. 

NO, Control 

Independent of coal type, the staged combustion for NOx control exhibited two 
different dependencies on the first-stage air/fuel ratio, as shown in Fig. 4. The 
upper curve, which corresponds to less reduction in NO emissions, is representative 
of tests where the second-stage bulk gas temperature'was too high (>1750 K) and/or 
where carbon conversion in the first stage was relatively low (<70%), leading t o  
excess carryover of fuel-bound nitrogen in the char to the oxidizing second stage of 
the combustor. Greater NO reductions occurred when either the second-stage 
temperatures were lower than f650 K and where carbon conversion in the fuel-rich 
first stage was high enough (>70%) to allow release and conversion of the fuel bound 
nitrogen to N2. 

In both cases, however, measured second-stage NO was reducible to less than 100 
ppmv at 15% 0 by controlling the first-stage stofchiometry. This corresponds to 
300 ppmv at 31 02, a value that is again consistent with the results reported by TRW 
and Rockwell for their combustors. 

CONCLUSIONS 

The results of the preliminary investigation of limestone injection in a staged 
slagging combustor for the control of SOx and NOx emissions are very encouraging. 
Sulfur retentions were in excess of 80% and emissions were as low as 100 ppmv 
(at 15% 02). Considerably more testing is required, however, to fully understand 
the complex mechanisms controlling the sulfur retention process. The results are 
consistent with those reported for the TRW and Rockwell slagging combustors. 

NOx 
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FIRST STAGE COMBUSTION STOICHIOMETRY 

F i g .  3. Measured Reduction i n  SO with Second Stage 2 
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SULFUR IMPACT ON COAL-FIRED GAS TURBINES 

C. S. Wen and L. H. Cowell 

Solar Turbines Incorporated 
P.O. Box 85376 

San Diego ,. CA 921 38-5376 

ABSTRACT 

Solar Turbines Incorporated i s  conducting a DOE-sponsored program t o  develop 
coa l - f i r ed  cogeneration gas turb ines.  
combustion o f  coal i n  both d r y  pu lver ized form, as wel l  as a coal-water 
s l u r r y ,  using a r ich- lean,  two-stage slagging combustor (TSSC). 
condit ions, H2S i s  formed i n  the atmosphere surrounding burning p a r t i c l e s ,  
and may p e r s i s t  i n  the  r i c h  zone, bu t  the dominant s u l f u r  species i n  t h e  
exhaust gas o f  t he  lean secondary zone i s  S02. A s u l f u r  d i s t r i b u t i o n  
based on TSSC combustion o f  eastern Kentucky bituminous coal showed t h a t  up 
t o  90% o f  the s u l f u r  was converted t o  oxides wh i l e  the remainder combined 
l a r g e l y  w i th  t h e  ash. 
over 50% o f  t he  a l k a l i s  introduced w i t h  t h i s  coal have been reta ined w i t h  
t h e  s lag i n  the  primary combustion zone. 

INTRODUCTION 

Sul fur  i s  one o f  the key elements i n  coal f u e l  spec i f i ca t i ons  which requi res 
p a r t i c u l a r  a t ten t i on .  
and/or deposi t ion o f  co r ros i ve  su l fa tes  on blades are major problems i n  the 
development o f  c o a l - f i r e d  gas turb ines.  Substant ia l  s u l f u r  removal w i l l  be 
needed i n  order t o  meet environmental standards and t o  reduce the  i n t e r a c t i o n  
between s u l f u r  and a l k a l i  compounds. Several processes e x i s t  so t h a t  clean-up 
o f  s u l f u r  i s  feas ib le ,  bu t  they are expensive. 
cont inue t o  force greater  usage o f  min imal ly  cleaned coal (i.e., coal w i t h  
h igh ash and/or s u l f u r  content).  
du r ing  coal combustion and i t s  impact on gas tu rb ines  w i l l  b e n e f i t  Control 
o f  s u l f u r  emissions and corros ion.  
two-stage s lagging coal combustion and discusses i t s  impact on c o a l - f i r e d  
gas turb ines . 

Solar 's  approach emphasizes the d i r e c t  

Under TSSC 

The s tud ies  made t o  date have a l so  i nd i ca ted  t h a t  

Emissions o f  s u l f u r  oxides as wel l  as the condensation 

Economic considerat ions w i l l  

An understanding o f  the r o l e  o f  Su l fu r  

This paper reviews the r o l e  o f  s u l f u r  i n  

EXPERIMENTAL 

Combustion t e s t s  were performed us ing a two-stage slagging combustor show i n  
Figure 1. The f o l l o w i n g  t e s t  procedure has been used f o r  a l l  combustor t e s t s  
conducted i n  t h i s  study. The combustor was s ta r ted  using #2 d iese l  t o  l i g h t  
o f f  and es tab l i sh  the des i red t e s t  condi t ions.  When t h e  wa l l  temperatures 
were s tab i l i zed ,  a gen t le  t r a n s i t i o n  t o  t h e  coal-water mix ture was accomplished 
by tu rn ing  on t h e  coal  f u e l  and t u r n i n g  o f f  t he  d iese l  u n t i l  t he  combustor 
was operat ing on coal-water m ix tu re  only. 

I n  Solar 's two-stage s lagging combustor, t he  coal f u e l  i s  i n j e c t e d  v ia  a 
se r ies  o f  angled i n j e c t o r s  w i t h  a i r  i n t o  the  primary zone where the  f u e l - r i c h  
coal combustion takes place r a p i d l y .  
primary c e n t e r l i n e  and i s  then const ra ined by the impact dome and the r e f r a c -  
t o r y - l i n e d  wa l l s  t o  reverse and e x i t  between the incoming flows. A s t rong 
t o r o i d a l  vor tex i s  formed surrounding t h e  main j e t  and t h i s  ac ts  p r i m a r i l y  

. The reac t i ng  j e t  f l o w  impinges on the 
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as a p a r t i c l e  r e t a i n i n g  system. P a r t i c l e s  smal ler  than some c r i t i c a l  s i z e  
f o l l o w  the  f l ow  streamlines and escape. Other p a r t i c l e s ,  which a re  l a r g e r  
than some upper l i m i t ,  a re deposited and form s lag on the dome and wal ls .  
The molten s lag  i s  t hen  co l l ec ted  i n  a s lag p i t .  

The exhaust raw gases from t h e  primary zone which are r e l a t i v e l y  f ree  o f  
p a r t i c l e s  pass i n t o  t h e  secondary zone where remaining, unburned chars are 
then mixed w i t h  secondary a i r  where combustion i s  completed t o  form des i rab le  
combustion products. The hot gas l eav ing  the combustor enters  a separator 
t o  separate p a r t i c u l a t e  f l y  ash. Reaction temperature a t  the primary zone i s  
above 2700'F w i t h  estimated temperature i n  secondary zone o f  1600 t o  18OOOF. 

Two coal-water f u e l s  were formulated w i t h  h igh v o l a t i l e  bituminous, eastern 
Kentucky coals (Kentucky #5 and Elkhorn #2 mines) from AMAX Ex t rac t i ve  R & D. 
Fuels were obtained i n  the  form o f  aqueous s l u r r i e s  and prepared by phys ica l  
bene f i c ia t i on .  
re fus ing  s inks and c o l l e c t i n g  clean coal f l o a t s .  The f l o a t  coals  t y p i c a l l y  
contained less  than 3.9% ash and had c a l o r i f i c  heating-values above 14,400 
Btu/ lb  on a d r y  basis. 
prepared by g r i n d i n g  the  dense-medium f l o a t  coal f u r t h e r  i n  a b a l l  m i l l  t o  
achieve a des i red  p a r t i c l e  s ize.  
w i t h  1.2 t o  1.4% of  d ispersant .  

Coals were cleaned i n  a s t a t i c - b a t h  dense-medium separator f o r  

Stable, pumpable s l u r r i e s  o f  coal and water were 

A l i s t  o f  f u e l  p roper t i es  appears i n  Table 1. 
The f inish-ground s l u r r y  was blended t o  

TABLE 1 

Coal-Water S l u r r y  Fuel Charac te r i s t i cs  

CUM Batch 
Coal Content o f  Fuel ( w t % )  
Ash Content o f  Fuel ( s t % )  
Coal P a r t i c l e  Top Size (micron) 
Gross Heating Value (Bu t / l b )  
V i scos i t y  o f  Fuel 6' 100 sec-l  (Cp) 
Mean Size, micrometers 
Dispersant (wt%) 

Promimate Analys is  o f  Coal (wt%) 
Ash 
Vol a t  i 1 es 
Fixed Carbon 

U l t ima te  Analys is  o f  Coal (wt%) 
Carbon 
Oxygen (by d i f f e rence )  
Hydrogen 
Ni t rogen 
Su l fu r  

Forms o f  S u l f u r  (Dry Coal Basis) 
Total S u l f u r  (wt%) 
Su l fa te  
Py ri t i c  
Organic 

A 
59.98 

1.85 
44 

14,518 
400 ---_ 

1.2 

3.08 

58.43 
38.49 

84 .OO 
7.81 
5.63 
1.64 
0.92 

0.92 
0.05 
0.06 
0.81 

C 
5-411 

2.1 
100 

14,397 
300 

14.1 
1.4 

3.88 
36.10 
60.02 

77.14 
14.34 

5.80 
1 .82 
0.90 

0.90 
0.04 
0.01 
0.85 
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Sulfur content i n  a l l  t h ree  CWM Fuels are approximately 1 w t %  on a dry  coal ,  
ash f ree  basis. Physical c leaning removed most o f  the inorganic  su l fu r ,  but  
l e f t  behind organic s u l f u r .  
f u r the r  i nd i ca ted  t h a t  on ly  t race  amounts o f  su l fa te  (0.05 wt%) and 
p y r i t i c  su l fu r  (0.01-0.06%) remained i n  the sample, t he  ma jo r i t y  was organic 
s u l f u r  (0.80%). The ash contents i n  the samples range from 1.9 t o  2.1 
wt% on a fue l  basis. The ash composition analys is  (Table 2) ind icates the  
a c i d i c  mineral proper t ies i n  the coal fuels. The base-to-acid r a t i o  i s  0.28 
f o r  A and 0.18 f o r  C, respect ive ly .  
a c i d i c  const i tuents  i n  the ash can be used as a means o f  p red ic t i ng  the ash 
fus ion temperatures and the  s lag proper t ies.  

A de ta i l ed  analys is  o f  s u l f u r  forms (Table 1 )  

The r e l a t i v e  amount of the basic and 

TABLE 2 

Ash Slagging Proper t ies 

CWM Batch A C 

Ash Composition 

Ash Fusion Temperatures ( O F )  

Oxidi zingIReducing 

I n i t i a l  Deformation 
Softening 
Hemi spher ica l  
F l u i d  

43.40 
27.80 
14.10 
3.33 

0.816 
1.37 

0.723 
2.10 

0.066 
0.406 
0.078 
0.072 

53.0 
28.1 
11.6 
1.86 
0.61 
0.91 
1.03 
2.07 

0.065 
0.314 

0.06 
0.04 

237 51 2308 267 01 2460 

+27 00/ 2565 +2740/2650 
270012543 +2700/2605 

+2700/2698 +2700/2700 

BaseIAcid Rat io  0.28 0.18 

S i l i c a  R a t i o  79.6 70.4 

Viscos i ty  From Equivalent 169 575 
S i l i c a  @ 260OoF (poise)  

T250 Temperature (OF) 2527 2790 

Fouling Index 0.38 0.18 

S1 aggi ng Index 0.26 0.1 7 
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RESULTS AND DISCUSSION 

The Fate o f  S u l f u r  i n  Slagging Coal Combustion 

Upon i n j e c t i n g  a coal-water s l u r r y  i n t o  the  primary zone, the coal s l u r r i e s  
are atomized and undergo a rap id devo la t i za t i on  fo l lowed by a burnout o f  the 
char (Refs. 1.2). Figure 2 i l l u s t r a t e s  a s i m p l i f i e d  scheme involved i n  the 
combustion o f  a coal p a r t i c l e .  The v o l a t i l e  organic and inorganic  s u l f u r  
species are vaporized from the burn ing coal  p a r t i c l e s  and are t ranspor ted t o  
the surface by molecular d i f f u s i o n .  The reducing atmosphere surrounding a 
burn ing p a r t i c l e  al lows the reduct ion t o  take place on v o l a t i l e  species, but 
as soon as the vapors d i f f u s e  away from the  burning p a r t i c l e ,  t he  ox id i z ing  
nature o f  the b u l k  gas stream would ox id i ze  s u l f u r  species t o  t h e i r  highest 
ox idat ion s tate.  The r a t e  o f  s u l f u r  release from coal i s  very f a s t  from both 
s u l f u r  bound i n  the organic ma t r i x  and s u l f u r  i n  d i s c r e t e  minerals even under 
the l oca l  reducing condi t ions.  Recent thermal analys is  (Ref. 3) ind icated 
tha t  c a t a l y s i s  or accelerat ion o f  coal combustion occurs by i t s  p y r i t e  
impur i t i es  due t o  the  f a c t  t h a t  FeS2 promotes se l f -hea t ing  and spontaneous 
combustion o f  coal .  

Under r i c h  zone reducing condi t ions,  p y r i t i c  s u l f u r  ( p y r i t e  o r  marcasite, 
FeS2) decomposes t o  s u l f u r  ( 5  ), hydrogen s u l f i d e  (H2S). and carbonyl s u l f i d e  
(COS) (Ref. 4). Elemental s u f f u r  i s  given o f f  a t  475Y (887'F) from i r o n  
d i s u l f i d e  ( p y r i t i c  s u l f u r )  w i t h  accompanying reduct ion t o  FeS (Ref. 5 ) :  

FeS2 - FeS + 1/2 S2 <1> 

The r a t e  o f  t h i s  reac t i on  becomes la rge  above 1000°F. 
decomposition o f  carbon-hydrogen bonds i n  coal w i l l  occur a t  r e l a t i v e l y  low 
temperatures and y i e l d  hydrogen f o r  reduct ion o f  FeS2. Mineral mat ter  such 
as s i l i c a t e s  o r  basic minera ls  i n  coal may cata lyze the reduct ion o f  FeS2 
(Ref. 6 ) .  

I n  addi t ion,  the 

FeS2 + H2 -+ FeS + H2S <2> 

and 

FeS + H2 -Fe + H2S <3> 

Reaction <2> becomes important above 93OOF bu t  reac t i on  <3> i s  slow even a t  
147OOF (Ref. 7). 
according to :  

The combustion product such as CO can a lso reac t  w i t h  FeSp 

FeS2 + CO - FeS t COS < 4> 

but the reac t i on  i s  slow below 147OOF (Ref. 7). 

The r i c h  zone d e v o l a t i l i z a t i o n  o f  organic s u l f u r  i s  no t  well  documented, 
however. i t  i s  be l ieved t h a t  hydrogen s u l f i d e  (H2S) i s  t he  p r i n c i p a l  product, 
accounting for  t y p i c a l l y  90% of  t h e  evolved s u l f u r ,  w i t h  con t r i bu t i ons  of COS, 
CS2, and S2 (Ref. 4). However, these species w i l l  t u r n  t o  h igher  ox id ized 
states, Sox, as they are exposed t o  the  primary a i r  stream. 
resent t h e  dominant o rgan ic -su l fu r  i n  the coal. Thiophene i t s e l f  i s  s tab le 

Thiophenes rep- 
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up t o  840°F and dibenzothiophene i s  s tab le  t o  a t  l e a s t  1020'F (Ref. 7 ) .  
Reduction o f  thiophene proceeds according to :  

and dibenzothiophene reacts  according to :  

Su l fu r  release dur ing coal d e v o l a t i l i z a t i o n  can be i n h i b i t e d  by inherent  
capture by coal -bound mineral matter, p a r t i c u l a r l y  calcium oxides and sodium 
oxides (Refs. 4.8): 

CaO + H2S - CaS + H20 < 7> 

I n  f u e l  lean flames and o x i d i z i n g  atmospheres, over 90% o f  the s u l f u r  i s  
converted t o  SO2 wh i l e  the  remaining several percent e x i s t  as SO3 (Ref. 4). 
Hydrogen s u l f i d e  (H2S) which i s  o r i g i n a l l y  released from p y r i t i c  and organic 
s u l f u r  i n  the primary zone i s  r a p i d l y  converted t o  SO2 i n  the l ean  secondary 
v i a  the sequence (Ref. 9) :  

HpS - HS -+SO -+ SO2 <8> 

The capture of  s u l f u r  d iox ide  w i t h  the calcium-based coal minerals could a l so  
occur as 

CaO + SO2 + 1/2 02 -+Cas04 < 9> 

but, calcium s u l f a t e  i s  s tab le  on l y  a t  temperatures below 2200'F (Ref. 10). 

Tota l  s u l f u r  conversion t o  the  oxide i s  genera l l y  h igh  i n  pu lver ized coal  
combustion, t h e  remainder l a r g e l y  combining w i t h  the ash. Table 3 compares 
major compositions between a piece o f  s lag  reta ined i n  the s lag  p i t  of primary 
zone and ash p a r t i c u l a t e s  c o l l e c t e d  from the  exhaust gas. A s i g n i f i c a n t  
amount o f  s u l f u r  associated w i t h  ash p a r t i c u l a t e s  was observed, compared t o  
a t race  reta ined i n  the slag. 
based on TSSC combustion t e s t s  of eastern Kentucky bituminous coal i s  shown, 
i n  Table 4 which up t o  91% o f  s u l f u r  was converted t o  oxides. 

A s u l f u r  d i s t r i b u t i o n  i n  coal combustion 
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TABLE 3 

Composition Analysis ( a )  

Composition, wt.% I S1 ag Ash (b)  
(Primary Zone) Par t icu la tes 

43.7 
32.6 
2.04 
11.6 
1.72 
0.70 
0.22 
1.07 
0.75 
0.12 
0.08 
0.02 
0.10 
0.09 
0.03 
0.05 
0.07 

44.4 
22.6 
2.16 
9.34 
1.25 
0.56 
0.1 2 
1.04 
1.18 
0.39 
0.39 
0.08 
0.09 
0.45 
2.90 
0.06 
11.3 

(a)  Using batch ' C '  CWM as feed 
(b)  Carbon-free bas is  

TABLE 4 

Su l fu r  D i s t r i b u t i o n  i n  Coal Combustion (a) 

Su l fu r  Out 

S Adsorbed as 
Total Su l fu r  Sul fa tes i n  Ash (b)  

i n  Fuel Pa r t i cu la tes  S Retained i n  Slag S Exhausted as SO# 

0.63 l b  S/106 Btu 0.06 - 0.23 0.001 0.40 - 0.57 

100% 9.2 - 36.8% 0.2% 63.0 - 90.6% 

(a) Based on an Eastern Kentucky coal having 0.92% w t .  S dry coal bas is  
and 8708 B t u / l b  CWM where CWM has 60% w t .  coal loading (Batch A feed) 

(b) Slag based on an average 70% w t .  o f  s lag retent ion.  

The Effect of S u l f u r  on Corrosion and Deposit ion 

I n  combustion, sodium and potassium are l i k e l y  t o  be released from coal as 
the  most v o l a t i l e  species, i.e. ch lo r i de  or hydroxide. However, i n  a combus- 
t i o n  environment a t  temperatures below about 18OOOF. a s i g n i f i c a n t  propor t ion 
of  the vapor a l k a l i  w i l l  be converted t o  condensed phase s u l f a t e  (Ref. 11). 

<1 o> 2 NaCl(g) + H20(g) t SOZ(g) + 1/2 02(g) t N a z S O q ( c )  + 2HCl(g) 
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The estimated residence t ime requi red f o r  evaporation o f  sodium ch lo r i de  and 
i t s  conversion t o  s u l f a t e  i s  about 2 sec. (Ref. 12). 
of temperature, pressure, and gas composition, t h e  s u l f a t e  could condense 
Onto entrained p a r t i c u l a t e s  o r  nucleate t o  form an aerosol. 

Corrosion could be i n i t i a t e d  when the  a l k a l i  su l fa tes  condense on the  metal 
due t o  the temperature drop through the  t u r b i n e  and due t o  the contact  w i t h  
the cooled t u r b i n e  blades r e s u l t i n g  i n  an increase i n  a l k a l i  s u l f a t e  f l u x  t o  
at tack the p ro tec t i ve  oxide (Ref. 13). 

Depending on condi t ions 

Na2S04(1) + Al203(s) + 3S02(g) + 3/2 02(g) + 2 NaAl (SO4)z <11> 

The p ro tec t i ve  oxide scale (e.9. Al2O3) i s  destroyed and the  subsequent 
reformation i s  i n h i b i t e d .  

Corrosion may a l so  occur through an increase i n  the a c i d i c  component (SO3) t o  
react  w i t h  p ro tec t i ve  A1203 scale on s tee l  wi thout  t he  presence o f  a l k a l i  
(Ref. 13). 

3So3(9) + AleOj(s) + A12(S04)3(s) <12> 

Increased t ranspor t  o f  S through the  oxide scale w i l l  occur and s u l f a t e  phase 
w i l l  be formed below the A1203 scale. 

The actual mechanism o f  corros ion i n  c o a l - f i r e d  gas turb ines i s  not  completely 
understood. A1 k a l i  s u l f a t e  vapor released du r ing  combustion could p a r t i a l l y  
be adsorbed by t h e  a luminosi l icates,  inherent  coal minerals, which are e f f i c i e n t  
"ge t te rs "  f o r  a l k a l i  metal s u l f a t e s  (Refs. 11, 14). 

K2S04(g) + A1203.6Si02(s) - K20.A1203.6Si02(s) + SOz(9) + 1/202(g) 

The slag removal f ea tu re  o f  a s lagging combustor can a lso g rea t l y  reduce the. 
impact o f  coal co r ros i ve  mater ia ls .  Over 50% o f  the a l k a l i  introduced i n  
coal feed can be expected t o  be removed as s lag i n  the  primary combustion 
zone (Table 5). 
p a r t i c u l a r l y  i n  the  hot end zone could f u r t h e r  reduce a l k a l i  metal vaporiza- 
t i o n .  
operating features o f  t he  slagging combustor may g r e a t l y  reduce the  corros ion 
seve r i t y  po ten t i  a1 o f  coal . 
The formation mechanism o f  deposited mat ter  on t u r b i n e  blades or vanes i s  
be l ieved t o  s t a r t  w i t h  m l t e n  ash o r  f l y  s lag  s t i c k i n g  t o  the  metal surface. 
Chemical analyses o f  the exhaust deposi t  and the  s lag (Table 6) i nd i ca ted  
t h a t  the deposited mat ter  has almost i d e n t i c a l  chamical compositions as the 
s lag co l l ec ted  i n  t h e  s lag p i t .  
s u l f u r  o r  water-soluble a l k a l i  s u l f a t e  sa l t s .  Pet rographica l ly ,  t he  two 
mater ia ls  were s i m i l a r  except t h a t  t he  exhaust deposi t  contained gas bubbles. 
X-ray d i f f r a c t i o n n  and e l e c t r o n  microprobe s tud ies showed t h a t  t he  two samples 
consisted b a s i c a l l y  o f  a g lass phase conta in ing bladed m u l l i t e .  A s p i n e l - l i k e  
phase was seen i n  t h e  deposi t  ma te r ia l .  The m u l l i t e  and sp ine l  bo th  probably 
c r y s t a l l i z e d  dur ing s o l i d i f i c a t i o n  o f  t he  mel t .  
recen t l y  t h a t  a l k a l i s  may never escape from the coal a lum inos i l i ca te  coordina- 
t i o n  environment (Ref. 4). Based on the decomposition mechanisms o f  coal 
a l k a l i  minerals ( I l l i t e )  as i l l u s t r a t e d  i n  F igure 3, sur face mois ture and 
mineral water are desorbed a t  approximately 3DOOF (15DOC). dehydration 

<13> 

The shor t  residence t imes i n  gas tu rb ine  combustor, and 

Thus, a precombustion c leaning o f  coal i n  conjunct ion w i t h  unique 

Neither contained any s i g n i f i c a n t  amount of 

It has been speculated 
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takes place between 890-1100OF a t  which temperature two water molecules are 
s p l i t  o f f  from the  fou r  hydroxide un i t s ,  and somewhere between 1560-1832OF 
decomposition o f  t he  anhydride take p lace t o  form spine l  (A12FeMgl.506) and 
glass (K1.5Si6.5A11.506). However, a t  h igher  temperatures ( 30OO0F), such 
as slagging cond i t i ons ,  t he  sp ine l  can red isso lve i n t o  the  melt,  and g lass 
phases (e.g. m u l l i t e  and c r i s t o b a l i t e )  may be reformed wh i l e  gaseous a l k a l i  
species can be released. 

CONCLUSIONS 

The s u l f u r  content o f  the coal introduced i n t o  t h e  gas t u r b i n e  combustion 
system d i c t a t e s  t h e  degree t o  which s u l f u r  capture compounds o r  hot-gas 
cleanup must be u t i l i z e d .  The coal d e s u l f u r i z a t i o n  t o  a l eve l  acceptable 
f o r  emissions and co r ros ion  c o n t r o l  i s  a key issue i n  the developmeilt o f  d i r e c t  
coa l - f i r ed  gas tu rb ines .  Uncontrol led s u l f u r  emissions i s  a d i r e c t  f unc t i on  
o f  the s u l f u r  l e v e l  i n  t h e  coal and w i l l  exceed cu r ren t  NSPS l eve l s .  Su l fu r  
compounds i n  the combustor exhaust a l so  have the  po ten t i a l  t o  cause deposi t ion 
and co r ros ion  on t u r b i n e  blades. The a v a i l a b i l i t y  o f  n a t u r a l l y  occu r r i ng  low- 
s u l f u r  coal i s  l i m i t e d  as i s  t he  a p p l i c a b i l i t y  o f  coal bene f i c ia t i on .  Physical 
cleaning w i l l  remove most o f  t h e  i no rgan ic  s u l f u r ,  bu t  w i l l  leave behind 
organic s u l f u r .  Hot aqueous caus t i c  leaching and molten a l k a l i  desu l fu i za t i on  
can remove pa r t  o f  t h e  organic  s u l f u r ,  bu t  appear t o  be expensive. There i s  
also a p o t e n t i a l  r i s k  o f  l o s i n g  v o l a t i l e  and increas ing a l k a l i  l e v e l s  i n  the 
feed. 

Therefore, i n  the  near-term, s u l f u r  c o n t r o l  v i a  s u l f u r  re ta ined i n  re jec ted  
slag and sorbent capture du r ing  coal combustion represent important routes 
f o r  development. Coal b e n e f i c i a t i o n  and post combustion gas clean-up upstream 
of  the t u r b i n e  are a l t e r n a t i v e s  t o  i n - s i t u  s u l f u r  con t ro l  i n  t h e  combustor, 
although the cos t  e f fec t i veness  o f  these options i s  questionable. I n t roduc t i on  
of. l ime o r  do lomi te sorbent f o r  s u l f u r  capture w i l l  a lso impact on ash fus ion 
and depos i t i on  as w e l l  as on inherent  coal mineral "ge t te rs "  f o r  a l k a l i .  

TABLE 5 

Slag Retention Proper t ies 

I 
CWM Batch 

A C 

CWM Feed 
- 4 3 7 4 - r  

27 -80 
2.10 

14.10 
3.33 
0 .a2 
1.37 
0.72 
0.41 - 

28.38 
1.39 

13.71 
3.54 
0.47 
1.09 
0.54 
0.27 

% Removal(a) 

i n  ;:q 
71 
45 2.07 
68 11.6 
76 1 .86 
41 0.61 
54 0.91 
56 1.03 

0.31 

CWM Feed 

50 - 

32.6 
2.04 
11.6 
1.72 
0.70 
0.75 
1.07 
0.1 2 

% Removal(b) 
i n  Slag 

60 
75 
64 
65 
60 
74 
53 
67 
25 

94.05 95.91 99.49 99.30 1 
a Based on 70% s lag r e t e n t i o n  from Batch ' A '  CUM 
b Eased on 65% s lag  re ten t i on  from Batch ' C '  CWM 
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TABLE 6 

Comparison o f  Compositions between Deposited Material and Slag (a)  

Composition, wt .% Deposited Mater ia l  Slag 

51 .4 
29.5 
1.61 
12.0 
1.95 
0.66 
0.23 
0.98 
0.98 
0.31 
0.06 
0.04 
0.07 
0.13 
0.01 
0.05 
0.07 

52.3 
29.2 
1.53 
11.7 
1.79 
0.62 
0.22 
0.99 
0.96 
0.1 3 
0.07 
0.01 
0.07 
0.09 
0.01 
0.05 
0.1 9 

Soluble Salts, w t %  

0.014 0.010 
0.004 0.003 
0.01 2 0.01 2 

Na20 
K2 0 
so3 

j W eed 
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SOX Control In Fluid Catalytic Cracking 

2. C .  Mester, E.  J .  Aitken and P. G. R i t z  

Unocal, Division of Science and Technology, Brea, CA 92621 

Introduction 

Refineries today face a growing challenge t o  stay in compliance w i t h  the 
increasingly stringent envi ronmental regulations. In fluid catalytic cracking 
( F C C ) ,  which i s  the largest volume gasoline producing process, the main a i r  
pollutants are carbon monoxide, sulfur oxides (SOX), nitrogen oxides ( N O X ) ,  hydro- 
carbons and particulates.  

A t  high regenerator temperature operation SOX emissions represent the greatest  
problem, therefore SOX emission control i s  of primary importance. As an example, 
in California the current standard i s  60kg SO per lOOObbl feed which i s  less than 
half of the previous 130kg SO The EPA also proposed a 
90% SOX reduction for  FCC opeqations, b u t  t h i s  regulation i s  s t i l l  pending (1). 
The following options are available t o  the refinery to  control SOX emissions: 
selection of low sulfur feed, f lue gas  scrubbing, feed hydrotreating and ca ta ly t ic  
SOX reduction. The f i r s t  method i s  of limited use because low sulfur feeds a re  
not easily available. Flue gas  scrubbing i s  effective b u t  also capital intensive 
and  may pose liquid or solid waste disposal problems. Hydrotreating has the 
advantage o f  n o t  only reducing SOX b u t  improving liquid yields too. In the long 
r u n  th i s  process offers economic advantages, however the high in i t i a l  investment 
i s  a major drawback f o r  many refineries.  During the l a s t  few years ca ta ly t ic  SOX 
control emerged as a n  effective and economically a t t rac t ive  alternative t o  the 
above methods ( 2 ,  3, 4 ,  5) .  

SOX catalysts convert sulfur oxides, formed during coke burn-off in the 
regenerator, t o  solid sulfur containing species a n d  release them as hydrogen 
sulfide in the reactor. This step rejuvenates the catalyst  which i s  then 
recirculated t o  the regenerator and  the cycle i s  repeated. I n  the following we 
present results of o u r  investigation on the effectiveness of some SOX catalysts 
using TGA,  fluidized bed reactor a n d  in-situ infrared spectroscopy. 

Results 

The following materials were investigated fo r  SOX performance: alumina, rare earth 
oxide/alumina. and  rare earth oxide/alumina/cobalt oxide. The materials were 
f i r s t  evaluated by TGA analysis. The samples were exposed to a gas mixture 
containing 2000 ppm SO , 4% 0 and nitrogen. The weight gain of the samples were 
monitored as  a functibn of h e  temperature with a 10"C/min ramp between 25 - 
750°C. The materials were then cooled down t o  25°C under nitrogen; hydrogen was 
introduced and  the temperature was ramped as above. This adsorption-reduction 
cycle was repeated several times to  assure good reproducibility. Each sample 
started t o  adsorb SOX appreciably around 300'C. Percent weight gains a t  750'C 
were as follows: 2% for  alumina, and  5% for the other two samples. The 
adsorption curves fo r  the rare earth containing samples passed over a maximum 
around 650-700°C indicating decomposition beyond th i s  temperature range. I n  the 
reduction step the cobalt containing sample started to, reduce a t  the lowest 
temperature (5OO0C), followed by rare earth oxide/alumina and alumina (540°C). 

The next stage i n  evaluating SOX materials involved the use of a bench scale fluid 
bed reactor. I n  a typical experiment the sample (< 59) was fluidized by a mixture 
of SO (balance) a t  a temperature which corresponded t o  
FCC rggenerator tempeqatures (6?5O-75O0C). After a fixed length of reaction time 

per lOOObbl ?eed l imit .  

(2000 ppm) / 0 ( 3 % )  / N 
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(2  hrs) ,  the samples were analyzed f o r  s u l f u r .  The u n i t  can be used to  simulate 
the e n t i r e  c a t a l y t i c  cyc le  where the g e t t e r i n g  s tep  i s  fo l lowed by hydrogen 
reduction and steam i n j e c t i o n  a t  temperatures corresponding t o  those o f  t y p i c a l  
FCC operations. The SOX g e t t e r i n g  experiments a t  730°C showed t h a t  alumina was 
the weakest adsorber. The r a r e  earth/alumina and the coba l t  impregnated samples 
had about the same g e t t e r i n g  capacity, each adsorbed 2.5 times more s u l f u r  than 
alumina alone. When the SOX loaded mate r ia l s  were reduced i n  a f l ow  o f  hydrogen 
a t  540'C f o r  0.5 hrs, the coba l t  con ta in ing  sample regained 62% o f  i t s  o r i g i n a l  
ge t te r i ng  capaci ty ,  fo l lowed by alumina (55%) and r a r e  earth/alumina (40%). 

I n  order t o  assess t h e  r e l a t i v e  r a t e s  o f  SOX uptake and H reduction, i n - s i t u  
i n f ra red  experiments were conducted. o f  
surface s u l f a t e s  - by exposure o f  t he  ma te r ia l  t o  an SO (1500 ppm) / 0 
(balance) gas m ix tu re  - and the  e l im ina t i on  o f  the s u r K c e  su l fa tes  - gy exposuri 
t o  H - were fo l l owed  by moni tor ing the  appropr ia te band as a func t i on  of time. 
The SOX adsorpt ion s tep  took place a t  600°C and the H reduct ion was ca r r i ed  out  
a t  525OC. The sur face s u l f u r  ox ide species formgd on the ma te r ia l s  were 
predominantly su l fa tes .  For the ra re  ea r th  con ta in ing  samples ra re  ea r th  su l fa tes  
were detected as i q d i c a t e d  by the appearance o f  two broad bands centered a t  1125 
cm and 1050 cm- . However, s u l f i t e  species a l s o  formed on alumina, as 
eviqenced by a band a t  1040 cm-', i n  a d d i t i o n  t o  a s u l f a t e  l i k e  species (1370 
cm- ). The SOX g e t t e r i n g  ra te ,  measured by the increase i n  i n t e n s i t y  o f  the 
surface S-0 s t r e t c h i n g  v i b r a t i o n a l  bands, was dependent upon the composition o f  
the ma te r ia l s .  For  alumina the adsorpt ion r a t e  decreased d r a s t i c a l l y  a f t e r  
approximately 8 min o f  SO exposure i n d i c a t i n g  t h a t  maximum g e t t e r i n g  capaci ty  was 
being reached. The g e t t h i n g  ra tes  (normalized adsorpt ion i n t e n s i t y  per minute) 
i n  the f i r s t  8 min o f  exposure were: 0.0035 f o r  the s u l f a t e  band and 0.0045 f o r  
the s u l f i t e  band o f  alumina; 0.016 f o r  the r a r e  ea r th  oxide/alumina and rare ea r th  
oxide/alumina/cobal t oxide samples. During the  hydrogen reduct ion step the t ime 
requi red t o  reduce the  band i n t e n s i t y  t o  50% o f  the i n t e n s i t y  p r i o r  t o  hydrogen 
exposure decreased i n  the order :  12 min ( s u l f a t e  band f o r  alumina), 9 min ( s u l f i t e  
band f o r  alumina), 9 min ( s u l f a t e  band f o r  r a r e  e a r t h  oxide/alumina) and 2 min 
( s u l f a t e  band f o r  r a r e  ear th  oxide/alumina/cobal t ox ide) .  

Conclusions 

TGA proved t o  be a usefu l  method t o  reveal  the SOX g e t t e r i n g  po ten t i a l  and 
r e g e n e r a b i l i t y  o f  the ma te r ia l s  i n  a wide temperature range. The f l u i d  bed 
experiments were usefu l  i n  evaluat ing the ma te r ia l s  under more r e a l i s t i c  
condi t ions r e l a t e d  t o  FCC operations. The i n f r a r e d  study helped t o  es tab l i sh  the 
r e l a t i v e  r a t e s  o f  SOX g e t t e r i n g  and reduct ions by hydrogen. The r e s u l t s  showed 
t h a t  t he  r a r e  e a r t h  con ta in ing  ma te r ia l s  were super io r  t o  alumina i n  SOX 
ge t te r i ng .  I t  was a l s o  shown t h a t  coba l t  had an acce le ra t i ng  e f f e c t  i n  res to r ing  
c a t a l y s t  a c t i v i t y .  
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CATALYTIC SOX ABATEMENT OF FCC FLUE GASES 

Alak A. Bhattacharyya, Gerald M. Woltermann, Jin S. Yoo(l), 
John A. Karch, and William E. Cormier 

Katalistiks International Inc., 4 8 1 0  Seton Drive, 
Baltimore, Maryland 21215 

ABSTRACT 

A cerium containing magnesium aluminate spinel catalyst is usedLas 
a SOX emission reducing catalyst in the hydrocarbon cracking catalyst 
regeneration zone. In the regeneration zone this catalyst oxidizes the 
SO2 to SO3 and chemisorbs it as sulfate and releases it as H2S when it 
enters the reactor zone. All FCC units are equipped to handle the H 2 S  
that comes out of the reactor. This paper will discuss some of the 
materials, such as the cerium containing spinels, that were examined as 
potential SOX catalysts for FCC units and how they were tested for their 
ability to remove SOX under conditions prevalent in modern FCC units. 

INTRODUCTION 

Sulfur oxide emissions (SOX = SO2 + SO3) from fluid catalytic 
cracking units (FCCU) are increasingly becoming the target of EPA and 
local regulations ( 2 ) .  The removal of such pollutants from FCC units 
has been the subject of a considerable amount of attention over the past 
few years. The amount of SOX emitted from a FCC unit regenerator is a 
function of the quantity of sulfur in the feed, coke yield, and conver- 
sion. Generally, 4 5 %  to 55% of feed sulfur is converted to H2S in the 
FCC reactor, 35% to 4 5 %  remains in the liquid products, and about 5 - 
10% is deposited on the catalyst in the coke ( 3 ) .  It is this sulfur in 
the coke which is oxidized to SO2 (90%) and SO3 ( 1 0 % )  in the FCC 
regenerator. 

S (in coke) + 02+ SO2 + SO3 1) 

Flue gas scrubbing and feedstock hydrodesulfurization are effective 
means of SOX control but are laborious and cost intensive. The least 
costly alternative is the use of a SOX reduction catalyst as an additive 
to the FCCU catalyst inventory. Designing a catalyst for removal of Sox 
in a fluid catalyst cracking unit is a challenging problem. One must 
come up with a particle that will: 1) oxidize SO2 to SO3, 2 )  chemisorb 
the SOg, and 3)  be able to release it as HIS as it enters the reactor 
side of the unit. Another obstacle is the fact that most metals that 
are in the chemists' repertoire for oxidation or reduction reactions are 
poisons in the catalytic cracking regime. This paper will discuss some 
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of the materials that were examined as potential SOX catalysts to remove 
SOX under conditions prevalent in FCC units. 

EXPERIMENTAL 

Pseudo boehmite alumina (Condea Chemie), high surface area magne- 
sium oxide (C.E. Basic) and Ce(N03)3.6H20 (Molycorp) were used as 
received. 

Preparation of CeO /A1203: 
impregnated wit! a solution containing 42.9 g of 70% Ce(N03)3.6H20 (Ce02 
coment 28.7%) and 40 g water. This material was dried at 12OoC for 3h 
and calcined at 7OO0C for lh. Surface area of the catalyst was measured 
to be 180 m2/g. 

Preparation of Ce02/MgO: A high surface area Magnesium oxide (87.7 9) 
was impregnated with a solution containing 42.9 g of 70% Ce(N03)3.6H20 
(Ce02 content 28.7%) and 35 g water. This material was dried 
for 3h and calcined at 7OO0C for lh. Surface area of the catalyst was 
measured to be 75 m 2 / g .  

Preparation of Ce02/Mg2A1205: 
prepared by using required amounts of Mg(N03)2 and NaA102 as per 
literature procedure (4-6). A portion (87.7 g) of this material was 
impregnated with a solution containing 42.9 g of 70% Ce(N03)3.6H20 (Ce02 
content 28.7%) and 40 g water. 
and calcined at 7OO0C for lh. 
measured to be 140 m /g. 

Thermal studies: Themogravimetric studies were used for the testing of 
the materials. This was accomplished by placing a small amount (5 - 25 
mg) of virgin sample on a quartz pan and passing a desired gas. 
experiment was divided into four zones: 

Zone A: Under N2, the sample was slowly 
This takes about 35 min. 

Zone B: Nitrogen was replaced by a gas containing 0.32% SO2, 2.0% 02, 
and balance N2. 
Constant at 70OoC. 

A pseudo boehmite alumina (87.7 g) was 2 

at 12OoF 

A solid solution spinel Mg2A1205 was 

This material was dried at 12OoC for 3h 
The surface area of the catalyst was 

2 

The 

(20°C/min.) heated to 70OoC. 

The flow rate was 200 ml/min. The temperature was kept 
This condition was maintained for 30 min. 

Zone C: 
Temperature was reduced to 65OOC. 

Zone D. 
maintained for 20 min. 

Passage of SO2 containing gas was ceased and replaced by N2. 

Nitrogen was replaced by pure H2. 

This is a 15 min. time zone. 

This condition was 
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Fluidized bed test: A one inch diameter quartz reactor heated by a tube 
furnace was connected to a gas manifold. Reactor temperature was 
controlled by a temperature controller with a thermocouple in the middle 
of the fluidized catalyst bed. A schematic diagram is shown in Figure 
5. A blend of DeSOx catalyst in equilibrium FCC catalyst was made such 
that the concentration of DeSOx catalyst was 1.5 weight per cent. 

15 grams of this blend was charged into a quartz reactor. The blend was 
cycled as described below. 

a. 
b. 

C. 

d. 

e. 
f. 

g. 

a. 

b. 

C. 

d. 

SOX Pickup Side of Cycle 

The blend was heated to 732OC in flowing N 2 .  
At 732'C N2 was discontinued, and 5.9% O2 was allowed to pass 
through the bed for 4 minutes. 
Then 1.5% SO2 was introduced along with the air for a 15 minute 
period at 732OC. Approximately 105-115 rng SO2 was delivered 
during the test. The reactor effluent was trapped in a peroxide 
trap. 
After 15 minutes of test with SO?, the SO2 flow was stopped, but 
the oxygen remains on for an additional 4 minutes. 
Oxygen was replaced with nitrogen for ten minutes at 732OC. 
The catalyst bed was cooled under flowing nitrogen for about 30 
minutes. 
The peroxide trap was disconnected and worked up as per EPA test 
no. 6. 

H2 Reduction Side of Cycle 

The blend was flushed with N2 and brought to a temperature of 
732OC. 
At 732OC the N2 was shut off, and the catalyst subjected to 100% 
H2 -for 5 minutes. 
trap. 
The system was flushed with N2 at 732OC for 10 minutes, then 
cooled under flowing N 2 .  
Sulfur analysis of the trap determined the amount of sulfur- 
removed with each H2 treatment. 

The reactor effluent was captured in a 1M NaOH 

RESULTS AND DISCUSSION: 

The sulfur in the coke is mainly oxidized (7) to SO2 (equation 1). 
sulfur dioxide should be further oxidized to SO3 (equation 2) so that it 
can be reactive ( 8 )  towards metal oxides to form sulfate (equation 3 ) .  

2SO2 i o2 = 2SO3 2) 

SO3 i MO = MS04 3) 
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i As t h e  o p e r a t i o n a l  t empera tu re  o f  t h e  r e g e n e r a t o r  is inc reased  t h e  
formation o f  SO3 is less favored  ( 7 ) .  
SO3 ( equa t ion  2) is -9.5 KJ/g-mole a t  675 C and -4.4 KJ/g-mole a t  73OoC. 
The r e g e n e r a t o r  t e m p e r a t u r e  of a n  FCC u n i t  is between 650 t o  775OC. 
Ca ta lyz ing  r e a c t i o n  2 is one of t h e  major f u n c t i o n s  of  a SOX c a t a l y s t .  
Equat ion 3 r e p r e s e n t s  t h e  c a p t u r e  o f  SO3 i n  the r e g e n e r a t o r  by t h e  
c a t a l y s t .  The c a t a l y s t  t h e n  moves t o  t h e  FCCU reactor where t h e  s u l f a t e  
i s  reduced by hydrogen and o t h e r  r educ ing  g a s e s  t o  metal o x i d e  
( equa t ion  4 )  o r  m e t a l  s u l f i d e  ( e q u a t i o n  5 ) .  

The f r e e  energy of fo rma t ion  of  

and H2S 

M S 0 4  + 4H2 = MO + H 2 S  i 3H20 4 )  

M S O ~  + 4n2 = MS + 4 ~ ~ 0  5)  

Metal s u l f i d e  can  be  hydrolyzed i n  t h e  s t r i p p e r  t o  form the o r i g i n a l  
metal o x i d e  ( e q u a t i o n  6 ) .  

MS + n20 = MO + H ~ S  6) 

T h i s  g e n e r a l l y  accep ted  mechanism (3 ,9-12)  and a schematic diagram o f  an 
FCCU is shown i n  F i g u r e  1. A SOX r e d u c t i o n  c a t a l y s t ,  t h u s ,  h a s  t h r e e  
func t ions :  o x i d a t i o n ,  chemiso rp t ion ,  and r e d u c t i v e  decomposition. 
Vanadium p e n t o x i d e  (13) is a n  e x c e l l e n t  o x i d a t i o n  c a t a l y s t  and is spe-  
c i a l l y  u s e f u l  fo r  t h e  o x i d a t i o n  of SO2 t o  SO3. 
used i n  an FCC u n i t  because it r e a c t s  w i th  z e o l i t e s  p r e s e n t  i n  an  FCC 
ca ta lys t .  Our l a b o r a t o r y  experiments  i n d i c a t e  t h a t  p l a t inum can b e  used 
f o r  t h i s  purpose ( 4 ) ,  b u t  it is expensive and is n o t  ve ry  e f f e c t i v e  
unde r  a c t u a l  FCC r e g e n e r a t o r  c o n d i t i o n s  ( 1 4 ) .  I r o n  ox ides  are a l s o  ve ry  
e f f e c t i v e  o x i d a t i o n  c a t a l y s t s  b u t  i r o n  enhances t h e  formation of  coke 
and un favorab ly  changes t h e  p roduc t  d i s t r i b u t i o n .  Our tests w i t h  i r o n  
c o n t a i n i n g  c a t a l y s t s  c l e a r l y  i n d i c a t e  t h a t  more coke is formed c a u s i n g  
more than  normal SO2 g e n e r a t i o n  i n  t h e  r e g e n e r a t o r .  Cerium d i o x i d e  can 
b e  used f o r  t h e  o x i d a t i o n  of SO2. W e  have found t h a t  under  FCC condi-  
t i o n s  Ce02  is a n  e x c e l l e n t  o x i d a t i o n  c a t a l y s t  ( equa t ion  7) and it regen- 
e r a t e s  q u i c k l y  unde r  oxygen ( equa t ion  8 ) .  An FCC r e g e n e r a t o r  c o n t a i n s  1 
t o  3% oxygen. 

However, V 0 canno t  be 
2 5  

Ce203 2 C e 0 2  + SO2 = SO3 + 

C e 2 0 3  + 1 / 2 0 2  = 2Ce02 

Once t h e  S O 3  is formed, it h a s  t o  be  chemisorbed by t h e  c a t a l y s t .  
Alumina can be used  f o r  t h i s  purpose t o  form A 1 2 ( S 0 4 ) 3  ( equa t ion  9 ) .  

A 1 2 0 3  + 3 S 0 3  = A12(S04)3 
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2 One of the catalysts that was tested by us and others (15) is Ceo 
on gamma alumina. This can be conveniently prepared by impregnating 
gamma alumina with Ce(N03)3.6H20 solution followed by drying and calcin- 
ing at 73OoC for 3h. The amount of Ce02 was 12.3%. 
starts to decompose at 58OoC (16). Hence one disadvantage of using this 
catalyst is the fact that any FCC regenerator operating at a temperature 
higher than 6OO0C should have some decomposition of A12 (SO4) 
reaction of equation 9). A thermogravimetric analysis (TGA) of this 
catalyst is reported in Figure 2. The catalyst was first preheated to 
7OO0C under N2 (zone A ) .  
of SO2, 2.0 % O2 and balance N2 at a flow rate of 200 mL/min.(zone B). 
The weight gain of 5.5% indicated in 
formed (reaction 7) and absorbed (reaction 9) to form the A12(S04)3. 
The TGA indicates that only 2.5% of all the available A1203 is involved 
in picking up SO3 during the first 15 min. period. 
called SO2 oxidation and absorption index (SOAI)(17). 
for this catalyst is very low when compared to other catalysts described 
in this paper. The activity decreases considerably during the second 15 
min. period. 
ceased and replaced by pure N2. 
dropped to 650°C to mimic the FCC conditions. 
this temperature the A12(S04)3 is thermally unstable and releases some 
of the SO3 it absorbed in zone 2. However, once the sulfate is formed 
alumina is regenerated under H2 fairly easily because aluminum sulfate 
reduces at 400 to 7OO0C, which is in the FCC reactor temperature range 
(equation 10). Figure 2, zone D, is indicative of an efficient 
reduction of A12(S04)3 to A1203 (equation 10). Alumina is regenerated 
in about 2 min. 

Aluminum sulfate 

(backward 

Then it was exposed to a gas containing 0.32% 

figure 2 is the amount of SO3 

This number is 
The SOAI of 2.5 

Zone C is when the passage of SO2 containing gas was 
At this point the temperature was 

TGA clearly shows that at 

A12(S04)3 + 12H2 = A1203 + 3H2S + 9H20 10) 

The low SOAI and the thermal instability of the sulfate under FCC 
conditions clearly indicate that Ce02 in gamma alumina is not a very 
effective DeSOx catalyst. 

A catalyst was prepared by-impregnating MgO with cerium nitrate 
solution. 
on MgO. 
would be more reactive towards S O 3 .  

3 .  
(zone B). 
SOAI of this catalyst is 8.7 which indicates that the SO3 absorptivity 
of Ce02/Mg0 catalyst is 3.5 times higher than the corresponding alumina 
catalyst during the first 15 min. Linearity of the absorption plot 
(zone B) indicates that the absorption during the second 15 min. is as 
efficient as the first 15 min. When the passage of the SO2 containing 

The composition of the final calcined catalyst was 12.3% Ce02 
Since MgO is much more basic than A1203 it was hoped that it 

A TGA analysis is shown in Figure 
The catalyst gains 28.5% weight in 30 min. due to SO3 absorption 

The This is 5.2 times more than the Ce02/A1203 catalyst. 
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g a s  was ceased  and  r e p l a c e d  by d r y  N2 (zone C ) ,  u n l i k e  C e 0 2 / A 1 2 0 3  c a t a -  
l y s t ,  t h i s  material d i d  n o t  l o s e  any weight  i n d i c a t i n g  t h e  the rma l  s t a -  
b i l i t y  o f  t h e  MgS04. 
below 78OoC ( 1 6 ) .  
D ) ,  however, t h e  MgO can  n o t  be r egene ra t ed  a s  e f f i c i e n t l y  as the 
alumina c a t a l y s t .  About 7 .7% of  t h e  absorbed m a t e r i a l  s t i l l  remains 
wi th  t h e  c a t a l y s t  even a f t e r  20  min. of H2 r e d u c t i o n ,  p o s s i b l y  as MgS or 
unreduced MgS04. F a s t  d e a c t i v a t i o n  of t h i s  catalyst  is one o f  t h e  major 
r easons  why Ce02/Mg0 w a s  n o t  cons ide red  as  a p o t e n t i a l  DeSOx c a t a l y s t  
f o r  FCC u n i t s .  

Magnesium s u l f a t e  is n o t  expec ted  t o  decompose 
Under H2, t h e  s u l f a t e  formed r educes  a t  65OoC (zone I 

The h i g h e r  r e a c t i v i t y  of  MgO prompted u s  t o  look  f o r  a compound 
t h a t  was more t h e r m a l l y  s t a b l e .  Magnesium a l u m i n a t e  s p i n e l s  such  a s  
MgA1204  or M g 2 A 1 2 0 5  were t h e  ones w e  s e l e c t e d .  
s o l u t i o n  of pu re  s p i n e l  (MgA1204) and MgO. 
n o t  d e s t r o y  t h e  s p i n e l  framework. These s p i n e l s  c a n  b e  p repa red  by t h e  
c a l c i n a t i o n  o f  Mg,A1 doub le  hydroxides ,  formed by t h e  r e a c t i o n  o f  
M g ( N 0 3 ) 2  and NaA102 a t  pH 8.5 t o  9 . 5 .  (4-6). 
based on a c u b i c  c l o s e  packed a r r a y  of  o x i d e  i o n s .  T y p i c a l l y ,  t h e  c rys -  
t a l l o g r a p h i c  u n i t  cel l  c o n t a i n s  32 oxygen atoms; one  e i g h t h  o f  t h e  
t e t r a h e d r a l  h o l e s  (of  which t h e r e  are t w o  p e r  an ion )  a r e  occupied by  the 
d i v a l e n t  metal i o n  ( M g 2 + ) ,  and one-half  o f  t h e  o c t a h e d r a l  h o l e s  (of 
which t h e r e  i s  one  p e r  an ion )  are occupied by t h e  t r i v a l e n t  metal i o n  

The l a t t e r  is a s o l i d  
Such a s o l i d  s o l u t i o n  does  

The s p i n e l  s t r u c t u r e  i s  

 AI^+). 

A c a t a l y s t  p r e p a r e d  by t h e  impregnat ion o f  Mg2A1205 w i t h  C e ( N 0 3 ) j  
w a s  t e s t e d  f o r  SOX removal a c t i v i t y .  The f i n a l  composi t ion w a s  12.3% 
C e 0 2  on Mg2A1205. A TGA a n a l y s i s  o f  t h i s  material is r e p o r t e d  i n  F igu re  
4 .  During p r e h e a t i n g  (zone A) t h e  material deso rbed  7.6% mois tu re .  
T h i s  m a t e r i a l  g a i n s  23.3% weight  by t h e  a b s o r p t i o n  of SO3 which is  about  
the same a s  t h e  Ce02/Mg0 c a t a l y s t .  The SOAI o f  t h i s  material is 17 
i n d i c a t i n g  t h a t  t h i s  c a t a l y s t  is 6.8 t i m e s  more a c t i v e  t h a n  t h e  
C e 0 2 / A 1 .  0 c a t a l y s t .  
a l u m i n a . 1 ~  n e g l i g i b l e  and MgO is an extremely e f f i c i e n t  SO3 abso rb ing  
agen t .  T h i s  i n d i c a t e s  t h a t  i n  a s p i n e l  it is  t h e  MgO s t r u c t u r a l  
fragment t h a t  is r e a c t i n g  w i t h  t h e  SO3 and o u r  SOAI c a l c u l a t i o n q  f o r  
S p i n e l  c a t a l y s t s  are based on t h i s  concept .  
c o n t a i n i n g  c a t a l y s t  is about  twice t h a t  of  t h e  C e 0 2 /  MgO c a t a l y s t .  
i n d i c a t e s  t h a t  t h e  a b s o r p t i o n  a c t i v i t y  of  M g O  i n  s p i n e l  is much h i g h e r  
t h a n  t h a t  of pu re  MgO, p o s s i b l y  due t o  t h e  d i s p e r s i o n  o f  MgO i n  t h e  
Sp ine l .  L i n e a r i t y  of  t h e  a b s o r p t i o n  p l o t  ( zone  B)  i n d i c a t e s  t h a t  the  
a b s o r p t i o n  i n  t h e  second 15 min. p e r i o d  i s  as e f f i c i e n t  as t h e  first 15 
min. p e r i o d .  
r ep laced  by p u r e  N2 (zone C) no weight  loss w a s  observed.  
cates t h a t  i n  zone B on ly  MgS04 i s  formed a l t h o u g h  t h i s  c a t a l y s t  h a s  
.near ly  50% alumina.  
a t e s  e f f i c i e n t l y  unde r  H~ (zone D). 

W e  have p r e v i o u s l y  s e e n  t h a t  SO3 a b s o r p t i o n  by 
2.3 

The SOA1,of t h e  s p i n e l  
Th i s  

When t h e  pas sage  o f  SO2 c o n t a i n i n g  gas was ceased  and 
T h i s  i n d i -  

Un l ike  t h e  Ce02/Mg0 c a t a l y s t  t h i s  c a t a l y s t  regener-  
The c a t a l y s t  completely r e g e n e r a t e s  
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in twenty minutes of H3 reduction. 
longer than that experienced in an actual FCC unit, it can be used to 
compare potential catalysts. It is clear, if we compare Figures 3 and 
4 ,  that MgS04 reduces much more efficiently in a spinel catalyst 
compared to pure MgO. This may be due to the fact that MgO in a spinel 
matrix is more sterically hindered than in a magnesia unit cell. 
fore, any sulfate formed whose decomposition would relieve the steric 
strain is favored, i.e. the decomposition of a sulfated spinel is 
thermodynamically more favorable than the decomposition of a sulfated 
magnesia sample. 

Although this reduction time is much 

There- 

Since we realized that a cerium containing magnesium aluminate spinel 
is the most efficient DeSOx catalyst that we have tested, a laboratory 
scale fixed fluidized bed reactor system was set-up (figure 5 ) .  Absorp- 
tion and reduction half-cycles are repeated as described in figure 6 to 
mimic FCC units. Our system used a one inch diameter quartz reactor 
that was connected to a gas manifold so that the catalyst could be 
subjected to different gas mixtures. Reactor temperature was controlled 
by a controller with a thermocouple in the middle of the fluidized cata- 
lyst bed. In most cases a blend of DeSOx catalyst in equilibrium cata- 
lyst was made, then subjected to a 76OoC, 6 hour steaming treatment, and 
finally tested for SOX pickup. The gas stream was analyzed by absorbing 
the exit gas in a H202 trap over a period of time, and then using the 
EPA 6 method for determining S O 2 .  The gas stream could also be analyzed 
instantaneously by an IR analyzer as long as care was taken to remove 
any SOj  from the gas stream. 
subjected to a reduction with either hydrogen or propane and followed by 
another SOX pickup. This cycle could be repeated several times to see 
the effect of adding and removing sulfur to a potential DeSOX catalyst. 
By adding solenoid controls to the gas lines and a microprocessor the 
whole system was eventually computerized so that constant monitoring by 
an individual was not necessary and runs could be made overnight. 

In most cases, the sulfated sample was 

Results obtained from fluidized bed tests are reported in Tables 1 
and 2 .  Tables 1 and 2 represent the results obtained from virgin cata- 
lyst and a steam deactivated (76OoC, 6h, 100% steam) catalyst, respec- 
tively. The amount of sulfur picked up was calculated by difference 
between the amount delivered and the amount found in the trap. The 
amount of sulfur removed was determined by gravimetric analysis of the 
contents of the NaOH traps. 
wt% in FCC catalyst. The Tables 1 and 2 indicate that steaming only 
causes a very minor deactivation. Nearly 90% of the fresh activity is 
retained even after steaming. Moreover, this catalyst picks up Sulfur 
nearly half of its theoretical maximum in 15 min. indicating very high 

The concentration of DeSOx catalyst was 1.5 
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activity. A mechanism of SOX reduction showing the catalytic cycle is 
illustrated in Figure 7. This cycle is given to describe the catalytic 
nature of the DeSOx components. In the figure, the catalyst 
Ce02/Mg2A1205 is represented by its active cites, namely CeO 

CONCLUSION 

and M 0 
ni+ &* 

A cerium containing magnesium aluminate spinel material was found 
to be the most effective DeSOx catalyst that we have studied. This 
spinel based catalyst was commercialized and is recognized as the 
leading DeSOx catalyst for FCC units. 
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T a b l e  1 

S u l f u r  P i c k e d  Up And Removed a t  732OC 
On V i r g i n  12.31 Ce02  On Hg2A1 0 2 5  

SOX P i c k u p  -E2-Reduc t i o n  

First C y c l e  

S e c o n d  C y c l e  

T h i r d  C y c l e  

Fourth C y c l e  

F i f t h  C y c l e  

S i x t h  C y c l e  

Hg Sulfur Hg Sulfur 
T h e o r i t i c a l  P i c k e d  Up 
Haximum 

79 4 4  

4 2  

39 

3 7  

3 a  

37 

T a b l e  2 

Sulfur P i c k e d  Up And Removed A t  7 3 2 O C  
On S t e a m e d  12.3% CeOZ On Hg2A1205 

SOX Pickup-E2-Reduc  t i o n  

F i r s t  C y c l e  

S e c o n d  C y c l e  

T h i r d  C y c l e  

F o u r t h  C y c l e  

F i f t h  C y c l e  

Hg S u l f u r  
Removed 

4 5  

4 4  

39 

37 

4 0  

- 

Hg S u l f u r  Hg S u l f u r  Hg Sulfur 
T h e o r i t i c a l  P i c k e d  Up Removed 
H a x i m u m  

79 39 38 

36 36 

3 4  35 

31 3 5  

2 a  - 
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Figure 5 

A Labocatocy Scale Fired Fluidized Bed Reactoc System 
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Figure 6 
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Agglomeration of Athabasca Petroleum Cokes i n  t h e  
Presence of Various Addit ives  a s  as means of Reducing 

Su l fu r  Emissions during Combustion. 

Abdul Majid. V.P. Clancy and Bryan D. Sparks 

Divis ion of Chemiatry, 
Nat ional  Research Council of Canada 

O t t a w a ,  Ontar io  K1A OR9 

The r e l a t i v e l y  h igh  s u l f u r  content of coke produced 
Athabasca bitumen, makes it environmentally unsu i t ab le  aa a f u e l .  We have 
attempted t o  coagglomerate these cokes with sulphur  d iox ide  cap tu re  agents  
such as: l ime. hydrated lime and limestone i n  an at tempt  t o  reduce 
emissions during combustion. By providing an environment where t h e r e  is 
i n t i m a t e  con tac t  between f u e l  and sorbent  it was hoped t h a t  g r e a t e r  u t i l i s a -  
t i o n  of the so rben t  could be achieved, compared t o  f l u i d  bed combustion, 
where t h e  so rben t  is added sepa ra t e ly  t o  the  bed. Cokes from both Suncor 
and Syncrude ope ra t ions  were used in t h i s  i nves t iga t ion .  The e f f e c t  of 
condi t ioning agents  such as sodium hydroxide,  sodium o l e a t e ,  and a petroleum 
s u l f o n a t e  on t h e  formation of coke oil agglomerates as wel l  a s  on the  
e f f i c i e n c y  of s u l f u r  dioxide cap tu re  w a s  a l s o  inves t iga t ed .  Su l fu r  dioxide 
capture  was found t o  depend mainly on t h e  calcium t o  s u l f u r  mole r a t i o  i n  
t h e  agglomerates ,  t h e  combustion temperature,  p a r t i a l  p re s su re  of oxygen, 
and t h e  type of coke and sorbent .  The e f f i c i e n c y  of t he  th ree  cap tu re  
agen t s  i n  t h e  reduct ion of s u l f u r  dioxide emissions,  has  been compared. 

Upgrading of Athabasca o i l  sands bitumen t o  form a s y n t h e t i c  crude oil produces a 
s o l i d  carbonaceous ma te r i a l ,  known as "Coke". The two commercial o i l  sands p l a n t s  
operat ing i n  Alberta  produce approximately 4,000 t ons  of coke pe r  day k]. 
con ta ins  6 4 %  s u l f u r  almost e n t i r e l y  i n  the  form of organic  s u l f u r  compounds such a s  
thiophenes,  s u l f i d e s .  d i s u l f i d e s  and t h i o l s  [?I. 
co r ros ion  problems a s soc ia t ed  with the  combustion of t h i s  coke, its use  a s  a b o i l e r  
f u e l  is l imi t ed  and a s i g n i f i c a n t  po r t ion  of the coke is being s tockp i l ed  as a waste 
product. However, o i l  sands coke with a c a l o r i f i c  value of about 33 KJ/Kg k] would 
be an a t t r a c t i v e  b o i l e r  f u e l  i f  i t  could be desu l fu r i zed  economically. 

Although considerable  work has  been done on va r ious  methods of desu l fu r i z ing  
coal and c o a l  cha r s ,  comparatively few s t u d i e s  appear i n  the  l i t e r a t u r e  on t h e  
d e s u l f u r i z a t i o n  of petroleum coke, p a r t i c u l a r l y  coke der ived from Athabasca oil sand 
bitumen. There have been some at tempts  at  d e s u l f u r i z a t i o n  of t hese  cokes employing 
such methods as hydrodesu l fu r i za t ion ,  combustion with l imestone add i t ion ,  impregnation 
with high base load ings  followed by c a l c i n a t i o n  i n  an i n e r t  atmosphere and subsequent 
leaching,  chemical ox ida t ion ,  and so lven t  e x t r a c t i o n  m]. 
methods a r e  s a i d  to be uneconomical [L]. Fluidized-bed combustion of coal  i n  t h e  
presence of l imestone is emerging aa a promising technology t h a t  can achieve high 
combustion e f f i c i e n c y  with s i g n i f i c a n t l y  reduced sulfur d iox ide  emissions k]. 
disadvantage of t h e  process  is t he  high calcium t o  s u l f u r  mole ratios required f o r  
acceptable  r educ t ions  i n  s u l f u r  dioxide emissions.  For example, using l imestone as a 
s u l f u r  so rben t  i n  a f l u i d i z e d  bed f o r  Suncor delayed coking coke, a Ca/S r a t i o  of 3 : l  
was required t o  achieve 80% reduct ion i n  SO2 emissions [I]. 

The o b j e c t i v e  of t h i s  i n v e s t i g a t i o n  was t o  develop an  economically 
a t t r a c t i v e  method by which t h e  oil sands coke may be u t i l i z e d  d i r e c t l y  as a b o i l e r  
f u e l  without s e r i o u s  environmental  damage. 
r epor t s  regarding t h e  coagglomeration of coa l ,  coke or char  with s u l f u r  sorbents .  
present  program w a s  designed t o  study the f e a s i b i l i t y  of co-agglomerating s u l f u r  
cap tu re  agen t s  such a s  l imestone,  l ime and s laked l ime with o i l  sands bitumen coke as 
a means of i nc reas ing  t h e  u t i l i s a t i o n  of t hese  agen t s  during s u l f u r  dioxide removal on 
combustion. 
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Experimental Methods 
Mater ia ls .  
from the Alberta  Research Council sample bank. The coke w a s  ground t o  150 vn~ s i z e  
us ing  a Brinkman 2151 Cent r i fuga l  Grinding M i l l .  The composition and C a l o r i f i c  va lue  
of t hese  samples a r e  l i s t e d  i n  Table I. 

Suncor delayed coking coke and Syncrude f l u i d  coke samples were ob ta ined  

TABLE I . 
Composition and Physical  Data f o r  Cokes 

Proximate Analysis* (Dry Basis) 
Ash 
Vola t i l e  Matter 
Fixed Carbon 

Carbon 
Hydrogen 
Nitrogen 
Sulfur  

Ash 

Ultimate Analysis (Dry Basis) 

Oxygen 

C a l o r i f i c  Value* N/Kg 

Suncor Delayed 
Coke I 

6 .O 
11.6 
82 .4  

8 3 . 0  
3.4 
1.5 
5.9 
2.9 
3.4 

33.4 

I S p c r u d e  
Fluid Coke 

6.9 
4 .4  
8.0 

32.6 
~~~~ 

* Alberta  Research Council (Fuel Sciences Divis ion)  

Bridging l i q u i d  used f o r  agglomeration of coke p a r t i c l e s  w a s  a sample of 
bitumen obtained from the  Alberta  Research Council sample bank. This was 8 sample of 
coker feed bitumen from Suncor, prepared f o r  u se  i n  a round robin s tudy  of bitumen 
analyses  [7]. 
l imestone, l i m e  and slaked l i m e .  The sample of l imestone used was  pulver ized 
a g r i c u l t u r a l  l imestone (Domtar). It contained approximately 97% CaC03. A p a r t i a l  
s i z e  d i s t r i b u t i o n  of t h i s  sample is given in Table 11. 
CaO sample. 

obtained from Witco Chemicals Corporation. 

A number of s u l f u r  dioxide capture  agents  were t r i e d  including:  

Lime w a s  a l abora to ry  grade 
Various samples of s laked lime were prepared as shown i n  Table 111. 

Petroleum su l fona te  (TRS-10-80), used as a condi t ioning agen t ,  was 

TABLE I1 
Size Di s t r ibu t ion  of Limestone 

I I Cumulative Weight Percent  I Sieve (Pm) Size . Passing 

6 7 . 0  
7 4 . 7  
91 .8  i 44  

7 4  
[ 5 3  

Procedure. 
dispersed i n  100 ml of t a p  water  contained i n  a Waring Blendor. 
of a condi t ioning agent was then added and t h e  con ten t s  a g i t a t e d  a t  250 rps  f o r  15 
seconds. A t  t h i s  s t a g e  t h e  blending speed was lowered t o  120 rps .  Bitumen was added 
slowly while  cont inuing blending u n t i l  d i s c r e t e  agglomerates o r  a u n i t a r y  phase was 
obtained (5-15 minutes).  
aqueous phase by screening.  
bitumen. coke,and a sh  content  using a procedure descr ibed elsewhere E]. 
port ion of t he  agglomerates was d r i ed  at  I00"C t o  a constant  weight. 

20 g of coke w a s  mixed wi th  known amounts of sorbent  and t h e  mixture  
An appropr i a t e  amount 

. 
Coke o i l  agglomerates/oi l  phase were then separated from the 

A po r t ion  of t h e  agglomerates were used f o r  ana lys i s  of 
The second 

413 

i 



TABLE I11 
Experimental  Conditions f o r  Various Hydrated Lime Sample P repa ra t ion  

Laboratory grade CaO was mixed with d i s t i l l e d  water in 
t h e  r a t i o  of l :4 'and then a i r  d r i ed  a t  90". 
20 g of CaO was mixed with EO g of d i s t i l l e d  water  and 
740 m l  of isopropyl  a lcohol .  'Ihe s l u r r y  waa then dr ied 
a t  90°C on a r o t a r y  evaporator  under vacuum. 
Same as above, except t h e  excess l i q u i d  was removed 
under atmospheric pressure a t  9OOC. 
10 g of CaO was mixed with 40 g of 0.5% aqueous s o l u t i o n  
of aodium s u l f o n a t e  (Witco TRS-10-80) and 370 m l  of 
isopropyl  a lcohol .  
and then d r i ed  on a r o t a r y  evaporator  a t  90°C under 
vacuum. 
Same as above, except t h e  excesa l i q u i d  was removed 
under atmospheric pressure a t  90'C. 
Same a8 sample 1 except t h a t  t h e  sample was f r e e z e  
dr ied.  
Same a s  sample 1 except t h a t  t h e  sample was d r i ed  in a 
vacuum oven a t  90°C. 

Contents were mixed i n t o  a s l u r r y  

Combustion of O i l  AgglomeratesIOil  Phase. 
f i r s t  dr ied In an oven a t  100°C t o  a constant  weight t o  f a c i l i t a t e  a n a l y t i c a l  calcula-  
t i ons .  However, because of t he  economic advantage in burning w e t  agglomerates,  a 
separate  i n v e s t i g a t i o n  involving the  combustion of wet agglomerates is i n  progress.  
The r e s u l t s  of t h i s  s tudy w i l l  be reported elsewhere.  Two procedures were used f o r  
t h e  ashing of d r i ed  coke-oil  agg lomera te s lo i l  phase. The f i r s t  procedure involved 
weighing an agglomerate sample i n t o  a porcelain c ruc ib l e ,  and placing i t  d i r e c t l y  i n t o  
a muffle fu rnace  p r e s e t  at  t h e  des i r ed  temperature. This technique has  been r e fe r r ed  
t o  a s  combustion wi th  l imi t ed  a i r .  The second procedure involved burning the  sample 
over  a bunsen hurner in t h e  open a i r  followed by completion of t h e  ashing process in 
t he  muffle furnace a t  an appropr i a t e  temperature.  This  has  been r e fe r r ed  t o  as 
combustion with excess  air. 
Su l fu r  Analysis.  Attempts were made t o  measure the  s u l f u r  dioxide emissions from 
coke-oil agglomerates by burning 1.0 g of t he  sample in a porce la in  boat  placed 
i n s i d e  a qua r t z  tube contained in a tube furnace (ASTM method D4239-83). This method 
is s p e c i f i c a l l y  designed f o r  t he  determfnation of s u l f u r  in coke and coal .  Sulfur  
dioxide i n  t he  combustion gases  was absorbed by 1% hydrogen peroxide s o l u t i o n  and the  
r e su l t i ng  s u l f u r i c  acid t i t r a t e d  a g a i n s t  0.05N-NaOH s o l u t i o n  t o  pH 5.0, see equa t ion  

Before combustion wet agglomerates were 

[ l l .  

SOz + H2OZ H2S0,, [ I 1  

The s u l f u r  content  of the coke, coke-oil agglomerates and coke-sorbent-oil 
agglomerates w a s  also determined independently using a Leco s u l f u r  analyzer  and by 
x-ray f luorescence spectrometry.  Excel lent  agreement between the  r e s u l t s  f o r  s u l f u r  
content  f o r  coke and coke-oil  agglomerates was obtained by t h e  t h r e e  methods. 
However, each method gave a d i f f e r e n t  r e s u l t  f o r  t h e  s u l f u r  content  of coke-sorbent- 
o i l  agglomerates. Reproduc ib i l i t y  was extremely poor f o r  t hese  samples when using the 
ASRl method. Resu l t s  from t h e  Leco s u l f u r  analyzer  were rep roduc ib le  within i5% but  
gave s i g n i f i c a l l y  lower s u l f u r  con ten t s  than x-ray f luorescence spectrometry.  Resul ts  
from x-ray f luorescence spectrometry were much c l o s e r  t o  t h e  expected values  than t h e  
r e s u l t s  from t h e  o t h e r  two methods. Total  s u l f u r  in t h e  a sh  obtained from t h e  combus- 
t i o n  of coke-oil  and coke-sorbent-oil  agglomerates was a l s o  determined using x-ray 
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f luorescence spectrometry.  

of the t o t a l  s u l f u r  i n  t h e  o r i g i n a l  coke. 
The s u l f u r  f ixed  i n  t h e  a sh  during combustion is expressed a s  a percentage 

It was ca l cu la t ed  from t h e  equat ion:  

( 2 )  
Percentage w t .  of s u l f u r  in ash from y g of agglomerates 

Sulfur  f ixed  w t .  of s u l f u r  i n  y g of agglomerates 

Wt. of sulfur in ash 

w t .  of s u l f u r  in 

wt.  ash x % s u l f u r  i n  a s h  

w t .  agglomerates x % s u l f u r  i n  agglomerates 
100 

agglomerates 100 

Resul ts  and Discussion 
Sulfur  Determination. 
by: 
a r e  l i s t e d  i n  Table IV.  
agglomerates, but  each method gave a d i f f e r e n t  r e s u l t  f o r  coke- l imestone-oi l  
agglomerates with the mst s c a t t e r  being obtained with the  ASTM method. 
r ep roduc ih i l i t y  of the o the r  twa methods was s imi l a r .  
analyzer  gave lower s u l f u r  va lues  compared with t h e  x-ray f luo rescence  method. 
content ,  determined using x-ray f luorescence spectrometry,  was much c l o s e r  t o  the  
expected values.  Hence, a l l  t h e  r e s u l t s  discussed in t h i s  r epor t  a r e  based on t h e  
x-ray f luorescence spectrometry method. 

Su l fu r  con ten t s  of coke and coke agglomerates as determined 
AS'IM method D4239-83, Leco s u l f u r  ana lyze r  and x-ray f luo rescence  spec t romet ry  

The t h r e e  methods gave s i m i l a r  r e s u l t s  f o r  coke and coke o i l  

The 
However, t h e  Leco s u l f u r  

S u l f u r  

TABLE IV 
Comparison of Sulfur  Resul ts  Ohtained Using Di f f e ren t  Methods. 

Sample 

Suncor Coke 

Suncor Coke-Bitumen 
Agglomerates 

~~ 

Tota l  s u l f u r  To ta l  
Total  ox id i sab le  s u l f u r  ( a s  w/w% of o x i d i s a b l e  

(SO2 emit ted)  by ASTM agglomerates) s u l f u r  from 
Method ash* a n a l y s i s  

46OoC 75O0C 840°C 1000°C method method 460°C 1000°C 
x-ray Leco 

5.5f.0.1 5.3t0.2 - - 5.9f0.2 5.8S.1 - - 
( 4 )  (3)  ( 4 )  (4) 

(2 )  (2) (2) (3)  
5.8f.0.1 5.9t0.2 - 5.620.2 5.7 5.9W.1 5.8 5.7 

Suncor Coke- 4.75f.0.3 3.7S.2 
Limestone-Bitumen 
Agglomerates (3) 
Ca:S Mole r a t i o  0.6 

3.2 1.3 

*' 

Ca:S Pble  r a t i o  0.8 

I 
- 3.1 4 .23 .3  3 . 5 a . 4  3.2 1.3 

(3)  
1.8 

" 

Ca:S Mole r a t i o  2.6 
1.40f0.1 3.0t0.5 1.3 2.1f1.0 3.520.3 2.hS.1 2.2 0.9 

( 2 )  (3) ( 2 )  (10) 



reported t o  c a t a l y z e  t h e  s u l f a t i o n  r e a c t i o n  between CaO(s) and SOz(g) @]. 
analyses  of t h e  Suncor delayed coking coke and Syncrude f l u i d  coke a r e  presented in 
Table V below: 

Ash 

TABLE V 
Ash analyses  of the Cokes (wlw% of Ash) 

Coke I I Suncor delayed 
Coking Coke 

Total  Ash 
s iop  
*lZ03 
Fe203 
N i O  
v2°5 
TiOp 
CaO 

Nap0 
MgO 

K 2 0  

3 . 4  
42 
19 
23 

2 
5 
2 
3 
2 
1 
2 

8.0 
41 
22 
12 

1 
3 
3 
5 
2 
2 
2 

As Fep03 is one of t h e  major components of t he  a sh  from both cokes, s i g n i f i -  
can t  amounts of s u l f u r  r e t e n t i o n  by t h e  ash from these  cokes might be expected. 
However, no s i g n i f i c a n t  s u l f u r  r e t e n t i o n  by the  ash from e i t h e r  coke w a s  observed. 
Sulfur  r e t e n t i o n  by t h e  ash from Suncor coke ranges from 1-3% and f o r  Syncrude coke i t  
is i n  t h e  3-5% range. Although the Fe201 con ten t  of t he  a sh  from Suncor coke is about 
double t h a t  of the Syncrude coke, i t s  s u l f u r  r e t e n t i o n  i s  only ha l f  t h a t  of the 
Syncrude coke ash. This appears  t o  be more cons i s t en t  with the CaO content  of t h e  two 
ashes  and suggests  t h a t  CaO is  the  only r e a c t i v e  ing red ien t  f o r  s u l f u r  r e t en t ion  i n  
the  coke ash.  

However, cond i t ion ing  agen t s  were found t o  f a c i l i t a t e  agglomeration, probably by 
inc reas ing  t h e  w e t t a b i l i t y  of t h e  coke p a r t i c l e s  with r e spec t  t o  the  br idging o i l .  
The e f f e c t  was more pronounced f o r  Syncrude coke than f o r  Suncor coke. This was 
evident  from t h e  lower amount of br idging l i q u i d ' r e q u i r e d  t o  agglomerate Syncrude coke 
in t he  presence of cond i t ion ing  agents ,  i n  p a r t i c u l a r  o l e i c  ac id  and sodium o l e a t e .  
This  is cons i s t en t  w i th  t h e  f a c t  t h a t  Suncor delayed coke is more hydrophobic than  
Syncrude f l u i d  coke because of t h e  presence of a small amount (0 .4% by weight) of a 
benzene e x t r a c t a b l e  ma te r i a l  [11], 
Coagglomeration of Limestone wi th  Suncor Coke in t h e  absence of a condi t ioning Agent. 

dua l  agglomerates were only obtained when t h e  C a  t o  s u l f u r  ratio was < 1.2;  beyond 
t h i s  r a t i o  a u n i t a r y  phase r e su l t ed .  

t o  s u l f u r  molar r a t i o .  It i s  obvious from t h e s e  p l o t s  t h a t  t he  e f f i c i e n c y  of s u l f u r  
dioxide cap tu re  mainly depends on t he  calcium to  s u l f u r  mole r a t i o  i n  t h e  agglome- 
rates, and the  combustion temperature.  Considerably more s u l f u r  dioxide r e t e n t i o n  was 
obtained a t  1000°C than  a t  460°C. This i s  c o n s i s t e n t  with va r ious  published r e p o r t s  
[9,12-15J. 
explained on t h e  b a s i s  of s e v e r a l  mechanisms k]. 
s u l f u r  dioxide is n o t  w e l l  understood [16-17]. 
t he  r e a c t i o n  invo lves  two s t e p s .  The f i r s t  s t e p  is the  decomposition of calcium 
carbonate  ( c a l c i n a t i o n )  t o  carbon dioxide and calcium oxide: 

Condi t ioning agen t s  used d id  not a f f e c t  t h e  r e t e n t i o n  of s u l f u r  by ash. 

Suncor coke can be e a s i l y  coagglomerated with l imestone.  However, i n d i v i -  

F igu re  1, is a p l o t  of t he  percentage of t h e  s u l f u r  r e t e n t i o n  versus  calcium 

This  g r e a t e r  r e a c t i v i t y  of l imestone a t  h ighe r  temperatures  has been 

The d e t a i l e d  k i n e t i c  mechanism of t h e  r e a c t i o n  between carbonate  rock and 
However i t  is gene ra l ly  accepted t h a t  

CaC03(s) -) CaO(s) + Cop ( 9 )  ( 3 )  

The second s t e p  is t h e  r eac t ion  of s l l l fu r  dioxide and calcium oxide.  I n  the  
presence of excess a i r  t h i s  r e a c t i o n  produces CaS04(s): 
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However, with limited amounts or no air present the preferred product was 
temperature dependent [GI. 
thermodynamically stable CaSO,,*CaS was formed at higher temperatures as shown in 
reactions 5-7 below. 

At lower temperatures CaSOg was formed whereas the more 

4 CaO(S) + 4 SOz(g) -- 3 CaSO,(s) + C a S ( S )  ( 6 )  

cas(s) + 2 02(g) + CaSO,, ( 7 )  

The capacity of limestone to react with SO2 in a fixed bed reactor has been 
studied by various workers [9,12-15). 
is the controlling step at low temperatures, and the aulfation reaction is the 
controlling step at high temperatures. At low temperatures calcination is slow and 
hence overall conversion of limestone to CaSO w i l l  be low. As the temperature is 
raised the calcination rate w i l l  increase [18]. 
of calcination is so fast that the rate of Glfation dominates the overall reaction 
resulting in higher utilisation of sorbent. 

the agglomerates is increased a corresponding decrease in sulfur dioxide emissions 
during combustion of Suncor coke is achieved. For small values of the calcium to 
sulfur ratio there appears to be a linear correlation between sulfur dioxide capture 
and the calcium to sulfur mole ratio. This is consistent with the fluidized bed 
combustion studies of coals in presence of 1imestone.h this range, sulfur retention 
has been found to be related to the capacity of the stone and not its reactivity k]. 

It has been suggested that the rate of reaction between sulfur dioxide and 
limestone is strongly affected by the diffusion of the gaseous reactants u]. 
Because calcium sulfate has a molar volume about 3 times larger than that of calcium 
oxide, the accumulation of reaction product causes the sorbent porosity to decrease 
and the diffusional resistance to increase. When the pore mouths are filled with the 
reaction product, a considerable percentage of the interior of the pores become 
inaccessible to the gaseous reactants and the reaction stops. In addition it has been 
shown that the pore size distribution is affected by the temperature and COP partial 
pressure during calcination &I. 
re sure8 of CO fd. This is zonsistent with the observed lower degree of sulfur fixation at 46Ooc 
than at 1000°C. 

oxygen partial pressure during combustion at a particular temperature. Much higher 
sulfur retention values were obtained under excess air than under limited air at the 
same combustion temperature (460OC). This is because st lower temperatures, in the 
presence of excess air CaSO,, is formed which is thermodynamically more stable than the 
CaS03 preferentially formed in the presence of limited air. However, it is noteworthy 
that the results under discussion were obtained from two stage combustion as described 
in the experimental section. The initial combustion was carried out on a bunsen 
burner where the effective combustion temperature could have been considerably higher 
than 460"C, the temperature of the furnace for second stage of cornbustion. Hence, the 
effect noted above could be due to a combination of excess air and higher initial 
combustion temperature. 

required for agglomeration. However, the ratio of coke to bitumen does not affect the 
extent of sulfur retention by limestone. This suggests that limestone is a good 
sorbent for sulfur emissions from both bitumen and coke. 

It has been found that the calcination reaction 

At the optimum temperature the rate 

Results summarized in Figure 1 demonstrate that as the limestone content of 

At higher temperatures and under higher partial 
higher rates of reactions between SO2 and CaO have been reported 

The sulfur retention by limestone was also found to be affected by the 

With increasing amounts of limestone. greater quantities of bitumen were 
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The Ef fec t  of Combustion Temperature on t h e  Retention of SO, by Ash from Suncor 
Coke-Limestone Agglomerates. 

As d i scussed  above, t he  capture  of s u l f u r  dioxide by the sorbent  is a f f e c t e d  
by t h e  combustion temperature.  
were ashed a t  460"C, 75OoC and 1000°C in orde r  t o  f i n d  the optimum cornbustion tempera- 
t u r e  for maximum s u l f u r  r e t en t ion .  Resul ts  a r e  summarized in Figure 2. These r e s u l t s  
a r e  d i f f e r e n t  from t h e  r e s u l t s  shown in Figure 1 in t h a t  t h e s e  were obtained using 
sodium hydroxide as a condi t ioning agent.  It i s  obvious from these  r e s u l t s  t h a t  
maximum r e t e n t i o n  i s  achieved around 750°C t o  1000°C. However, an ashing temperature  
of 1OOO'C w a s  s e l e c t e d  fo r  subsequent work because t h i s  is c lose r  t o  t h e  temperatures  
used in a c t u a l  combustion equipment. 

A t  h ighe r  temperature  s u l f u r  r e t e n t i o n  is almost independent of t h e  calcium 
t o  su l fu r  mole r a t i o  in t he  range inves t iga t ed .  Almost 70% s u l f u r  r e t e n t i o n  can be 
achieved with a Ca t o  s u l f u r  mole r a t i o  of 0.6. This can be explained on t h e  b a s i s  of 
much f a s t e r  r a t e s  of r eac t ions  f o r  both c a l c i n a t i o n  and s u l f a t i o n  as well as pore 
plugging a t  h ighe r  temperatures  as discussed above k, 16-17,19 1. 
t u r e s ,  s u l f u r  r e t e n t i o n  is propor t iona l  t o  t h e  Ca t o  S =ratio. 
been due t o  t h e  g r e a t e r  thermal s t a b i l i t y  of &SO,, at lower temperatures.  

A t  460"C, f o r  a p a r t i c u l a r  Ca t o  S mole ratio t h e  ex ten t  of s u l f u r  r e t e n t i o n  
was mch  h ighe r  i n  excesa a i r  than i n  l imi t ed  air. 
pressure a t  h ighe r  temperatures  was i n s i g n i f i c a n t .  This can  be explained on t he  b a s i s  
of t he  formation of thermodynamically more s t a b l e  CaSO,, in excess a i r  a t  l o w  tempera- 
t u r e  and under any cond i t ions  at  higher  temperatures  as a g a i n s t  thermodynamically less 
s t a b l e  Cas03 obtained a t  low temperatures in l imi t ed  a i r .  Calcium s u l f i t e  w i l l  
decompose above 400'C according t o  t h e  equat ion:  

The samples of coke agglomerates con ta in ing  l imestone 

For lower tempera- 
This could have 

i 
Ihe e f f e c t  of oxygen par t ia l  

The Ef fec t  of Condi t ioning Agents on Sul fu r  Dioxide Capture by Limestone. 
In a recen t  pub l i ca t ion  i t  has been reported t h a t  when sodium was deposi ted 

on CaO, t h e r e  was a s i g n i f i c a n t  i nc rease  in SO2 adsorpt ion,  and adsorpt ion inc reased  
wi th  inc reas ing  sodium depos i t i on  [E]. The presence of sodium was suggested t o  have 
ac t iva t ed  t h e  CaO s u r f a c e  f o r  SOp adsorpt ion due t o  t h e  formation of Na-C-Ca spec ie s .  
In order t o  i n v e s t i g a t e  t h e  e f f e c t  of sodium on SO2 cap tu re  by l imestone, Suncor coke 
was coagglomerated with l imestone in t he  presence of va r ious  concen t r a t ions  of sodium 
hydroxide,  sodium o l e a t e  and a sodium sal t  of a petroleum s u l f o n a t e  (Witco TRS 10/80). 
The e f f e c t  of t h e s e  a d d i t i v e s  on t he  r e t e n t i o n  of s u l f u r  d iox ide  by l imestone has been 
i l l u s t r a t e d  in Figure  3. 

The a d d i t i o n  of a l l  t h r e e  condi t ioning agen t s  improved t h e  coagglomeration 
of t he  components, r e s u l t i n g  in t h e  use of smaller  q u a n t i t i e s  of bitumen, e s p e c i a l l y  
a t  higher  Ca t o  s u l f u r  mole ratios. This could have been due to  t h e  improved 
w e t t a b i l l t y  of t h e  components towards the br idging oil as  a r e s u l t  of t he  use of 
s u r f a c t a n t s  or by in s i t u  formation of s u r f a c t a n t s  by r e a c t i o n  between the  a l k a l i  and 
c e r t a i n  bitumen components. 

achieved when t h e  agglomerates were prepared i n  t h e  presence of t h e s e  add i t ives .  This 
e f f e c t  was more pronounced f o r  t h e  higher  Ca t o  s u l f u r  r a t i o s .  The r e l a t i v e  effec-  
t iveness  of t he  t h r e e  a d d i t i v e s  was e s s e n t i a l l y  iden t i ca l .  As a l l  t h r e e  a d d i t i v e s  
were sodium sal ts  i t  is poss ib l e  t h a t  the observed improvement was owing t o  sodium 
a c t i v a t i o n  of ca l c ined  l imestone [ZO]. 

experiments c a r r i e d  ou t  i n  t h e  presence of add i t ives ,  compared with the  blank experi-  
ments. It appears  that t h e  t h r e e  a d d i t i v e s  a l l  have the  a b i l i t y  t o  d i s t r i b u t e  
l imestone uniformly wi th in  t h e  agglomerates.  Overal l  s u l f u r  cap tu re  by l imestone was 
independent of t h e  concen t r a t ion  of t he  va r ious  addi t ives .  This is c o n s i s t e n t  with 
t h e  presumed c a t a l y t i c  na tu re  of t hese  add i t ives .  
Coagglomeration o f  Suncor Coke wi th  Lime. 

was considerably more d i f f i c u l t  than with l imestone,  r e s u l t i n g  in a u n i t a r y  phase i n  
most cases.  Ce r t a in  bitumen components ( ca rboxy l i c  ec ids )  a r e  known t o  i n t e r a c t  

As can be seen from t h e  p l o t s  in Figure 3, b e t t e r  s u l f u r  capture  was 

It is a l s o  apparent  t h a t t h e r e  is a reduced s c a t t e r  i n  t h e  da t a  po in t s  f o r  

Coagglomeration of Suncor coke wi th  lime was a l s o  attempted. This procedure 
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s t rong ly  with calcium ions. 
calcium atoms a t  t he  s o l i d  su r face  appears  t o  occur r ead i ly .  This r e s u l t s  i n  a hydro- 
phobic su r face  e a s i l y  we t t ab le  by the  o i l ,  a l lowing co-agglomeration with t h e  na tu ra l -  
l y  hydrophobic coke. Lime, however, r e a c t s  s t rong ly  with water and t h i s  r e a c t i o n  
probably OCCUKS i n  preference t o  i n t e r a c t i o n  with t h e  a c i d i c  bitumen components. 
Thus, t he  l i m e  su r f ace  does not become properly condi t ioned by the bitumen and 
co-agglomeratian does not  r ead i ly  Occur. 

The e f f e c t  of calcium t o  Su l fu r  mole r a t i o  on t he  r e t e n t i o n  of s u l f u r  
dioxide by l ime is i l l u s t r a t e d  i n  Figure 4. As is evident  the degree of s u l f u r  
dioxide r e t en t ion  inc reases  with inc reas ing  amounts of l i m e  in t he  agglomerates up to  
about 90% a t  a calcium t o  s u l f u r  mole Katio of about 2. Rela t ive ly  low d a t a  s c a t t e r  
i n  Figure 4 suggests  a uniform d i s t r i b u t i o n  of l i m e  w i th in  the agglomerates.  

excess  a i r  on the  r e t e n t i o n  of s u l f u r  by lime. Again. considerably h ighe r  s u l f u r  
r e t en t ions  were achieved a t  1000°C than a t  460'C. This e f f e c t  is  i d e n t i c a l  t o  t h e  one 
noted f o r  l imestone. It is a l s o  c o n s i s t e n t  with t h e  published r e s u l t s  f o r  t h e  
f lu id i zed  bed combustion s t u d i e s  with s i m i l a r  systems b, 12-15]. However, c o n t r a r y  t o  
t h e  l imestone case. where s u l f u r  cap tu re  was  found t o  be independent of t h e  calcium t o  
s u l f u r  mole ra t io  in t h e  h ighe r  r a t i o  range, s u l f u r  cap tu re  by l i m e  is dependent on 
t h e  calcium t o  s u l f u r  mole r a t i o  a t  a combustion temperature of 1000°C. This could be 
p a r t l y  due t o  the d i f f e r e n c e  in t h e  r e a c t i v f t i e s  of uncalcined and precalcined 
l imestone a t  higher  temperatures @]. It has been found tha t  t he  capac i ty  of 
uncalcined l imestone t o  r e a c t  with SO,(g) reached an optimum near 900°C while  t h e  
capac i ty  of precalcined l imestone decreased with inc reas ing  temperature above 700°C. 
Higher r e a c t i v i t y  of uncalcined l imestone a t  h ighe r  temperatures is s a i d  t o  be due t o  
t h e  higher  p a r t i a l  p re s su re  of CO (g)  produced from the  c a l c i n a t i o n  r e a c t i o n  k]. 
pronounced f o r  t h e  Syncrude f l u i d  coke-lime system than f o r  t h e  Suncor delayed coking 
coke-lime system. 
t h e  cokes. 
feed than during delayed coking (DC) E]. 
combustion temperatures than t h e  FC coke. 

Another important observat ion r e l a t i n g  t o  t h e  temperature e f f e c t  is t h a t  
maximum s u l f u r  dioxide r e t e n t i o n  was obtained near  750'C f o r  lime i n  c o n t r a s t  t o  a 
value of 1000°C f o r  l imestone. This  is c o n s i s t e n t  with t h e  published d a t a  of va r ious  
authors  who found t h a t  t h e  optimum s u l f a t i o n  temperature  f o r  uncalcined p a r t i c l e s  is  
gene ra l ly  higher  than t h a t  f o r  ca l c ined  p a r t i c u l e s  of t h e  same material &I. 
a t  This is con t ra ry  to the e f f e c t  noted f o r  
l imestone. The presence of excess  a i r  w i l l  lead t o  the  formation of thermodynamically 
s t a b l e  CaSO,, i n  both cases .  
with the  extent  of r e a c t i o n  due t o  pore plugging [16-17]. 
pore plugging is slower i n  t h e  presence of CO, produced from t h e  c a l c i n a t i o n  of 
l imes tone.  
CoagKlaneration of Suncor Coke w i t h  Hydrated Lime. 

prepared i n  t h e  l abora to ry  under d i f f e r e n t  condi t ions as l i s t e d  i n  Table 111, compared 
with the  reagent grade Ca(OA),. 
Suncor coke by hydrated l ime l ead  t o  va r ious  observat ions.  

As with lime maximum s u l f u r  dioxide r e t e n t i o n  was achieved near  750'C f o r  
reagent grade &(OH)* i n  c o n t r a s t  t o  t he  maximum near  1OOO'C f o r  t h e  l abora to ry  
prepared samples of hydrated l i m e .  
same sorbent  obtained from d i f f e r e n t  sources  is  not well understood. However, t h i s  
behavior is c o n s i s t e n t  w i th  t h e  f l u i d i z e d  bed combustion s t u d i e s  of s u l f u r  r e t e n t i o n  
by l imestone and dolomite. 
in f lu id i zed  bed combustion depends on t h e  s p e c i f i c  l imestone o r  dolomite  employed 
[g' 

Whereas sodium o l e a t e  was  found t o  be b e n e f i c i a l  i n  t h e  agglomeration of 
l abora to ry  prepared samples of hydrated l ime, none of t h e  a d d i t i v e s  a f f e c t e d  e i t h e r  
t h e  r e t e n t i o n  of SO2 o r  agglomeration of t he  reagent  grade &(OH),. This suggests  

For l imestone,  chemisorption of these components to 

Figure 5 demonstrates t h e  e f f e c t  of combustion temperature and amount of 

The temperature e f f e c t  $0, s u l f u r  dioxide r e t e n t i o n  by l ime is more 

This r e f l e c t s  t h e  d i f f e rences  i n  the  condi t ions during formation of 
During f l u i d  coking (FC), more v o l a t i l e  ma t t e r  is removed from the  bitumen 

As a r e s u l t  DC coke may r e q u i r e  lower 

Excess a i r  had a negat ive e f f e c t  on t he  r e t e n t i o n  of s u l f u r  d iox ide  by l ime 
combustion temperature  of 46OoC. 

However, t he  r a t e  of s u l f a t i o n  r eac t ion  will dec rease  
It is probable  t h a t  t h i s  

It was r e l a t i v e l y  easy t o  coagglomerate t h e  samples of hydrated l ime 

The r e s u l t s  f o r  t h e  r e t en t ion  of s u l f u r  d iox ide  from 

The reason f o r  t h i s  d i f f e r e n c e  i n  behavior of t h e  

It has 'been reported t h a t  t h e  maximum i n  S u l f u r  r e t en t ion  
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t h a t  reagent grade 
t h i s  work. 

is t he  l e a s t  hydrophobic among the  so rben t s  i nves t iga t ed  in 

Also, decomposition of Ca(OH)2 poss ib ly  produced r eac t ive  CaO 

Ca(OH)p(s) 4 CaOb) + H20(g) [9 1 
Water vapour and oxygen have been found t o  show a s i m i l a r  e f f e c t  on the  oxida t ion  r a t e  
of &SO3 t o  &SO, [24]. Figure  6 is a graphic  r ep resen ta t ion  of t hese  r e s u l t s .  There 
is a linear c o r r e l a t i o n  between the  amount of s u l f u r  r e t e n t i o n  and the  mole r a t i o  of 
calcium t o  s u l f u r  in the agglomerates. About 90% s u l f u r  r e t e n t i o n  can be achieved 
with a calcium t o  s u l f u r  mole r a t i o  of 1.2. Coke t o  bitumen r a t i o  does not appear t o  
a f f e c t  t h e  r e a c t i v i t y  o r  capac i ty  of hydrated lime f o r  SO2 capture.  This sugges ts  
t h a t  hydrated l i m e  is an e f f e c t i v e  sorbent f o r  s u l f u r  d ioxide  from bitumen a s  well a s  
from coke. 

ove ra l l  r e t e n t i o n  of s u l f u r  d ioxide  by hydrated lime. T h i s  is cont rary  t o  the  e f f e c t  
noted f o r  CaO and limestone. Since water vapor and oxygen have a s i m i l a r  e f f e c t  on 
t he  oxida t ion  r a t e  of CaS03 t o  CaSO, [SI, the need f o r  add i t iona l  air  w i l l  be elimi- 
nated, Also, i t  could be poss ib l e  t h a t  water vapor prevents  t he  pore plugging t h a t  
produced a negat ive  e f f e c t  f o r  CaO in the  presence of excess  a i r ,  l ead ing  t o  almost 
s to i ch iomet r i c  u t i l i s a t i o n  of t he  sorbent.  This w i l l  a l s o  expla in  the  l i n e a r  r e l a -  
t i onsh ip  between t h e  ex ten t  of s u l f u r  d ioxide  r e t e n t i o n  and the  amount of hydrated 
l i m e  i n  t h e  agglomerates.  
Coagglomeration of Syncrude Fluid Coke wi th  Lime/Limestone. 

In order  to  a s s e s s  the  e f f i c i ency  of t h i s  process  f o r  c o n t r o l l i n g  s u l f u r ,  
d ioxide  emissions from t h e  combustion of va r ious  types  of cokes,  coagglomeration of 
Syncrude f l u i d  coke with lime o r  l imestone was a l s o  attempted. The r e s u l t s  were 
e s s e n t i a l l y  i d e n t i c a l  t o  those  observed f o r  Suncor coke. The e f f i c i e n c i e s  of s u l f u r  
d ioxide  r e t e n t i o n  from the  combustion of Syncrude coke by l imestone and l i m e  can be 
compared with the  r e s u l t s  presented in Figure 7. Although, both curves  fo l low essen- 
t i a l l y  t h e  same t r e n d ,  i t  is obvious from the  r e s u l t s  t h a t  l imestone is a more 
e f f i c i e n t  sorbent ,  compared with lime, over the  e n t i r e  range of calcium t o  s u l f u r  
r a t io s .  
t h e  in s i t u  c a l c i n a t i o n  r eac t ion  The e f f e c t  of pore s i z e  is known t o  be 
s i g n i f i c a n t  i n  determining the  r a t e  a s  well as  the  ex ten t  of r eac t ion  between SO2 and 
CaO. It has been found t h a t  smal l  pores in t he  ca l c ines  r e su l t ed  in high r a t e s  of 
r eac t ions  and low o v e r a l l  conversions due t o  pore pluggin , while l a r g e  pores caused 
lower r a t e s  of r eac t ion  wi th  h igher  conversions [17.21,25~. It is probable t h a t  t he  
f r e sh ly  ca lc ined  l imes tone  p a r t i c l e s  have b igger  pores than  the  CaO used. This is a 
very  important r e s u l t  a s  t h e  a b i l i t y  t o  use  a cheap and r e a d i l y  ava i l ab le  ma te r i a l  in 
its na tu ra l  form has  a cons iderable  economic s ign i f i cance .  The c o s t  r a t i o  of lime t o  
l imestone on a molar bas i s  nay vary from 2 t o  4 depending on the  t r anspor t a t ion  
d i s t ance  [26].  Even the c o s t s  f o r  t r anspor t a t ion  and handling of l imestone tends t o  
be lower t G n  f o r  lime s i n c e  i t  can be t ranspor ted  i n  open trucks.  

Resul t s  d i scussed  so f a r  have demonstrated t h a t  coagglomerating cokes wi th  
such  s u l f u r  capture  agents  a s  l imestone, lime and hydrated lime could be an e f f e c t i v e  
way fo r  c o n t r o l l i n g  s u l f u r  d ioxide  emissions from the  combustion of these  cokes. In 
Figure 8 a comparison of t h e  e f f i c i ency  of t h i s  process  in terms of s d f u r  r e t e n t i o n  
by the ash  has been made f o r  t he  two cokes inves t iga t ed .  
t h a t  although t h i s  process  is e f f e c t i v e  f o r  both cokes it is s l i g h t l y  more e f f i c i e n t  
f o r  Syncrude coke compared with Suncor coke s p e c i a l l y  a t  h ighe r  calcium t o  s u l f u r  
r a t io s .  Thus, a t  a calcium t o  su l fu r  mole r a t i o  of about 1: l  over 90% s u l f u r  
r e t en t ion  can be achieved f o r  Syncrude coke compared with over 80% s u l f u r  r e t e n t i o n  
f o r  S n c o r  coke. 
g a s i f i c a t i o n  r e a c t i v i t y  of Syncrude f l u i d  coking coke compared with t h a t  of Suncor 
delayed coking coke &]. 
coke, Is s u r p r i s i n g  as t h e  former was subjec ted  t o  more seve re  treatment in the  coking 
process.  However, no reason  f o r  t h i s  r e a c t i v i t y  d i f f e r e n c e  has  been suggested. 

The presence of excess a i r  does not have any s i g n i f i c a n t  e f f e c t  on the 

This could be a t t r i b u t e d  t o  the  h igher  po ros i ty  and r e a c t i v i t y  produced by 
/16,17]. 

It is obvious from the  p l o t s  

This d i f f e r e n c e  nay be due t o  t h e  r epor t ed ly  h igher  bulk 

Higher r e a c t i v i t y  of f l u i d  coke, compared with delayed 

428 





Comparative e f f i c i e n c i e s  of t h e  t h r e e  so rben t s  i nves t iga t ed ;  l i m e ,  hydrated 
lime and l imestone have been i l l u s t r a t e d  in t h e  p l o t s  shown i n  Figure 9.  These 
r e s u l t s  were obtained i n  t h e  presence of condi t ioning agents  t h a t  a c t i v a t e  the  sorbent  
as discussed above. It i s  obvious from these p l o t s  t h a t  a c t i v a t e d  l imestone is  t h e  
most e f f i c i e n t  in i t s  capac i ty  t o  r e t a i n  S O z .  Lime and hydrated lime both have compa- 
r ab le  e f f i c i e n c i e s  f o r  low calcium t o  s u l f u r  r a t i o s  (up t o  1.0). However, in t h e  
range of Ca t o  S ratios beyond 1, hydrated l i m e  appears  t o  be more e f f i c i e n t  than 
l i m e ,  approaching in e f f i c i e n c y  t o  tha t  observed f o r  ac t iva t ed  l imestone. The 
observed higher  e f f i c i e n c y  of ac t iva t ed  l imestone f o r  SOz r e t e n t i o n  i s  of considerable  
s ign i f i cance  because of i ts  a l r eady  mentioned economic advantage over  t h e  o t h e r  
sorbents .  

c i a l  e f f e c t  on the  leaching of nickel  and vanadium from coke a s h  using hydroch lo r i c  
acid.  Hence, coagglomeration of coke wi th  calcium compounds w i l l  have the  added 
advantage t h a t  t he  ash from these  agglomerates would be more s u i t a b l e  f o r  mild a c i d  
leaching than the  a sh  from coke alone. 

In a f l u i d i z e d  bed combustion of coa l  the amount of so rben t  required t o  
achieve a given r educ t ion  in s u l f u r  dioxide emissions mainly depends on t he  gas 
r e t e n t i o n  t i m e  in t he  bed and consequently the  flow r a t e  of air .  However, in t h e  
present case,  where t h e r e  is i n t ima te  con tac t  between f u e l  and sorbent  within a n  
agglomerate matr ix .  s u l f u r  d iox ide  has t o  d i f f u s e  out through t h e  agglomerate po res ,  
contact ing so rben t  du r ing  i t s  passage, before  coming in con tac t  with t h e  f l u i d i z i n g  
air .  Hence, one might expect g r e a t e r  u t i l i z a t i o n  of t h e  so rben t  i n  t h i s  l a t t e r  ca se  
compared t o  f l u i d i z e d  bed combustion where sorbent  is added s e p a r a t e l y  t o  the  bed. A 
comparison of t h e  r e s u l t s  from t h i s  i nves t iga t ion  with the  d a t a  from some prel iminary 
experiments on the  s imulated f lu id i zed  bed combustion of Suncor coke does suggest  a 
g r e a t e r  e f f i c i e n c y  f o r  coagglokerated so rben t s  compared t o  a s imple mixture  of 
components. Details of these  f indings will be presented elsewhere.  
Conclusions 

According to the  f ind ings  of Schneider and George [ 7 1  calcium has  a benefi-  

(1)  There is no s i g n i f i c a n t  s u l f u r  r e t en t ion  by the  o r i g i n a l  a s h  from the  Athabasca 
bitumen cokes.  
Cokes produced du r ing  t h e  upgrading of Athabasca bitumen can be success fu l ly  
coagglomerated wi th  s u l f u r  dioxide capture  agents such as:  l i m e ,  hydrated l i m e  
and l imestone as a means of reducing sulfur emissions. On combustion, mst of 
the s u l f u r  remains in t h e  recovered ash from these  agglomerates i n s t e a d  of 
escaping t o  t h e  atmosphere as SOz.  
ASTM method D 4239-83 is no t  s a t i s f a c t o r y  f o r  measuring t h e  s u l f u r  dioxide 
emissions from t h e  combustion of coke-limestone agglomerates.  
Decrease in t h e  s u l f u r  dioxide emitted on combustion of t h e  coke-sorbent agglome- 
r a t e s  depends on such v a r i a b l e s  a s  the calcium t o  s u l f u r  mole ratio. combustion 
temperature,  p a r t i a l  p re s su re  of oxygen, condi t ioning agen t s  and t h e  type of coke 
and sorbent .  
The quan t i ty  of t h e  s u l f u r  dioxide capture  agents  required f o r  coagglomeration 
with coke depends on t h e  degree of s u l f u r  removal desired.  The dec rease  in t h e  
s u l f u r  d iox ide  formed on combustion inc reases  with inc reas ing  q u a n t i t i e s  of 
add i t ive ,  u n t i l  f u r t h e r  add i t ive  confe r s  no add i t iona l  bene f i t .  Thus over 80-90% 
r educ t ions  in s u l f u r  d iox ide  emissions can be achieved with a calcium t o  s u l f u r  
mole ra t io  of approximately 1:l. 
Combustion temperature  had a profound e f f e c t  on t h e  r e t e n t i o n  of s u l f u r  d iox ide  
by so rben t s .  In g e n e r a l ,  a t  higher  temperatures more s u l f u r  d iox ide  r e t e n t i o n  
was achieved than a t  lower temperatures.  However, t h e  optimum temperature a t  
which maximum s u l f u r  r e t e n t i o n  could be ohtained v a r i e s  w i th  the  type of 
sorbent.  
A t  lower combustion temperatures ,  t h e  presence of excess  a i r  had a b e n e f i c i a l  
e f f e c t  on t he  r e t e n t i o n  of s u l f u r  i n  the  coke-limestone system, and a negat ive 
e f f e c t  in t h e  coke-lime system. For t h e  coke-hydrated l i m e ,  presence of excess  
air does no t  a f f e c t  the o v e r a l l  conversion. 
Conditioning agen t s  such as sodium hydroxide,  sodium o l e a t e  and a petroleum 
su l fona te  had a b e n e f i c i a l  e f f e c t  both on agglomeration and on t he  ex ten t  of 
Su l fu r  d iox ide  capture .  
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(9) Coagglomeraion of Athabasca bitumen cokes with l ime, hydrated lime or l imes tone  
is an e f f e c t i v e  d e s u l f u r i z a t i o n  method. However, Syncrude f l u i d  coke gave 
s l i g h t l y  b e t t e r  results than Suncor delayed coke. 

economic advantage a s  l imestone is 2-4 times cheaper than lime. 
(10) Activated l imestone is a s l i g h t l y  more e f f i c i e n t  sorbent than l i m e .  This has a n  

Acknowledgments 
The au thors  wish t o  thank P. Maxwell, Martin Lepage, Mrs. M.R. Miedema and 

F.W. Meadus f o r  some t echn ica l  a s s i s t ance ;  R.D. Coleman and Roger La f l eu r  of EMR f o r  
k indly  uroviding access  t o  a Leco s u l f u r  analyzer.  . .  
Li te ra tu re  Cited 

1. George, Z.M.; Kessick. M.A. Prep. 32nd Can. Chem. Engin. Conf. 1982, 712. 
2. Parmar, B.S. and Tol le fson ,  E.L. Can. J. Chem. Engin. 1977, E, 185. 
3. Hall, E.S.; Tollefson, E.L.; George, Z.M. and Schneider, L., Can. J. Chem. 

4. Phi l l i p s ,  R.C.,; Chao, K.S. Fuel, 1977, 56, 70. 
5. Anthony, E.J.; Desai, D.L.; F r i ed r i ch ,  F.D. Canmet Report No. ERPIERL 81-27, 

Engin. 1982. E, 418. 

1981. 
6. Lee, D.C.; Georgakis, C. AIChem. Engin. J . ,  1981, 472. 
7. Alberta Committee on O i l  Sands Analysis. Bitumen Round Robin No. 2. Dean 

8. Majid, A.; Ripmeester, J.A. and Sparks, B.D. Proc. 4th I n t e r n a t i o n a l  Symposium 

9. Christman. P.G. Ph.D. Thesis,  The Univers i ty  of Texas a t  Austin,  1981. 

Wallace, Chairman, Alher ta  Research Council, February, 1983. 

on Agglomeration, 1985, 927. 

10. Yang, R.T.; Shen, M.; Sheinberg, M. Environ. S c i .  Technol., 1978, 12 (a), 915. 
11. Jack, T.R.; Su l l ivan ,  E.A. and Zaj ic ,  J.E. C I M  Bu l l e t in ,  1980, 1 5 1 7  

I 12. Hatf ie ld .  J.D.; Kim, Y.K.; Mullins,  R.C. and McClellan, G.H. NTIS Pub l i ca t ion ,  
no PB202407, 1970. 

13. Pot t e r ,  A.E.. Ceramic Bu l l e t in ,  1969. d8<9), 855. 
14. O'Neill, E.P.; Keairns,  D.L. and K i t t l e ,  W.F. Thennochimica Acta, 1976, 14, 

209. 
15. Roberts,  A.G.; Stanton, J.E.; Wilkins, J.M.; Beacham, B. and Hoy, H.R. 

16. Sorgwardt, R.H. Environ. Sci. and Techn., 1970. 6(1), 59. 
17. Borgwardt, R.H. and Harvey, R.D. 
18. Hills, A.W.D. Chem. Engin. Sci. .  1968, 2, 297. 
19. Hoke, R.C.; Nutkis,  M.S. and Kinz ler ,  D.D. Proc. F lu id ized  Bed Technology 

Exchange Workshop, 1977, 157. 
20. R.V. Siriwardane and J.M. Cook, J. Coll .  In t e r f ace  S c i . ,  1986. 114, 525. 
21. Uler ich ,  N.H.; O'Neill ,  E.P. and Keairns,  D.L., Thermochimica Acta, 1978, 2, 

269. 
22. Furimsky, E. Fuel Processing Technology, 1985, 11, 167. 
23. Berenak, J., Proc. of Control of gaseous s u l f u r  compound emiss ions ,  I n t r .  Conf., 

24. Karlsson. H.T.; Bengtsson, S.; Bjerle, I.; Klingsper,  J.; Nilsson, L.I. and 

Fluidized Combustion Conference, 1975. 

1973, 2. 
Stronberg,  A.M. Proc. In t e rna t iona l  Conference on Processing and U t i l i z a t i o n  of 
High Sul fur  Coals, 1985, 389. 

25. O'Neill ,  E.P.; Ulerich,  J .H. ;  Keairns, D.L.; Newby, R.A. and Archer, D.H. Proc. 
Fluidized Bed Technology Exchange Workshop, 1977, 371. 

26. Mil l e r ,  J.F.; Oxley, J.H.;  Rosenberg, H.S. and Nusum, H.K. Proc. I. 
In t e rna t iona l  Conference on Processing and U t i l i z a t i o n  of High Su l fu r  Coals,  
1985, 575. 

27. Schneider,  L.G. and George, Z.M. Ext. Metal. Conf. 81, I n s t i t e  Min. Metall .  
London, 1981. 

Figure Captions. 
Figure 1. Calcium t o  s u l f u r  r a t i o  e f f e c t  on S O p  capture  by 1 i m e s t o n e o A s h i n g  

temperature 460°C in excess a i r ;  O a s h i n g  temperature 1OOO'C in l imi t ed  
a i r .  
The e f f e c t  of ash ing  temperature on SO2 capture  by l imestone. 0460°C, 
l imi ted  a i r .  .46O0C, excess  a i r ,  A750°C, excess a i r  and 0 l O O O ' C  l i m i t e d  
a i r .  

Figure 2. 
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Figure 3. The e f f e c t  of va r ious  condi t ioning agents  on t h e  r e t e n t i o n  of s u l f u r  - -  
d iox ide  b l imestone. 

0, b l a n k ; b ,  NaOH; 0, sodium o l e a t e  and a, TRS 10/80. 
Figure 4. calcium to  s u l f u r  r a t i o  e f f e c t s  on t he  r e t e n t i o n  of s u l f u r  dioxide bv 

lime. 
Figure 5 .  The e f f e c t  of ashing temperature on SO2 ca t u r e  

symbols f o r  Syncrude coke; c l o s e  symbols, Suncor coke. 
Calcium to s u l f u r  r a t i o  e f f e c t  on S O p  cap tu re  by hydrated l i m e .  
The SO* cap tu re  e f f i c i e n c i e s  of l imestone vs l i m e o ,  limestone;. Lime; 
from Syncrude coke. 
E f f i c i ency  of SO2 capture;  Suncor coke vs Syncrude coke. @,A, l i m e ;  0, hydrated 1 i m e ; n . A .  Syncrude colce;0,.,8, Suncor coke. 
Comparative SO2 cap tu re  e f f i c i e n c i e s  of va r ious  so rben t s  f o r  Suncor coke. 

0, 11mestoneA..  l i m e ; O ,  hydrated l i m e .  

l i m i t e d  a f r ; d , A ,  46OoC, excess  a i r  andd,., 

Figure 6. 
Figure 7. 

Figure 8. 

Figure 9. 

,A, l imestone;  
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I 

KINETICS AND MECHANISM OF THERMAL DeNOx: A REVIEW 

Richard K. Lyon 

Energy and Environmental Research Corp. 
1090 King Georges Post Road 

Edison, NJ 08037 

In 1972 the author, then with Exxon Research and Eng. Co. 
(ERE), discovered a new chemical reaction, the gas phase homogeneous 
reduction of NO to N2 and H20 by NH3, in the presence of 02 (1,2,3). 
This reaction was both rapid and highly selective, 1.e. with reaction 
times of 0.1 sec or less NO could be nearly quantitatively reduced by 
equimolar amounts of NH3 in the presence of 02 concentrations orders 
of magnitude greater than the NO. The discovery of this reaction made 
possible a new and remarkably simple method of controlling the 
emissions of NOx from stationary sources such as utility boilers and 
industrial process furnaces, the Thermal DeNOx process. One simply 
found the location in the unit at which the temperature was 
appropriate to the reaction and installed there a grid to inject NH3 
into the hot flue gas. To date this process has had upwards of 60 
commercial applications and in recent instances NO reductions in 
excess of 90% have been achieved. 

One factor which helped make this success possible was the 
development of a predictive kinetic model, i.e. a model which 
described the kinetics of the reaction in terms of elementary reaction 
rate constants and which could be used to accurately predict the 
performance of the process in any given practical application. The 
model is routinely used in the engineering design of new Thermal DeNOx 
installation. To the author’s knowledge this is the first instance in 
which a model based on elementary reaction rate constants has been so 
used. This success was the culmination of the efforts of workers both 
within and outside of ERE but this success has recieved less attention 
than it might have otherwise. Several papers and meeting 
presentations have outlined the general nature of the model 
(4,5,6,7,8), but the actual model itself has been disclosed only in 
one somewhat obscure patent ( 9 ) .  In this review the DDHL model will 
be discussed and compaared with models published by others. 

The other models of interest were developed by Hanson and 
Salimian with subsequent refinement by Hanson and Kimball-Linne 
( l O , l l ) ,  by Miller, Branch and Kee (12), and by Silver, Gozewski and 
Kolb (13), hereinafter the H&K, MBK, and SGK models, respectively. 
Silver and Kolb (14) also measured the rate constant of the NH2 + NO 
reaction at elevated temperatures. Miller et al. are to be credited 
with proposing on purely theoretical grounds that the second channel 
of the NH2 + NO reaction does not directly yield N2 + H + OH but 
rather N2H + OH, a suggestion later supported experimentally by 
Andresen et al. (15). It is to be noted that both of these 
contributions were incorporated into the DDHL model. 
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A principal difference among these modeling efforts was the 
extent to which experimental data on the kinetics of the NO - NH3 - 02 
reaction were available to the modelers. The MBK and SGK models are a 
prior models, i.e. in the development of these models if the rate 
constant of a reaction was unknown, it was estimated on purely 
theoretical grounds without any effort to choose a value that would 
make the model fit the data. Both these models were successful in 
qualitative terms in that they showed the appropriate trends when 
compared to the limited data of Muzio et al. (16). In the H&K model, 
however, the model seeks to provide a truly quantitative description 
of the reaction kinetics. Hanson and Kimball-Linne set up a 
laboratory scale combustor and generated a block of data showing the 
kinetics of the Thermal DeNOx process for initial temperatures ranging 
from 1258  K to 1548 K and initial [NO] and [NHJl ranging from 141 to 
387 ppm and 70 to 556 ppm, respectively. Since the combustor was 
operated at a constant air/fuel equivalence ratio of 0.9, neither E021 
nor [HZO] were varied. Sensitivity analysis was done on the model and 
the rate constants of reactions which were uncertain and sensitive 
were adjusted to fit the data. Figure 1 shows an example of the 
model’s fit to the data. 

The DDHL model was developed in a similar manner, i.e. flow 
tube experiments were done with synthetic gas mixtures to develop two 
data bases, one relating to the oxidation of NH3 in the initial 
absence of NO (T = 1279 to 1323 K, [NH3] = 900 ppm, [OZ] = 2 to 8% and 
rH201 = 0 o r  1%) and the second larger data base relating to the 
reduction of NO by NH3 (T = 1120 to 1390 K, C021 = 2 to 8%, CH2.01 = 0 
to 15%, [NO] = 100 to 460 ppm, CNH31 = 270 to 530 ppm, a’total of 742 
data points). A kinetic model was developed which gave excellent fit 
to the former data base and with minor modifications which didn’t 
damage the fit to the NH3 oxidation data base it proved possible to 
fit the NO reduction data base within 7%, which is within the 
experimental uncertainty. Figure 2 shows examples of this model’s fit 
to laboratory data (5) while Figure 3 shows a comparison between the 
model’s predicted performance for the Thermal DeNOx process in 
commercial application and what was obtained. ( 9 )  

Since then the DDHL and HSK models were derived in general 
similar manners, the comparison between them is particularly 
interesting. While the DDHL model uses 31 elementary reactions of 
H/N/O species, the H&K model uses 52. Of these 30 reactions are 
common to the two models, DDHL includes one radical radical reaction 
which is probably unimportant under Thermal DeNOx conditions and 
which the H&K model omits. The H&K model includes ten such radical 
radical reactions. The other reactions which are used in H&K and 
omitted in DDHL includes three reactions which form nitrogen atoms and 
four reactions of N20. The former have high activation energies and 
will be important only at temperatures well above the Thermal DeNOx 
range. Since Thermal DeNOx does not make significant amounts of N20, 
the latter will be unimportant in the initial absence of N20. While 
the DDHL model show the interaction of NH2 and NO as a two channel 
reaction, capable of yielding N2H + OH and N2 + H20, the H&K model 
shows it as having a third far less probable channel yielding HNO + 
NH. DDHL shows the reactions of NH2 + 0, NH + 0 2 ,  and 
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NO + H02 as single channel processes, each making only one pair of 
products. While the H&K model agrees that these are the dominant 
raction pathways, it does includes a second less important channel for 
each. The H&K model also includes the reaction N2H+02=N2+H02 with a 
rate constant that is 1000 times less at 1200 K than the rate constant 
which H&K assumes for the competing NZH+NO=NZ+HNO reaction. Thus the 
omission of this reaction by DDHL does not appear to be a serious 
disagreement. 

Indeed there does not seem to be any disagreement between 
the two models as to which reactions are central to the Thermal DeNOx 
chemistry. There is also much agreement as to the roles which these 
reactions play in deciding the overall kinetics of the Thermal DeNOx 
reaction. In both models the overall reaction mechanism may be 
divided into two submechanisms, a chain reaction in which NH3 reduces 
NO and a chain reaction in which NH3 is oxidized to form NO. In both 
submechanisms the first step is the attack on NH3 by 0 and OH to form 
NH2. In the reduction submechanism the NH2 reacts with NO yielding 
either N2 and H20 (a chain terminating step) or yielding NNH and OH. 
If the latter step is followed by the reactions NNH+M=NZ+H+M and 
H+02=OH+O it is strongly chain branching. If, however, the subsequent 
reaction is NNH+NHZ=N2+NH3 or NNH+OH=NB+HZO the result is chain 
termination. Consequently the NO reduction submechanism is a self 
controlling explosion. Initially the chain branching sequence is 
dominant and the concentration of chain carriers grows exponentially, 
i.e. at a rate that is proportional to the concentration of chain 
carriers. Since chain termination processes have rates that are 
proportional to the square of the chain carrier concentration, they 
soon limit the increase in chain carrier Concentration. Thus in the 
NO reduction submechanism the rate of the overall reaction rapidly 
grows to a finite limit and proceeds smoothly thereafter. 

In the NO formation submechanism NH2 reacts with 0, OH and 
02. The latter reaction directly produces HNO while the former two 
reactions produce NH which reacts with 02 to yield HNO. The function 
of HNO in the oxidation submechanism is similar to NNH, i.e. 
dissocation of HNO to yield H atoms causes chain branching while 
reaction with NH2 or OH causes chain termination. Thus the oxidation 
submechanism, left to its own devices, would regulate the chain 
carrier concentration and overall reaction rate to finite values, 
though not necessarily the same values as those dicatated by the 
reduction submechanism. This conflict helps make the kinetics of the 
Thermal DeNOx reaction more complex than one might expect from the 
number of reactions involved. 

While there is agreement between the DDHL and H&K models as 
to which reactions are important, there is significant disagreement as 
to the roles those reactions play. In table 1 the rate constants of 
the thirty reactions the two models have in common are listed along 
with the ratios of those rate constants at 1200 K. Numerically the 
largest disagreement relates to the NH+OZ=HNO+O reaction but this is 
actually trivial since neither model assumes any reaction of NH which 
could compete effectively with NH+OZ=HNO+O. The disagreement as to 
the rate constant for the NNH+NO=NZ+HNO reaction is more important. 
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In the DDHL model control of the overall rate is shared between the 
submechanisms while the high rate constant assumed by H&K for this 
reaction tends to transfer control of the overall rate from the 
reduction submechanism to the oxidation submechanism. 

Another important disagreement between the models relates to 
the balance between chain branching and chain termination. In the 
DDHL model the rate of the chain terminating reaction NHS+HNO=NH3+NO 
is faster by a factor of 15.8 than in the H&K model. This 
disagreement is compounded by the fact that in the H&K model the 
N2tH20 and NNHtOH channels in the NH2tNO reaction are assumed to have 
equal rate constants while in the DDHL model the former is 1.5 times 
as fast as the latter. This rate constant ratio is very critical to 
the kinetics since it controls the chain branching factor. 

Finally it is to be noted that in the DDHL model the rate 
constant for the NH3+0=NH2+OH reaction is a factor of five slower than 
that used in the H&K model. A recent review of the literature by 
Cohen (17) recommends a rate constant for NH3tO=NH2+OH that is midway 
between the H&K and DDHL values with an uncertainty large enough to 
include both. The result of this and to a lesser extent the other 
disagreements between the models is that the concentration of 0 atoms 
during the deNOx reaction is much lower in the H&K model than it is in 
the DDHL model. Within DDHL NH2 is oxidized to NO chiefly by reaction 
with 0 atom but in H&K the NHZ+OH=NH+HSO is more important. This 
leads the two models to rather different predictions of the effect of 
water vapor on the kinetics of the Thermal DeNOx reaction. Figures 4 
and 5 show calculations of the extent of NO reductions as a function 
of reaction temperature done with the DDHL and H&K models. In the 
DDHL model adding water vapor shifts the optimum reaction to higher 
values, i.e. in the DDHL model added water removes 0 atom via the 
reaction O+H20=20H and since 0 is the critical chain carrier removing 
it with added water retards the reaction. In the H&K model, however, 
adding water shifts the optimum reaction temperature to lower values 
because the added water increases the concentration of OH, the 
critical chain carrier for H&K. 

Since the retarding effect of water has been demonstrated 
experimentally (compare figures 3c and 3d, also see reference 61, this 
would seem to be a limitation on the H&K model. Such limitations are 
to be expected when an empirical model is pushed beyond the range of 
its data base. The DDHL model has the advantage resting on a much 
broader data base, one that covers all the parameters of practical 
importance in applications of the Thermal DeNOx process. This makes 
the model a useful tool in commercial application of the process, but 
it is to be recognized that when the model "predicts" the extent of NO 
reduction to be expected in a given boiler or furnace, it is merely 
interpolating within the base of laboratory data. When one develops a 
kinetic model by using the rate constants of unknown reactions as 
adjustable parameters, two kinds of failure are possible. The model 
can fail to predict kinetics for conditions outside the range of its 
data base because for these conditions reactions which were 
unimportant within the conditions of the data base become important. 
Such failure is less serious since it does not imply that the model is 
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essentially wrong, merely that it needs extension. It is also 
possible, however, for the adjustable parameters to produce a 
compensating set of errors. It is interesting to ask what experiments 
could be done to test the DDHL model for the latter problem. 

A number of fair tests of the model are possible, i.e. in 
several instances the information in the model is sufficient to make 
unambiguous predictions about what should happen for conditions 
significantly different from the data base. Thus, for example, all 
the observations in the data base were at one atmosphere pressure and 
it would be interesting to see whether or not the model could 
correctly predict the effect of varying the pressure while holding 
[NH3], [NO], [HZO], and [023 constant. Similarly the model contains 
the reactions known to be important during the oxidation of H2 and 
those which occur during CO oxidation could readily be added. Thus 
the model’s ability to predict the extent to which adding H2 o r  CO 
shifts the optimum reaction temperature to lower values is another 
interesting test. 

Another test of the model, one which has been carried out, 
involves the oxidation of NH3 at trace concentrations (19). The 
model’s data base includes experiments in which NH3 at an initial 
concentration of 900 ppm was oxidized with NO initially absent. The 
observed decay of NH3 was zero order in NH3. This somewhat surprising 
behavior is a result of the balance between chain carrier production 
and removal. If the production of free radicals by the reaction 
sequence HNO+M=H+NO+M, H+02=OH+O is balanced by their consumption by 
HNO+NHZ=NO+NH3, it follows that CNHZl is independent of NH3 and the 
rate of NH3 disappearance is zero order. Obviously, however, if one 
starts with a sufficiently small initial concentration of NH3 this 
mechanism for maintaining [NHZl constant has to become ineffective and 
the rate of NH3 oxidation must become dependent on [NH3]. 
Specifically using the DDHL model one can calculate that for the 
conditions shown in figure 6 the decay of NH3 should be first order in 
NH3 and the decay constant should be 5.61/sec in contrast to the 
observed value of 5.65/sec. Thus in this instance, at least, the 
extrapolation of the DDHL model to conditions quite different from its 
data base is valid. 
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TABLE 1 

COMPARISON OF THE RATE CONSTANTS USED I N  THE DDHL AND H&K 
MODELS 

( I n  t h i s  t a b l e  R denotes t h e  r a t i o  of t h e  DDHL rate cons tan t  t o  
t h e  H&K rate constant  a t  1200 K. * i n d i c a t e s  reac t ions  which 
were found t o  be k i n e t i c a l l y  s e n s i t i v e . )  

A n E, kca l  R** 

1) DDHL H+02=0+OH 2 . 2 3 + 1 4  -0. 1 6 . 8 0  0 . 9 7  

2 )  DDHL O+HZ=HtOH 1 . 8 E + 1 0  1 .0  8 .90  1 .0  

3 )  DDHL H2+OH=H20+H 2 . 2 E + 1 3  0 .0  5.  15 0 . 9 7  

H&K H+02=0+OH 3.7E+17 - 1 . 0 0  1 7 . 5  

H&K O+HZ=H+OH 1.8E+10 1.00 8 .90  

H&K H2+0H=H20tH 1.17E+09 1 . 3 0  3 . 6 2 6  

4 )  DDHL OH+OH=O+HBO 6 . 3 E c 1 2  0 .0  1 . 0 9  0 . 9 5  
H&K O+HBO=OH+OH 4.603+09 1 . 3  1 7 . 1 0  

5 )  DDHL H+02+M=HOZ+M 1 . 5 E t E 1 5  0 .0  - 0 . 9 9 5  1 . 4 5  
(For M=H20 t h e  quoted r a t e  cons tan t  is increased by x 2 1 )  

H&K H+02+M=HOZ+M 7 . 3 3 + 3 8  -1.0 0 .0  
( F o r  M = N2 or 0 2  t h e  quoted A f a c t o r  is  changed t o  6 . 7 3 + 1 9  and 
n changed t o  - 1 . 4 2 )  

6 )  DDHL 
H&K 

7 )  DDHL 
H&K 

8 )  DDHL 
H&K 

9 )  DDHL 
H&K 

10) DDHL 
H&K 

11) DDHL 
H&K 

12) DDHL 
H&K 

13) DDHL 
H&K 

H+H02 =OH+OH 
H+H02=OHWH 

H02+OH=H20K)2 
HOZ+OH=H20+02 

H02+0=02+OH 
H02+0=02+OH 

N H 3 + M  NHZ+H+M 
N H 3 + M  NHZ+H+M 

NH3+H=NHZ+H2 
N H 3  +H=NH2 +H2 

NH3+0=NH2+OH 
N H 3  +0=NH2 +OH 

NH3tOH=NHZ+H20 
NH3+OH=NHZ+H20 

NHZ+O=NH+OH* 
NHZ+O=NH+OH 

2.5E+14 

5.OE+13 
5.OE+13 

5.OE+13 
5.OE+13 

4 .8E+16 

2 .5E+13 
1 . 3 E + 1 4  

1 .5E+12 
2 . 1 9 E + 1 3  

3 . 3 E t 1 2  

2.5E+14 

2 .5E+16 

5 . 7 5 + 1 3  

1 .7E+13 
6 .75E+12 
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0 . 0  
0 . 0  

0 . 0  
0 . 0  

0 . 0  
0 . 0  

0 . 0 0  
0.0 

0 . 0  
0.0 

0 . 0  
0.0 

0 . 0  
0 . 0  

0 .  
0 . 0  

1 . 9 0  
1 . 9 0  

1.00 
1.00 

1.00 
1.00 

9 3 . 9 0  
9 3 . 7 9  

1 7 . 1 0  
2 1 . 5 0  

6 . 0 4  
8 . 9 4  

2 . 1 2  
8.11 

1.00 
0 .0  

1 . 0  

1 .0  

1.0 

1.83 

1 . 2 2  

0.23 

0 . 7 1  

0 . 7 1  



Table 1 ( con t inued)  

14) DDHL 
H&K 

15) DDHL 
H&K 

16) DDHL 
H&K 

17) DDHL 
H&K 

18) DDHL 
H&K 

19) DDHL 
H&K 

2 0 )  DDHL 
H&K 

21) DDHL 
H&K 

22) DDHL 
H&K 

23) DDHL 
H&K 

24) DDHL 
H&K 

25) DDHL 
H&K 

26) DDHL 
H&K 

27) DDHL 
H&K 

28) DDHL 
H&K 

29) DDHL 
H&K 

30) DDHL 
H&K 

NH2 +OH=NH+H20* 
NHZ+OH=NH+HBO 

NHZ+H=NH+H2 
NH2 +H=NH+H2 

NH2+HNO=NH3+NO* 
NHP+HNO=NH3+NO 

NH+OS=HNO+O 
NH+02=HNO+O 

HNO+OH=NO+H20 
HNO+OH=NO+HSO 

HNO+M=H+NO+M* 
H+NO+M=HNO+M 

NO+H02=N02+OH 
NO+H02=N02+OH 

NH2+NO=NNH+OH* 
NHZ+NO=NNH+OH 

NH2 +NO=N2 +H20* 
NH2 +NO=N2+H20 

O+N02=N0+02 
O+N02=N0+02 

NOZ+H=NO+OH 
NOZ+H=NO+OH 

NO2 +M=NO+O+M 
NO+O+M=NOZ+M 

NNH+NH2=N2+NH3* 
NNH+NH2=N2+NH3 

NNH+M=NZ+H+M* 
NNH+M=NZ+H+M 

NNH+OH=NZ+H20 
NNH+OH=NZ+HPO 

NNH+NO=NZ+HNO* 
NNH+NO=NZ+HNO 

NH2+02=HNO+OH* 
NH2+02=HNO+OH 

5.5Et10 
6.OE+12 

5.OE+10 
1.9E+13 

1.8E+14 
5.OE+ll 

3.OE+13 
1.OE+13 

3.6E+13 
1.26E+12 

1.9E+16 

3.4E+12 
2.091+12 

6.1E+19 
1.263+16 

9.1E+19 

7.56E+15 

1.263+16 

1.OE+13 
1.OE+13 

3.5E+14 
3.5E+14 

1. 1E16 
2.00E+15 

1.OE+13 
1.OE+13 

2.OE+14 
2.OE+14 

3.OE+13 
3.OE+13 

9. 1E+11 
5.OE+13 

5.1E+13 
4.5E+12 

0.68 
0.0 

0.5 
0.0 

0 
0.5 

0.0 
0.0 

0.0 
0.5 

0.0 
0.0 

0.0 
0.0 

-2.46 
-1.25 

-2.46 
1.25 

0.0 
0.0 

0.0 
0 . 0  

0 . 0  
0 . 0  

0 . 0  
0 . 0  

0.0 
0.0 

0 .0  
0.0 

0.0 
0.0 

0.0 
0.0 
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1 .29  
0 .0  

2 .00  
0.0 

1.00 
2.00 

3.40 
12.00 

0.0 
2 . 0  

48.68 
-0.6 

-. 26 
-_ 48 

1.87 
0.0 

1.87 
0.0 

0.6 
0.6 

1. 50 
1.48 

66.00 
1.88 

0. 
0.0 

30.00 
28.00  

0.0 
0.0 

0.0 
0.0 

30.00 
25.00 

0.66 

0.39 

15.8 

110.6 

0.5 

0.4 

1.8 

0.4 

0.6 

1.0 

0.99 

1.6 

1.0 

0.4 

1.0 

0.02 

1.4 
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Combined NO,/SO, Removal from Flue Gaa 
Using Ferrous Chelates of SH-Containing Amino Acids and Alkali 

David K. Liu and S. G. Chang 

Applied Science Division 
Lawrence Berkeley Laboratory 

University OJ California 
Berkeley, CA 94720 

ABSTRACT 

We report herein the use of ferrous chelates of SH-containing amino acids including c y a  
teine, penicillamine, N-acetylcysteine, and N-acetylpenicillamine in neutral or alkaline 
solutions for the combined removal of NO and SO, in wet Rue gas clean-up systems. 
These SH-containing amino acids not only can stabilize ferrous ions in alkaline solutions 
to promote the absorption of NO, but are also capable of rapidly reducing ferric ions 
formed during the scrubbing process back to ferrous ions. The  disulfide from of the above 
amino acids can be reduced by SO, and H,S to regenerate the start ing monomeric species. 
The chemistry relevant to the absorption of N O  by the above ferrous chelates and the 
ligand regeneration process will be discussed. 
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INTRODUCTION 

A large number of wet flue gas clean-up processes using iron chelates t o  simultane- 
ously remove NO, and SO, from combustion flue gas have been developed over the past  
fifteen years. The  mechanism for NO absorption using these Fe2+(EDTA) type chelates 
involves the formation and subsequent reaction of a ferrous nitrosyl complex with dis- 
solved SO2 and 0, t o  produce N,, N,O, dithionate, sulfate, nitrogen-sulfur compounds, 
and ferric chelates which are unreactive towards NO (1). The  regeneration of scrubbing 
liquors and ferrous chelates associated with such processes is very costly (2). Therefore, 
these wet absorption processes, even though very efficient in SO2 and NOx removal, have 
not yet reached the commercial stage. 

We wish t o  report the use of ferrous chelates of SH-containing amino acids (or 
thioamino acids) in neutral or alkaline solutions for the simultaneous removal of NOx and 
so2 ,from flue gas. The ferrous chelates investigated in this study include those of L 
cysteine (CySH), DL-penicillamine (Pen), N-acetyl-Lcysteine (AcCySH), and N-acetyl- 
DLpenicillamine (AcPen). 

The  stereoisomers or racemates of the thioamino acids employed represent the most com- 
mon and therefore least expensive forms; other stereoisomers or racemates can also be 
used since they should have identical chemical reactivities. Recent reports from our 
laboratory have addressed some the chemistry involved in the absorption of NO by fer- 
rous cysteine (3,4). We have also recently communicated preliminary results concerning 
the use of ferrous chelates of certain cysteine derivatives in the removal of NO from the 
gas (5) .  This paper presents a full  account of the scrubber chemistry of NO and SO 
removal by alkaline solutions containing ferrous chelates of the aforementioned S8 
containing amino acids, as well as subsequent regeneration of the thioamino acids for 
recycling in the scrubber system. 

EXPERMENTAL 

The absorption of NO by neutral or alkaline solutions of ferrous thioamino acid 
complexes was studied using a bench-scale gas scrubber and a Thermoelectron Model 14A 
chemiluminescent NOx analyzer (3). For the reduction of the disulfide form of the 
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thioamino acids, a method similar to tha t  developed for the regeneration of cysteine from 
cystine was used (4). The identification of all thioamino acids and their derivatives was 
performed on an amino acid analyzer built in-house (6). The  determination of iron-, 
nitrogen-, and thioamino acid-containing products was based on analytical techniques 
described previously (3,4). 

RESULTS AND DISCUSSION 

The removal of NO from oxygen-containing flue gas can be effected by aqueous solu- 
tions containing ferrous chelates of SH-containing amino acids, as shown in Figure 1. It is 
clear that  all the ferrous thioamino acid complexes we tested are much more effective in 
absorbing N O  than Fe2+(EDTA) under the same conditions. T h e  greater N O  absorption 
capacity in  the cases of ferrous thioamino acid complexes may be accounted for by the 
ability of the thiol groups t o  reduce any ferric ion formed upon oxidation of the ferrous 
chelate by residual 0, in flue gas (Equation 1): 

RSH H+ 
Fe*+(RS-)* A Fe3+(RS-)3 - Fe2+(RS-),(RS.) 

'F 0, I 
1) 

This  mechanism is well established for Fe2+(CyS), (7) and is likely also applicable t o  
Fe'+(AcCyS),. In t h e  case of Pen, i t  has been suggested tha t  the two &methyl groups 
serve to inhibit the oxidation-reduction reactions (8) .  It is therefore likely that the 
enhanced NO absorption capacity using Fe2+(Pen), and Fe2+(AcPen), is the result of the 
stability of ferrous chelates towards 0,. In any case, the concentration of ferrous thioam- 
ino acid complex in the absorber is maintained, and NO removal can therefore be sus- 
tained. On  the contrary, the Fe3+ (EDTA) complex formed upon oxidation is inactive 
towards NO. A further advantage of the ferrous thioamino acid systems is that  the rapid 
intramolecular reduction of Fe3+ to  Fez+ can prevent thef formation of dithionate ion 
resulting from the reaction between Fe3+ and HSO,. 

The effect of pH on the NO absorption capacity of ferrous thioamino acid complexes, 
as represented by the number of moles of NO absorbed per mole of Fez+ used 
(nNO/nFe2+), is shown in Figure 2. While the NO absorption capacity of Fe2+(CyS), is 
fairly insensitive t o  pH, Fe2+(Pen),, Fe2+(AcCyS),, and Fe2+(AcPen), are  more efficient as 
the solutions become less basic, up t o  pH - 6. The influence of pH on NO absorption can 
be attributed to the presence of various ionic forms of thioamino acid, the stability con- 
s tants  of ferrous thioamino acid complexes and ferrous hydroxide, and the rate of Fez+- 
catalyzed oxidation of the thioamino acids by 0,. 

The effects of several additives on the N O  removal efficiency of Fe(CyS), were exam- 
ined, and the results are summarized in Table I (below). Power plant flue gas typically 
contains several thousand ppm SO,, which dissolves in scrubbing liquors to  form pri- 
marily SO,?- a t  pH > 9. The  effect of SO2 on the N O  absorption capacity can therefore 
be studied by the addition of SO,?- to  the ferrous cysteine solution. Our results show that 
SO$ can improve the  NO removal efficiency of Fe2+(CyS),. Such enhancement could be 
a result of the reaction of SO,?- with 0, to form SO:-, and/or the reaction of SO,?- with 
the oxidized product cystine (CySSCy) to form CySH and cysteine sulfonate (CySSO,), 
vide infra. High concentrations of S,O,?- can also enhance the NO removal efficiency of 
Fe2+(CyS),, probably because S,O,?- can serve as an oxidation inhibitor. It is expected 
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Additive Concentration, M 
none ' - 

Na,SO, 0.05 
0.10 
0.50 

N%S,O, 0.05 
1 .oo 
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nNO/nFe2+ 
0.023 
0.040 
0.050 
0.068 
0.030 
0.080 



Method' 

I 
I1 
111 
TVa 
IVb 
IVC 

CySSCy + HS- + S O f - 2  2CyS- + S20i- + H+ 7) 

pH TO, 'C CySH, % CySSOg,% CySSCy, % 

10 60 59 17 15 
10 60 36 3 58 
10 60 90 5 4 
10 60 . 85 8 6 
10 80 84 10 6 
12 60 84 6 5 

In an  acidic medium, S20i- decomposes to form HSO; (and/or SO,) and colloidal sulfur, 
as shown in Equation 8. 

S,O$ + H + +  HSO, + S i  8) 

By adding equations 7 and 8 and taking into account the equilibrium between SO$- and 
HSO,, we obtain the  net equation 

CySSCy + H S - 2  2CyS- + S i  + H+ 9) 
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Thus, the only reagent consumed in the conversion of CySSCy to'CySH is HS-, and 
elemental sulfur is formed as a product. The  latter can be converted back to H2S by reac- 
tion with H,, which can be derived from C O  and H,O (9). Therefore, in essence, the 
reducing agent consumed in this CySH and the corresponding AcCySH regeneration 
scheme is CO, which can be easily obtained from the incomplete combustion of coal. I t  
can be inferred from Equation 9 that one mole of C O  is required for the regeneration of 
two moles of CySH or AcCySH. 

CONCLUSIONS 

Wet Eue gas clean-up systems based on  ferrous chelates of thioamino acids possess 
several major advantages over the conventional Fe2+ (EDTA) type chelates. These 
include higher NO absorption capacities, the suppression of dithionate and N-S compound 
formations, and the ability of the thioamino acids t o  reduce Fe3+ to  Fez+ ion, thus elim- 
inating the need to regenerate ferric chelates from the scrubbing liquor. Reduction of the 
oxidation products cystine and N-acetylcystine can be accomplished by treatment with 
H,S and SO2 in ,basic solutions. However, the same process is not applicable to penicil- 
lamine, and possibly N-acetylpenicillamine, due to steric effects. Unfortunately, the appli- 
cation of these ferrous thioamino acid chelates in spray drying systems is limited by the 
larger stoichiometric ratio of the ferrous chelates to NO (Figure 2) required for obtaining 
a high (2 50%) NO removal efficiency. 
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Figure 1. The NO r moval efRciency of ferroua thioarnino acid and Fez+ (ED'$!) chelatea. Reaction conditions 
were: [Fe$+] - 0.01 M; [thioamino acid[ - !EDTA1 - 0.04 M; I B 4 0 7  1 - 1.18 M; P,o - 500 ppm; 
PO, - 4%; pH - 7.0; T' - 55' C. 
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Figure 2. The NO sorption capacity of lerrous thioaming acid chelatn hs a lunction of pH. Reaction conditions 
were: [Fey+] - 0.01 M [CySHl - 0.04 M; [B,Of-[ - 0.08 M; P N ~  - 500 ppm; T' - 5s'c. 
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3 

Figure 3. Recovery of CySH m CySSCy and cysso- at various (so2-/. Reaction conditions were: [Fe?+i - 
0.1 M, [CySHl - 1.0 M [B40;-I -0 .2 M - 500 ppm; $ 0 2  - 4%: pH - 9 . 0  T' - 55'C. 

E 1 

Time (hrs) 

Figure 4. The eoncentration-time profile of the regeneration of  CySH from CySSCy at pH 10 and 60' C by the reac- 
tion of CySSCy flrst with HzS and then so,, followed by neutralization to pH - 7. 
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NO, and SO, Removal From Flue Gas 
by F e r r o u e  Ion-Peptide So lu t ione  

D. Littlejohn and S. G. Chang 

Applied Science Division 
Lawrence Berkeley Laboratory 

University of CaliJornia 
Berkeley, CA 94780 

SO and N O  generated by combustion are believed to oxidize in the atmosphere to 
form H$O, and hNO,/HNO,. The  main removal mechanism of these acids from the 
atmosphere is precipitation, popularly referred to as acid rain. Considerable research is 
being done to develop efficient, costeliective procedures to  remove SO2 and N O  from 
power plant Rue gases (1). SO2 can be removed more readily than N O  since i t  isXhighly 
soluble in aqueous solutions and can be oxidized to form SO:-. The sulfate ion can then 
be precipitated with calcium ions, if desired. Most of the NOx is in the form of NO, 
which has limited solubility in water. Many control strategies for NOx have focussed on 
compounds which enhance the solubility of NO. These systems are usually based on fer- 
rous ion-chelate compounds which readily form nitrosyl complexes (2). Early systems 
used aminocarboxylic acid chelates such BS EDTA, because of their large equilibrium con- 
s tants  for the formation of nitrosyl complexes. However, these systems were very sensi- 
tive to the presence of oxygen. In oxygen-free systems, solutions of these compounds can 
remove significant amounts of NO (3). With oxygen present, tbe ferrous ion is rapidly 
oxidized to ferric ion, which does not absorb NO. The oxidized metal ion must then be 
chemically or electrically reduced to the +2 state. This adds to the cost and complexity 
of processes using these compounds. The recovery or removal of the absorbed NO is not 
straightforward in these systems, and i t  would be desirable to develop a chemical system 
in which this could be done more easily. 

In a search for more suitable iron-chelate combinations, the ferrous ion-cysteine 
combination was studied (4). It was found that cysteine would readily reduce ferric ion to 
ferrous ion, and in 90 doing, keep most of the iron in the ferrous s ta te  when exposed to 
oxygen. The  ferrous ion-cysteine system was found to be capable of absorbing significant 
amounts of NO, with or without the presence of oxygen. Cystine, the oxidized form of 
cysteine, can be reduced back to cysteine by the appropriate application of HS- and SOP 
(5). These compounds can be obtained from the SO, removed from the flue gas. 

Various cysteine derivatives have been studied to determine if they would be supe- 
rior to cysteine in removing N O  from flue gas. These include glutathione ( a  tripeptide) 
and glyclcysteine (a dipeptide) which are the subject of this study. Glutathione (glu- 
tamylcysteinylglycine, abbreviated GSH) is a thiol compound that  is abundant in living 
cells. I t  is composed of the amino acids glutamic acid, cysteine and glycine linked by p e p  
tide bonds. Cysteine is the central amino acid. In a manner similar to cysteine, GSH can 
be oxidized to the disulfide (noted as GSSC). 

Glyclcysteine is readily produced by the acid hydrolysis of GSH (6). I t  also forms a 
disulfide when oxidized. 
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EXPERIMENTAL 

Glutathione (Sigma Chemical, 99%) was used without further purification. Gly- 
clcysteine was prepared by hydrolyzing glutathione in 1.2N HCI a t  95 'C for 60-90 min. 
under a nitrogen atmosphere. Yield was in excess of 95%. Pyrrolidone carboxylic acid 
(pyroglutamic acid) is a ceproduct  of the hydrolysis. It was prepared independently by 
heating glutamic acid with an equal amount of water in a sealed tube t o  140'C for 3 
hours (7). The  compounds used for preparing the acetate and borate, as well as t he  fer- 
rous ammonium sulfate, were of reagent grade quality. 

Two  types of experiments were done with the ferrous ion - peptide systems in aque- 
ous solutions to study their effectiveness in removing NO from the gas phase. In the first 
set  of experiments, buffered ferrous ion - peptide solutions were prepared on a vacuum 
line. A bulb of known volume was filled with N O  and expanded into the evacuated bulb 
with the ferrous ion - peptide solution. The  pressure was noted and vigorous stirring of 
the solution was initiated. Once the pressure stabilized, the pressure drop was used to 
calculate the amount of N O  absorbed by the solution. Corrections were made for water 
vapor pressure and the solubility of NO in water. Runs were done with the pH of the 
solution ranging from acidic to  alkaline. All runs were done with the peptide concentra- 
tion four times tha t  of the ferrous ion concentration. 

The  second type of experiment is designed to determine the ability of ferrous ion - 
peptide t o  remove NO from the gas phase under realistic conditions. Simulated flue gas 
was prepared by mixing nitrogen, oxygen, nitric oxide and, in some cases, sulfur dioxide. 
The gas mixture was passed through the buffered ferrous ion - peptide solution, which had 
been heated t o  55 'C. NO removal was determined by measuring the fraction of N O  not 
absorbed by the solution using a chemiluminescent NOx analyzer. The  plot of N O  
absorbed vs. time, was graphically integrated t o  obtain the total quantity of N O  removed 
by the solution. When SO was used, the amount of SO2 removed was obtained in a 2 
similar manner using a pulsed fluorescent SO2 analyzer. 

The  solutions were saved for analysis after the experiments were complete. Ferrous 
ion was analyzed by the 1 , l O  phenanthroline method. Nitrate and nitrite ions were 
analyzed by ion chromatography. An amino acid analyzer was used t o  measure the 
amounts of the reduced and oxidized forms of the peptides that  were present. 

RESULTS AND DISCUSSION 

The  NO absorption experiments with glutathione were done over a pH range from 
3.0 to 8.5. The  ferrous ion concentrations were .02M. The  N0:Fe stoichiometry was 2:l 
or higher over the pH range studied. The stoichiometric ratio increased as t he  pH 
increased. In solutions with pH <7,  the nitrosyl complex formed a rust-colored precipi- 
tate. This  is similar to what is observed in ferrous cysteine solutions when treated with 
NO. In alkaline solutions, no precipitate was observed. 

NO absorption by ferrous ion - glyclcysteine solution was studied over a pH range 
from 4 t o  9. Again, a N0:Fe stoichiometry in excess of 2:l was found. With glyclcys- 
teine, a solid nitrosyl complex formed a t  all pH conditions. The appearance of the p rec ip  
itates was similar to the solids obtained with GSH. 

To confirm that  glyclcysteine, not pyroglutamic acid, was responsible for t he  NO 
absorption observed, separate experiments were run with glutamic acid and pyroglutamic 
acid. Solutions of these compounds mixed with ferrous ions absorbed N O  only marginally 
better than solutions of~ferrous ions alone. This  suggests that  the peptide forming the 
complex with the ferous ion needs t o  contain cysteine to  efficiently bind NO. 
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The NO absorption experiments discussed above were done with approximately one 
atmosphere of NO. T h e  second set  of experiments, in which the NO-containing gas was  
bubbled through the heated solution, were done a t  much lower concentrations. The  gas 
mixture was typically 96% N,, 4% 0, and 500 ppm NO. SO2 , when included, was typi- 
cally at  2500 ppm. T h e  ferrous ion concentration used in these experiments was O.OlM, 
and the peptide concentration was four times higher. The ferrous ion - GSH solutions 
were studied over a p H  range of 4.3 to  10.9, and the ferrous ion - glyclcysteine solutions 
were studied at pH 4.3  to  9.2. 

Essentially no NO was absorbed by the Fe(I1)-GSH solution at pH 4.3, suggesting 
the equilibrium constant for the formation of the nitrosyl complex is small under these 
conditions. At slightly less acidic conditions (pH 5.4), the best NO removal was found. 
An N0:Fe stoichiometry of 0.54:l.O was obtained. This stoichiometry decreased as the  
pH rose, ending with N0:Fe = 0.17:l.O at pH 10.9. The decrease with increasing pH is 
presumably due to t h e  increasing role of oxidation of GSH and Fe(I1) with the increase in 
pH. The rate of NO absorption was found t o  be highest in neutral and slightly alkaline 
solutions, and the  rate  was slowest in the acid solutions. SO2 was less difficult than N O  to 
remove. It was removed most efficiently by alkaline solutions. 

In the alkaline solutions, almost all the NO absorbed was converted to nitrite and 
nitrate ions. Almost all of the iron in the solution precipitated out  in Fe(II1) form. Much 
of the GSH was oxidized to GSSG. Under very alkaline conditions, there was some 
decomposition of the GSH. 

The ferrous ion - glyclcysteine solutions absorbed NO a t  all conditions studied. T h e  
N0:Fe stoichiometry was about 0.3:l.O in acidic conditions and rose to 0.87:l.O a t  pH 7.3. 
I t  then dropped off rapidly as the pH increased, falling to 0.05:l.O a t  pH 9.2. The rate of 
NO absorption was slowest under acidic conditions. In neutral or alkaline conditions, the 
rate  of NO absorption was considerably higher than with the corresponding GSH solu- 
tions. It appears t h a t  oxidation of the Fe(II1) and glyclcysteine is significant in alkaline 
conditions, and this limits how much NO can be absorbed. In acidic conditions the oxid* 
tion is slower, b u t  t he  N O  absorption is also slow. 

A rust-colored precipitate formed in all of the solution, apparently containing most 
of the iron as Fe(II1). Most of the glyclcysteine was oxidized to the disulfide form. 

Both GSH and glyclcysteine are capable of reducing Fe(II1) to Fe(I1) in solution. 
Thus,  they enhance the  NO removal capabilities of an Fe(I1) solution not only by forming 
an effective ferrous nitrosyl complex, but also by maintaining the iron in the ferrous state.  
Of course, the peptides will be oxidized as a result. T h e  oxidized peptides can be reduced 
to their original form by several methods. These include the technique developed for cys- 
teine in which the  oxidized material is sequentially treated with H,S and SO2 (5). 

These compounds have been found to be considerably more effective than cysteine in 
ferrous ion - based NO removal systems operating a t  pH 5 t o  7. Other cysteine-based 
peptides might be equally effective. To be commercially useful, however, the compounds 
must not be excessively expensive and capable of being regenerated without large losses. 
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INTRODUCTION 

The pollution of the atmosphere by nitrogen oxides (NO =NO+NO ) has been a 
subject of growing concern during the past decade. Duri:g co&ustion, NOx 
is formed either by reaction of oxygen and atmospheric nitrogen (thermal NO 
) or conversion of chemically bound nitrogen in the fuel (fuel-NO ).The maE 
jor fraction of these emissions results from the fuel-NO during Combustion 
in industrial and utility boilers. The formation of NO in the boilers can 
be reduced to 'a considerable extent by modification inXthe combustion tech- 
nique, for example by applying fluidized bed combustion boilers. There 
still will remain some NO in the flue gases. Hence, other additional met- 
hods have been introducedXfor NO -removal . 
The most widely applied method for decreasing NO emissions from existing 
stationary sources selective catalytic reducfion (SCR) by NH3. The most 
commonly proposed overall reactions between NO and NH are (Odenbrand et. 
al. 1985, Matsuda et. al. 1978): 

is 

3 

4 NH + 4 NO + O2 ----) 4 N + 6 H20 (1) 
( 2 )  3 

3 2 4 NH + 6 NO -----> 5 N + 2 H20 
The catalyst used in a commercial plant must possess high activity and se- 
lectivity, since the volume of flue gas to be treated is large. In addi- 
tion, the catalyst must be resistant to SO poisoning (Matsuda et al. 
1982,Nam et a1.1986). The purpose of the prgsent study was to examine the 
kinetics of NO-NH3-02 reactions on several catalysts promoting the SCR of 
NOx. 

EXPERIMENTAL 

Catalysts. 
The catalysts and their main characteristics are shown in Table 1.The cata- 
lysts were supported base metal oxides.Some other materials were also tes- 
ted for their catalytic activity. 

Table 1. Catalysts in experiments. 

Catalyst Pellet Specific su 5- Bulk den- 
---------____--_------------------------------------------------- 

size(mm) face area(m /g) sity(g/ml) 
----------___--_------------------------------------------------- 
1. V(4%)/TiO >2.0 7 1.1 
2. Cu(5%)/TiA2 >2.0 7 1.0 

7. Ni(ll%)/Al;O: (Ni P) 3.2 80 1.1 

3. Fe(6%)/Ti02 >2.0 14 1.1 

5. CU(7%)/A1 6 3.2 140 1.0 
6. Cr(l4%)/~f 8 4.0 60 1.1 

4. Ni(5%)/TiO )2.0 6 0.8 

8. Ni(l6%)/A1 0 (Ni T) 2.0-4.0 210 0.8 
9. Slag A (132 $e) >1.0 1.4 1.6 
10.Slag B (0.4% Fe) >1.0 0.2  1.1 
11.Hematite (66% Fe) 0.2-1.0 (0.1 3.1 
12.Ilmenite (36% Fe) >2.0 0.6 1.1 - 13.11menite+Ti02(5% Fe) >2.0 1.0 
--------_____--_----------------------_-------------------------- 
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The Ti0 -based catalysts were prepared according to methods developed by 

2 Matsuda et al. (1982). Saleh et al. (1986) and Skvortsov et al. (1977). Ti0 
(anatase) was wet-impregnated in a solution of a salt of the active mate- 

rial (V,Cu, Fe, Ni). After drying for 24 hours at 110 OC the catalyst was 
calcined in air at 400 OC. The A1 0 -supported catalysts were commercially 
available materials. The other mate?ihs in the experiments were inexpensi- 
ve iron-containing slags and ores. 

The total specific surface areas of the fresh materials were obtained with 
a Perkin-Elmer 212 C Sorptometer. 

2 

Apparatus and reactant gases 
The schematic diagram of the experimental apparatus is presented in Figure 
1. The fixed bed reactor and a pre-heater were made of quartz.The reactor 
was heated in a Heraeus ROK 4/60 oven and the temperature in the catalyst 
bed was measured with a Ni-NiCr-thermocouple. The gases were supplied from 
pressure bottles via high precision Hi-Tech massflowmeters. Gas lines befo- 
re the pre-heater were made of stainless steel. The mixing of with the 
simulated flue gas took place after the pre-heater, just in front of the 
reactor, in order to avoid any homogeneous reactions between the components. 

Two teflon sampling lines were connected to the reactor.The gas mixture was 
transported through a EPM 797 diluting unit to a Monitor Labs 8840 chemi- 
luminescent NO -analyser. The analyser was equipped with a thermodynamic 
converter (Monftor Labs 8750) and it measured NO and NO +NH3. NH was cal- 
culated by difference. The equipment was caligrated wfth a gas iaving 200 
ppm NO. 

NH3 

Procedures 
The NO-NH3-02 reaction was studied in both an empty tubular reactor and a 
packed bed reactor with different catalysts. After the temperatures of flue 
gas in the catalyst bed reached the set value, the concentration of NO was 
measured until a steady-state reading was obtained. The experimental ogera- 
ting conditions are summarized in Table 2. 

Table 2. Experimental operating conditions. 
________________________________________------------------------------- 
Inlet NO 0-2000 p p  
concentration 

0 or 500 ppm 

3 0.57-9.64 m (NTP)/h 
"2 carrier gas 

volumetric flow rate N2 
Catalyst bed volume 50 cm 
space velocity (SV) 3.2-3.6 m flue gas(NTP)/m (cat)s 
Temperature 200-900 OC 
Duration of the test 0.25 - 6 h 

3 

________________________________________-------------------------------- 

The SOX poisoning 
ppm SO2 using the Cu/A1203, Cr/A1203, Cu/Ti02 and V/Ti02 catalysts. 

experiments were performed with a test gas containing 500 

RESULTS AND DISCUSSION 

Empty reactor 
Figure 2 shows the plot of NO conversion versus temperature from 300 to 
900 OC. The empty reactor had negfible effects on the NO decomposition. The 
wall effect of the quartz tube on the reaction between NO and NH was also 
small. The thermal reduction of NO by NH3 increased once the temperature 
reached 900 OC. At this temperature the NO conversion was 26 %. 

3 
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Ti0,-supported catalysts 
Therconcentrations of NO after a one hour operation with the Cu, V, Ni and 
Fe catalysts are shown ifi Figure 6 as a function of the catalyst temperatu- 
re. The conversion of NO increased rapidly until about 300 OC which seemed 
to be the optimal temperature for all these catalysts. Above this temperatu- 
re the NO concentrations increased. This was due either to the incomplete 
reductionXof NO with NH or direct oxidation of NH with the excess oxygen 
present or a combination of both factors. 

The V/TiO catalyst showed high activity and resistance to SO poisoning 
(Figure 5 ) .  -The Cu catalyst lost its activity under 350 OC in tge presence 
of SO (Figure 8 ) .  Sulfur was not found to accumulate in great degree on 2 this catalyst at 0.23 % S; After SO -test: 0.40 % S).The Fe 
and Ni catalysts were less active than the V and Cu catalysts. Wong et al. 
(1986) have shown that the activity of Ti0 -based iron oxide catalysts is 
strongly affected by the preparation procedure. 

3 3 

350 OC (Fresh: 2 

2 

Al-0,-supported catalysts 
Fo;r' commercial A1 0 -supported catalysts were investigated2 These cata- 
lysts had large specific surface areas (between 60 and 140 m /g). The re- 
sults with these catalysts are shown in Figure 3.The optimal operation tem- 
peratures were between 300 and 350 OC in the absence of SO . The highest 
measured conversions were 80 (Cu), 74 (Ni P), 56 (Cr) and 48 % (Ni T) after 
a one hour operation. 

The activity of the Cu catalyst improved in the presence of SO2 at tempera- 
tures above 350 OC (Figure 4). Nam et al. 1986 have found with a V/Al 0 ca- 

2 talyst similar results. They proposed that the sulfur contamination as, A 1  
(SO ) ,increased the NO conversion at temperatures above 400 OC, presumably 
due to the moderation of the competing reaction of the NH oxidation to NO. 
Another reason for the behavior can be the formation of &SO , which is al- 
so known to catalyze the reaction concerned (Schrod 1986). Suffur was accu- 
mulated on our Cu/A1203 catalyst at 350 OC (Fresh: 0.02 % S; After SO - 
test: 3.32 % S).Compared with the results with Ti0 -supported catalysts, ?t 
can be concluded that the formation of A1;(S04)3 ? s  probable on A1203-sup- 
ported catalysts. 

The activity of the Cr catalyst decreased at temperatures under 350 OC when 

SO2 was present (Figure 5).The life of this catalyst seemed to be short un- 
der these circumstances. According to Ando (1983) a portion of SO2 oxidizes 
to SO on the catalyst surface to form NH HS04 .The SO poisoning test time 
was too short to make any accurate conclusions about the effects of SO 

It could be concluded that NO reacts with NH3 at a 1:l mole ratio at the 
optimal operation temperature as proposed by Kat0 et al. (1981). The NH 
concentration decreased in a similar way than the NO concentration untd 
about 350 OC. Above that temperature the concentrztion stayed under 100 
ppm. The degree of NH oxidation by O2 increased when the temperature rose 
over 350 'C. 

2 3  

2 3  

4 3  

3 4 2 
2' 

3 

Other materials tested. 
Iron oxide containing materials vary widely in catalytic activity depending 
on the composition (Moriguchi et al. 1978). The results of our tests are 
shown in Figure 9. 

At l o w  temperatures (200 - 350 OC) reaction kinetics has a decisive role. 
In the case that the catalytic material is poorly distributed or the avai- 
lable surface is low, no discernible reaction is observed. When the tempera- 
ture is increased all reactions,e.g. also the NH3 oxidation reaction, are 
speeded up and the final result in a NH -NO-02 -system may be either a ba- 
lance between the competing reactions or, in the worst case, an increase of 
NOx from NH3 oxidation. The above explanations apply to some of the slag ca- 
talysts. The specific surface areas of the investigated materials were pro- 
bably not sufficient for a measurable selective catalytic reduction. 

3 
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For the NO-NH3-o2 reaction the investigated materials can be divided in 
four groups: 
A. Good catalysts (V/TiOZ,Cu/Ti02, Cu/A1203 and Cr/A1203) 
B. Inferior catalysts (Ni T/Al2O 1 
C. NH3 oxidation catalysts ($e/TiOZ, Ni/Ti02, slag A and iron containing 
ores) 
D. Noncatalytic materials (Slag B) 

Good catalysts are predicted to be promoting both competitive reactions: 
NO reduction and straight NH3 oxidation. 

Influence of oxygen. 
The role of oxygen in SCR becomes greater when the 0 concentration falls 
below 1 % (Figure 10, 11 and 12). The oxygen affects tI?e reaction rate of 
NO with NH as found also by Matsuda and Kat0 (1983). An 0 concentration 
of 0.1 % was near to the critical value for the NO conversion'with the Cu/A1 
203 catalyst (Figure 10). Kotter et al. (1986) have also shown that an O2 
concentration below 0.2 % changes the reaction rate markedly. 

The NO reduction using the Cu/Al 0 has an optimal operation tem- 
perature at about 300 to 350 OC 2it? the presence of 1 to 5 % O2 ~ In the ab- 
sence of oxygen the NO reduction proceeds according to the reaction ( 2 )  at 
higher temperatures There exists no oxidation of NH3 to NO and 
the higher temperatures favour this reaction kinetically. 

The absence of O2 inhibits the NO reduction on Ti0 -supported catalysts 
at 300 to 350 OC. Oxygen concentrations between 1 to 5 % were shown to have 
some influence only at temperatures ca- 
talyst. The possibilities of the formation of N 0 become greater when 2oxy- 
gen is absent (Otto and Shelef 1972). 

3 

catalyst 

(>350 OC). 

2 

below 300 OC especially with V/TiO 

2 

The influence of inlet NO concentration. 
The conversions with Cu/Al 0 catalyst at different inlet NO concentra- 
tions NO 
inlet concentration. It is easier to reach the low outlet concentration if 
the inlet concentration is as low as possible. when the reactant concentra- 
tion (NO and NH 1 falls below 100 ppm the reaction rate of SCR, however, 3 decreases sharply. 

are shown in Figure d 3 T h e  degree of NO reduction increases with 

CONCLUSIONS 

Thirteen different SCR catalysts were investigated at temperatures between 
200 to 900 OC. Oxygen affects the reaction rate of NO with NH3.1n the pre-- 
sence of 0 the NO reduction has an optimum temperature between about 300 
to 400 OC. In the absence of 02,the NO reduction is shifted to higher tempe- 
ratures. The V/Ti02 catalyst is resistant to SO . The activities of the 
other catalysts investigated are affected by SO-. TI?ere is a clear differen- 

2 

ce between the A1 0 - and Ti0 -supported catalygts in regard to the influen- 
ce of SO 2 3  2 

2' 
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Figure 1. A schematic diagram of the experimental apparatus. 
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F i g u r e  6.  NO c o n v e r s i o n  w i t h  t h e  AI 0 F i g u r e  7.  The i n f l u e n c e  of SO on t h e  
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with the V/TiOZ catalyst (yo0=5O0 with the Cu/TiO catalyst - (rO0=5O0 
ppm, NH /NO=l, SV=3.4-3.6 s , ppm, NH3/NO=1, &=3.4-3.6 s , 
=o ) .  

3 

NO CONVERSION.% 
loo-- 

--+--*------* 20 40b-- 
0- 
0 1 2 3 4 5  
02 CONCENTRATION,% 

200Oc a ~IPS 
X 3OO0C 

NO CONVERSION,% 

l o o 7  

2o 0 1 0 1 2 3 4 5  

02 CONCENTRATION.% 

NO CONVERSION,% 

40 

, 
0 1 2 3 4 5 6  
02 CONCENTRATION, % 

X NO NH.T- 

CONVERSION.% 

70 
0 500 1000 1500 2000 

INLET N0 ,ppm 

Figure 12. The influence of the o2 Figure 13. The influence of the NO in- 
concentration on the NO conversion let concentration on the NO conver- 
with the Cu/Al O3 catalystl (NO =SO0 sion with the Cu/A1203 -fatalyst (NH3 
ppm, NH3/NO=1, &=3.4-3.6 s- , S O z = O ) .  /NO=1, 0 2 =5 %, SW3.6 S , SO 2 =O ). 

463 



Activation of Flue Gas Nitrogen Oxides 
by Transition Metal ComDlexes 

Michael E. Miller*, Dennis H. Finseth, and Henry W. Pennline 

Pittsburgh Energy Technology Center 
U.S. Department of Energy 

P.O. Box 10940 
Pittsburgh, PA 15236 

Introduction 

Sulfur and nitrogen oxides are major flue gas pollutants released by 
coal-fired electric power plants. In the atmosphere these oxides are con- 
verted to sulfuric and nitric acids, which contribute to the acid rain 
problem [l]. Most of the nitrogen oxides (905-952) present in coal-derived 
flue gas exist as the relatively inert and water-insoluble nitric oxide 
(NO), thus presenting a difficult removal problem. 

Nitric oxide reacts with oxygen to form the more reactive nitrogen 
dioxide: 

2N0 + 0 2  2N02 

The equilibrium constant is about 400 at a typical flue gas temperature of 
2OO0C (e.g., after the air preheater). However, the rate law 

-9 = k[NOlz[021; k(19TC) = 3,340 M-'sec-' 

predicts very slow conversion to NO2 under normal flue gas conditions 
(500 ppm NO and 4% 0 2 ) .  About 2.5 hours would be required for 50% conver- 
sion of the NO to NO2 [2]. Catalysis would be necessary to increase the 
rate of this oxidation reaction. Gaseous nitric oxide attacks a wide 
variety of transition metal complexes to produce nitrosyl compounds [3-5]. 
Thus transition metal complexes are candidate systems for control of nitro- 
gen oxides via sorption, as well as candidate systems for catalysis of NO 
transformations. 

A practical strategy for nitrogen oxides removal might utilize a solid 
support that has been impregnated with an active transition metal complex. 
Some supported transition metals are expected to remove NOx by sorption, 
with regeneration of the sorbent being a necessary property. Others cata- 
lyze NO oxidation to the more soluble NO2 and NzOS, which has been demon- 
strated for certain transition metal species [6]. These activated nitrogen 
oxides can be more efficiently removed along with SO2 in conventional scrub- 
bing or spray-drying processes, in which an aqueous slurry of sorbent, such 
as hydrated lime, is injected into the hot flue gas [7,8]. 

*Oak Ridge Associated Universities Appointee, Postgraduate Research Training 
Program. 
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We p r e s e n t  h e r e  pre l iminary  s t u d i e s  intended to  e s t a b l i s h  b a s i c  homo- 
geneous chemis t ry  of t r a n s i t i o n  metal complexes w i t h  n i t rogen  oxides .  The 
t r a n s i t i o n  m e t a l s  considered i n  t h i s  work a r e  v o l a t i l e  carbonyl  complexes. 
This  work is the  first s t e p  i n  t h e  development of  supported metal s p e c i e s  
for enhanced n i t rogen  oxides  removal. 

Experimental Methods 

React ion mixtures  are prepared on a s tandard  g l a s s  vacuum manifold. A 
mercury manometer measures t h e  pressure  of each gaseous component o f  t h e  
sample (21 t o r r ) .  The r e a c t i o n s  take  p l a c e  i n s i d e  Pyrex r e a c t i o n  cells with 
KBr o r  CaFz windows. The c e l l s  a r e  mountable i n s i d e  a Digi lab  FTS-20C FTIR 
instrument  t h a t  records  the I R  s p e c t r a  o f  r e a c t i n g  mixtures .  In photo- 
chemical experiments ,  a Hanovia 90100011 200-watt mercury a r c  lamp 
i r r a d i a t e s  t h e  sample f o r  per iods  of 15 or 30 seconds. 

Metal carbonyls  are obta ined  from Strem Chemicals and t r a n s f e r r e d  t o  
Pyrex vacuum c e l l s  i n s i d e  a dry  ni t rogen-purged g love  bag. Gases (NO, NO,, 
and 02) are used as received from Scott S p e c i a l t y  Gases. Small amounts 
(<5 t o r r )  o f  c e r t a i n  gases  a r e  taken from previous ly  made d i l u t i o n  mixtures  
o f  each g a s  in  n i t r o g e n .  

Resul t s  and Discussion 

I r r a d i a t i o n  of a mixture  of 0.3 t o r r  Fe(CO)s and 20 torr NO produces 
new i n f r a r e d  bands i n  t h e  carbonyl -s t re tch ing  region (2092 and 2049 cm-') 
and i n  t h e  n i t r o s y l - s t r e t c h i n g  region (1822 and 1787 cm-I) .  The new I R  
spectrum (see Table  1 )  a g r e e s  with publ ished Fe(C0)2(N0)z s p e c t r a  a f t e r  tak-  
ing  so lvent  s h i f t s  i n t o  account  [ g - l l ] .  

Addi t ion of n i t r o g e n  d ioxide  t o  Fe(CO)s r e s u l t s  i n  t h e  l o s s  of a l l  i r o n  
carbonyl s p e c t r a l  f e a t u r e s  and t h e  appearance of f r e e  CO (see Table  2 ) .  The 
reac t ion  produces an orange f i l m  on t h e  bottom o f  t h e  c e l l ,  whose IR spec-  
trum was recorded a f t e r  depos i t ing  t h i s  c o a t i n g  on a KBr p l a t e .  This  s o l i d  
e x h i b i t s  a weak band i n  t h e  te rmina l  CO-stretch region (1910 cm-') and a 
s t r o n g  band a t  1805 cm-', which is probably due to  a br idging  carbonyl .  
Inf ra red  bands are also observed at  1485, 1355, 1315, and 1220 cm-'. The 
h ighes t  f requency absorbance may be a br idging  n i t r o s y l ,  while t h e  o t h e r s  
a r e  probably coord ina ted  NO2 o r  n i t r i t e  (NOz-1 groups [5]. The formation of  
a s o l i d  c o n t a i n i n g  br idging  l i g a n d s  i n d i c a t e s  t ha t  i r o n  c l u s t e r i n g  r e s u l t s  
from r e a c t i o n  with NOZ. Free CO is genera ted  a s  t h i s  l igand  is e l imina ted  
between c l u s t e r i n g  metal c e n t e r s .  

A sequence of  chemical changes, which are followed by FTIR, occurs  upon 
addi t ion  of 16 t o r r  of oxygen t o  a mixture  of 0.3 t o r r  Fe(C0)s  and 25 torr  
NO. Five minutes  a f t e r  mixing, t h e  Fe(C0)s concent ra t ion  is reduced by 725, 
f r e e  carbon monoxide appears ,  and a smal l  amount of Fe(CO)z(N0)2 is 
observed. E i g h t  minutes fol lowing mixing, i r o n  pentacarbonyl  is gone, whi le  
t h e  F e ( C O ) z ( N O ) t  concent ra t ion  is halved. Nitrogen d ioxide  is n o t  observed 
u n t i l  e leven  minutes  after mixing, when a l l  of t h e  i r o n  carbonyls  have l e f t  
t h e  gas phase  ( s e e  F igure  1 ) .  (We observe t h a t  binary samples of  NO + 02 
begin producing NO2 immediately upon mixing; see Figure  2.)  An orange fi lm 
results, s u c h  as i n  t h e  r e a c t i o n  of  Fe(C0)S + NOz. Our i n t e r p r e t a t i o n  i s  
t h a t  t h e  i n i t i a l  NO2 formed by NO oxida t ion  r e a c t s  with t h e  i r o n  carbonyls  
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to produce iron clusters, and only after this reaction is complete does free 
NO2 appear. 

The next set of experiments involves dicobalt octacarbonyl. Upon addi- 
tion of NO, Coz(C0)a is quickly converted to Co(CO)sNO, as determined by 
FTIR (see Table 1 )  [9-12). No irradiation is necessary to initiate this 
reaction. Pure Co(CO)3NO, produced by the introduction of NO into a cell 
containing a crystal of Coz(CO)e, exhibits no reactivity toward oxygen. 
Upon addition of NO,, both Coz(C0)a and Co(C0)sNO leave the gas phase, and 
free carbon monoxide is produced. We believe that cobalt clustering results 
from the interaction with NO,, much as with Fe(CO)s (see above). 

Summary and Conclusions 

The metal carbonyls studied take up nitric oxide homogeneously in the 
gas phase. Iron requires UV light for reaction with NO, but the same result 
is expected with the application of heat. The metal carbonyls also react 
with nitrogen dioxide but in this case produce polynuclear metal species. 
Oxygen does not attack the carbonyl or nitrosyl complexes. 

The results indicate high potential for NOx removal from stack gases by 
sorption onto supported metal carbonyl complexes. The solid form allows 
ease in separation from the flue gas. Regeneration of the sorbent might be 
achieved by treating with CO to liberate NOx by displacement or by heating 
to decompose and drive off NO,. 

Experiments conducted between the time of this writing and the 194th 
ACS National Meeting will focus on efforts to produce supported transition 
metal complexes and to conduct fundamental studies involving their testing 
as NOx sorbents and as catalysts for nitrogen oxide transformations. Sup- 
port materials will include alumina and titania. Transition metal sources 
will.be metal carbonyls and metal salts, such as the nitrates. 
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Table 1. Gas Phase FTIR Spectra of Some Metal Complexes 
as Measured in this Work. 

Compound Absorbance maxima, cm-' (relative intensity) 

CO(c0) 3NO 2108(.12), 2045(1.0), 2010(.02), 1821(.52) 

Table 2. Gas Phase FTIR Spectra of Simple Nitrogen and 
Carbon Oxides as Measured in this Work. 

Compound Absorbance maxima, cm-' (relative intensity) 

2920( .07), 2890( .05), 1625( 1 . O ) ,  1605( .74) NO L 

NO 1910(1.0), 1855(.88) 

N 20 2238( 1 .O), 2212( .72), 1302(. 17), 1275(. 14) 

co 2170, 2115 

co 2 2365(1.0), 2335(.76) 
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NEW STRATEGY TO DECOMPOSE NITROGEN OXIDES FROM 
REGENERABLE FLUE G A S  CLEANUP PROCESSES 

James T. Yeh, James M. Ekmann, Henry W. Pennline, 
and Charles J. Drummond 

U.S. Department of Energy 
Pittsburgh Energy Technology Center 
Pittsburgh, Pennsylvania 15236 

INTRODUCTION 

Nitrogen oxides (NO,) emitted from stationary combustion sources have 
been identified as important precursors of acid rain formation. Nitric 
oxide is a precursor to the formation of nitrogen dioxide and is an active 
compound in photochemical smog formation as well. It initiates reactions in 
which the products are air pollutants. Consequently, the control of NO 
emissions is an important factor in reducing air pollution. Well over 90 
percent of all the man-made nitrogen oxides that enter the atmosphere are 
produced by the combustion of various fuels. On a nationwide basis, about 
one-half of the NO, is from stationary sources. 

Two sources of nitrogen contribute to the formation of oxides of 
nitrogen in the combustion reaction: molecular nitrogen from the combustion 
air and bound nitrogen from the fuel. Two ways exist to reduce the quantity 
of NO, dispersed into th'e atmosphere. One method is control over the com- 
bustion reaction that produces the pollutant (combustion modification). 
Recent experience with combustion modification techniques for coal combus- 
tion indicate that NO, emissions for combustion when low-NO, burners are 
used can be 505-605 lower than when employing conventional burners under 
otherwise identical conditions [ l ] .  Similarly, NO, reductions approaching 
70% have been reported in pilot-scale reburning studies [ Z ] .  The second 
method is to remove the pollutant downstream after it is formed (postcombus- 
tion cleanup). Postcombustion techniques, which tend to be more complex and 
expensive, may be necessary when high levels (>70%) of NO, reduction are 
required or when installing new facilities for which both NO, and SO, con- 
trols are mandated. 

In certain regenerable, postcombustion cleanup processes, such as the 
NOXSO process [3] ,  a sorbent is used to remove the NO, from the flue gas. 
In the regeneration step, a concentrated stream of NO, is produced. This 
stream would be "recycled" as part of the combustion air back to the coal 
combustor, where a portion of the NO, would be destroyed. Theoretically, 
the NO, returned to the coal combustor would cause little change in the con- 
centration of NO, in the exiting flue gas. Thermodynamic equilibrium cal- 
culations for NO, formation from combustion indicate that NO, injected into 
the flame zone of a combustor would be destroyed to a large extent. The 
formation of NO, and its destruction in practical systems are kinetically 
controlled, and final concentrations of NO, in flue gas substantially exceed 
equilibrium values. To assess the extent of the reduction of recycled NO,, 
experimental tests in practical systems are required. 
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Simulated NO, recycle tests were recently conducted at the Pittsburgh 
Energy Technology Center (PETC), U.S. Department of Energy, with excellent 
results [ 3 ] .  However, the NO,-recycle technique needs improvement if 
steady-state removal of 90% of the NO, produced from the combustor is 
required. This paper reports experimental results for two new techniques to 
improve the destruction of externally injected NO, into a combustor. The 
first technique involves doping the NO, gas stream to the combustor with 
methane (other reductants might also be effective). The second technique is 
injecting the recycled NO, stream at the optimum location (with and without 
methane doping) for maximum reduction. Test data showed 100% reduction of 
injected NO, is possible with this technique. A third approach is proposed 
using a low-NO, burner in combination with the NO, recycle technique to 
achieve a steady-state 90% NO, removal in the flue gas. The projected 
results of the third process scheme are based on material balance computa- 
tions and reasonable expectations of the performance of each component of 
the process. 

THEORETICAL BACKGROUND 

The NO, control techniques described above are based on concepts 
utilized in other in-furnace NO, reduction processes. The techniques 
involve kinetically controlled reduction of NO, based in part on increased 
residence time at high temperatures and in part on the presence of chemical 
species that reduce the NO, to Nz, particularly doping the externally added 
NO, with methane (CHs). Doping recycled NOx with a fuel may appear similar 
to the reburning technique, a term coined by Wendt et al. [41 to describe 
the process of NOx reduction by injection of a secondary fuel stream to 
create a large fuel-rich zone in the combustor. The approach described in 
this paper, tentatively called "hydrocarbon doping," differs from reburning 
in that small amounts of secondary fuel are used (approximately 20% of that 
used in reburning for effective control), and no downstream injection ports 
are required. 

Thermodynamic Equilibrium 

The thermodynamic feasibility of in-furnace NOx reduction was studied 
using the PETC Multi-Phase Thermodynamic Equilibrium computer code and 
Sandia National Laboratory's CHEMKIN computer code. Results of the thermo- 
dynamic study show the equilibrium concentration of NO at various flame tem- 
peratures (see'Figure 1). The thermodynamic model simulates pulverized-coal 
combustion at 20% excess air. Injection of additional NO (referred to as 
recycle ratio, expressed as the ratio of moles of NO injected to moles of NO 
formed in the combustion process) was studied at levels of OS, 901, and 
100%. The calculated data show that at NO recycle ratios as high as 1,  
virtually no net increase of NO occurs. However, although thermodynamics 
indicates nearly total destruction of injected NO is feasible (up to a 
recycle ratio equal to l ) ,  chemical kinetics reaction rates will' dictate the 
final product mix. At a NO recycle ratio equal to 4, the CHEMKIN 
equilibrium code predicts a 1.8% increase in NO concentration compared to 
the case with no recycle. 
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Hvdrocarbon Doping 

NOx reduction are believed to be as follows: 
The global reactions involved in doping the injected NOx with CHr for 

CHI + 4 NO2 -P 4 N 0  + COz + 2 HzO (1) 

and 

CHI + 4 N 0  + 2 NZ + COz + 2 Hz0 (2) 

However, these reactions compete with the methane combustion reaction: 

CHI + 2 02 .* COz + 2 Hz0 (3) 

Figure 2 (taken from Chen et al. [5]) describes the chemical mechanism 
for NOx destruction by hydrocarbons. The kev stem include initial NO des- 
truction by reaction with the met1 
sequent reactions lead to ammonia 
formation of Nz. 

EXPERIMENTAL APPROACH 

Test Facilities 

The exnerimental work was con1 

rlidyne radicai (CHI to form HCN. Sub- 
[or NHi radicals) and eventually to the 

icted at PETC usinn a tunnel furnace and r ~ ~~ 

a 227-kg/hr pulverized-coal combustor. The tunnel fu;nace is a hot-walled, 
refractory-lined box with dimensions of 0.97 x 0.97 x 2.80 m and has a 
single burner in the front wall (interchangeable). It was designed to burn 
gas, coal-water slurry, or pulverized fuels. Combustion air can be pre- 
heated to 4OO0C (750OF). The burner is supplied with separate flows of com- 
bustion air, atomizing air, center-fire air, and natural gas (separate 
ring). The typical firing rate for the coal-water-mixture is approximately 
0.5 x lo6 W (1.7 MMBtu/hr). 

The 227-kg/h (500-lb/h) pulverized-coal combustion test facility is 
shown schematically in Figure 3. The furnace walls are refractory-lined and 
water-cooled. The unit is 2.13-m (7-ft)-wide, 1.52-10 (5-ft)-deep, and 3.66- 
q (lZ-ft)-high, and has a volumetric heat liberation rate of about 165,662 
W/m’ (16,000 Btu/hr-ft’) at a thermal input of 1.9 x 10‘ W (6.5 MMBtu/h). 
The Flue gas flow rate is approximately 0.613 cubic meters per second at 
standard conditions (1300 scfm) (standard condition is 1 atm and OOC). Coal 
is charged to the hopper, pulverized to a size consist of 702 minus-200 
mesh, and then conveyed by the primary air into a recycle coal loop, where 
intimate mixing of coal and air occurs. Four adjustable exit tubes are con- 
nected to the recycle loop; these convey the primary air-coal mixtures to 
each Of the four burners. It should be noted that the primary air swirl 
inducer is no longer being used. Secondary air at 315OC (600°F) is fed 
through swirl vanes surrounding each burner. The flue gas exits the furnace 
at about lo90°C (2000°F) and passes through a convective heat transfer sec- 
tion and an air preheater. 

413 



d- 

0 
+ 
z 
0 
S 
t 
0 z 
+ 
I 
0 

0 I 6 2  z 

W a a 
s2 
L 

rudd ' SV3 3fW NI ON d0 NOllWlN33N03 

474 



Test Procedure 

To s imula t e  t h e  r ecyc le  of NO, from a regenerable  NO, con t ro l  p rocess ,  
n i t r i c  oxide (NO) from a compressed-gas cy l inde r  was i n j e c t e d  i n t o  the com- 
bustor  through t h e  burner(s) .  I n i t i a l  NO, concentrat ion a t  t h e  e x i t  of t h e  
combustor was recorded. Nitric oxide gas  was then i n j e c t e d  i n t o  t h e  bu rne r .  
The NO, concentrat ion i n  t h e  e x i t i n g  f l u e  gas  reached a s t eady- s t a t e  l e v e l .  
I n  the  case of t h e  227-kg/h pulverized-coal combustor, t h e  po in t  of NO, 
i n j ec t ion  i n t o  t h e  burner could be var ied.  Also, n a t u r a l  gas  could be added 
to  t h e  'NO, stream. The burner used i n  t h e  227-kgIh combustor is shown i n  
Figure 4.  

RESULTS AND DISCUSSION 

The test r e s u l t s  of in-furnace reduct ion of r ecyc le  NO, wi th  and with- 
o u t  a s s i s t a n c e  from hydrocarbon doping are given i n  Tables  1 and 2. Tab le  1 
r e s u l t s  were obtained from t h e  tunnel  Furnace t e s t s  while burning n a t u r a l  
gas  and while  burning coal-water mixtures .  Table 2 con ta ins  t e s t  r e s u l t s  
obtained from t h e  227-kg/h pulverized-coal combustor. The i n i t i a l  NO, con- 
cen t r a t ion  is defined as t h e  NO, concentrat ion i n  t h e  furnace e x i t  w i thou t  
any NO i n j e c t i o n  i n t o  t h e  furnace (base l i n e ) .  The f i n a l  NO, concen t r a t ion  
is t h a t  i n  t h e  e x i t i n g  furnace Flue g a s  during i n j e c t i o n  o f  NO a t  s t eady-  
state condi t ions.  The n e t  NO, i nc rease  is t h e  d i f f e r e n c e  between t h e  con- 
cen t r a t ions  du r ing  NO i n j e c t i o n  and t h e  base- l ine condi t ion.  The reduc t ion  
of recycled NO, is the  difference between the  ca l cu la t ed  f i n a l  NO, (assuming 
no in-furnace reduct ion)  and t h e  f i n a l  NO, concentrat ion,  d iv ided  by t h e  
d i f f e rence  between the ca l cu la t ed  f i n a l  NO, and the  i n i t i a l  NO, concentra-  
t i o n .  A d i scuss ion  of t h e  r e s u l t s  From t h e  two test s e r i e s  fol lows.  

Tunnel Furnace 

Simulated NO, r ecyc le  tests were conducted by i n j e c t i n g  n i t r i c  ox ide  
(NO) i n t o  t h e  combustion a i r  stream. The pure NO was de l ive red  from a 
compressed-gas cyl inder .  The NO was d i l u t e d  by t h e  air  stream before e n t e r -  
ing the  furnace.  

The recycled NO, reduct ions were i n  t h e  range of 59% t o  79%. The d a t a  
show a nea r ly  l i n e a r  r e l a t i o n s h i p  between NO, r ecyc le  r a t i o  and NO, reduc- 
t i o n  i n  moles per minute. This i n d i c a t e s  t h a t  t h e  higher  t he  NO, concentra-  
t i o n  i n  t h e  furnace,  t h e  more NO, t h a t  is being decomposed. The l i n e a r  
r e l a t i o n s h i p  perhaps i n d i c a t e s  . t h e  decomposition of NO, is a F i r s t -o rde r  
k i n e t i c s  r eac t ion .  Since t h e  reduct ion of NO, re turned t o  t h e  fu rnace  is 
n o t  complete, thermodynamic equi l ibr ium among a l l  t h e  r e a c t i o n s  s p e c i e s  is 
n o t  being reached within t h e  furnace.  

Pulverized-Coal Combustor 

Several  parameters were studied during t h i s  s e r i e s  of tests. The 
ob jec t ive  was t o  maximize t h e  reduct ion of NO, i n j e c t e d  i n t o  t h e  combustor. 
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Table 2. In-Funncc Reduction of Recyoled Wq. 
221 kg/h h l  Combustor T e a t .  

a. M C o a l  
calorie ratio 

1 L 
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1.48 1.41 

1139 1131 

70 210 

93.3 19.6 

2 2 

.".IlI.ry gas line 

2.85 2.94 

10.1 0 

0. IO1 

Teal 

A 
700 

980 

1.41 

1731 ' 

280 

12.8 

2 

prl-ry 
a ir  

2.23 

0 

~ 

12 

5% 550 

980 140 

- 1 1  - 

1.90 1.87 

I596 1519 

430 190 

58.9 81.5 

9 U 

-ry 
.ir 

1.90 2.58 

0 14.9 

0.135 

Table 2 (mntlnusd). In-Furnace R d U C t l D n  Or R e q C I s d  4, 
221 kg/h Coal CO.bUaMr Testa 

- 
A 
sso 
150 

1.17 

1523 

200 

19.4 

9 

primary 
mir 

2.38 

a 

14 - 
550 , 

650 

1.77 

1523 

89.1 

U 

2.68 

12.5 

.0.118 

L 
480 

685 

2.04 

1460 

19.1 

4 

2.31 

0 

16 

510 

590 

- 

1.92 

1490 

91.8 

U 

2.75 

4.9 

0.093 

I8 

510 490 

570 490 

- 

1.92 2.05 

1490 1492 

93.9 100 

2 2 

.U.lll.ry p a  line 

2.81 3.1 

0 3.9 

0.093 

A 
490 

490 

2.05 

1492 

100 

2 

P'lssry 
air  

3.1 

3.9 

0.093 

I 

477 



The approaches eva lua ted  included v a r i a t i o n  of t h e  NO, i n j e c t i o n  l o c a t i o n  i n  
the burner and the  u s e  of hydrocarbon doping o f  the  NO, stream. 

The NO, can b e  i n j e c t e d  i n t o  the burner and then subsequent ly  i n t o  the  
combustor by t h r e e  poss ib l e  routes:  (1 )  w i th  t h e  secondary a i r  ( t h i s  repre-  
s e n t s  about  80% of to ta l  combustion a i r ) ,  (2)  with the  primary a i r  and c o a l  
stream, or ( 3 )  through t h e  a u x i l i a r y  gas  l i n e s  ( s e e  Figure 4 ) .  Four wall- 
mounted burners  are a t  two d i f f e r e n t  v e r t i c a l  e l eva t ions .  The NO, may be  
i n j ec t ed  through a l l  four  burners or j u s t  through t h e  two lower burners .  

The l o c a t i o n  of t h e  i n j e c t i o n  of NO, wi thin t h e  burner is important.  
The d a t a  i n d i c a t e  t h a t  t h e  e x t e n t  of NO, reduct ion v a r i e s  in  a manner con- 
s i s t e n t  with o t h e r  k i n e t i c a l l y  based NO, reduct ion schemes, such as air 
s taging or reburning.  I t  is reasonable to assume t h a t  t h e  concentrat ion of 
NO, would be lower a t  t h e  e x i t  of t h e  furnace if the  NO, is i n j e c t e d  i n t o  
t h e  combustor i n  a more concentrated form. A comparison of NOx reduct ion 
e f f i c i ency  can be made when t h e  NO, is in j ec t ed  with t h e  secondary air 
(test 1 1 )  and with t h e  primary a i r  ( t e s t s  13 and 15).  Tests 13 and 15 show 
a g rea t e r  NO, r educ t ion  e f f i c i ency  because the  primary a i r  c a r r i e d  t h e  NO, 
i n t o  t h e  combustor a t  a higher concentrat ion than d id  the secondary a i r .  
The flow rate of secondary a i r  is about f o u r  times t h a t  of t h e  primary a i r .  
The NO, reduct ion e f f i c i e n c y  would be expected t o  be higher  i f  t h e  NO, is 
in j ec t ed  i n t o  t h e  combustor through the  a u x i l i a r y  gas  l i n e  ( t e s t s  9 and 17) 
r a the r  than through t h e  primary a i r  l i n e  ( t e s t  10).  By u s e  of t he  a u x i l i a r y  
gas l i n e  t o  i n j e c t  the NO,, no other gas  is there to  d i l u t e  the pure NO 
del ivered from t h e  gas  cyl inder .  The h ighes t  NOx reduct ion e f f i c i e n c y  
obtained was when the NO, was i n j e c t e d  i n t o  the furnace through t h e  
aux i l i a ry  g a s  l i n e .  Test 17 showed a 93.9% reduct ion of t h e  e x t e r n a l l y  
in j ec t ed  NO,. This is a very s u b s t a n t i a l  improvement over  t h e  previously 
reported r e s u l t s  ob ta ined  i n  t h e  same furnace [3] .  

Methane doping of the NO, stream, e s p e c l a l l y  when t h e  NO, is concen- 
t r a t ed ,  is be l i eved  to  cause reburning r e a c t i o n s  l ead ing  t o  NO, r educ t ion ,  
a s  shown i n  Equations ( 1 )  and ( 2 )  and i n  Figure 2. The d a t a  i n d i c a t e  that 
t h e  add i t ion  of a small amount of methane t o  t h e  NOx stream g r e a t l y  improves 
t h e  in-furnace NO, reduct ion e f f i c i ency .  T e s t s  18 and 19 show 100% reduc- 
t i on  of recycled NO,. A t  t h i s  condi t ion,  t h e  methane t o  NO, mole ratio w a s  
only 3.9. Other hydrocarbons or reducing gases  could also be good candi- 
dates  as doping r eagen t s  f o r  in-furnace NO, reduct ion.  

System Material Balance f o r  In-Furnace Decomposition of Recycled Nitronen 

Figure 5 shows a schematic diagram of a regenerable  NO, c o n t r o l  process  
in  which t h e  NO, is re in j ec t ed  i n t o  t h e  coa l  combustor for in-furnace 
disposal .  A number of regenerable  NO, c o n t r o l  processes  now under develop- 
ment employ t h i s  approach. In t h e  combustor, "a" mol/h of NO, is being 
produced and is p a r t i a l l y  removed downstream by t h e  so rben t  w i th in  t h e  
reactor  ( abso rbe r ) .  The remaining NO,, (100 - El)a/100 mol/h, is emit ted 
i n t o  t h e  atmosphere. The NO, absorbed i n  t h e  absorber  r eac to r  is sepa ra t ed  
from the  so rben t  through a regenerat ion process and is then recycled back t o  
t h e  combustor for in-furnace d i sposa l .  

478 



Pu I 

Coal hopper 

verizer 7 
Primary 

a ir 

Stack @ @ @ @  
Flue gas somple positions 

Bophouse 

Primory air-coal 
mixture 

Combustor 

Secondary air 

Ash pit I I 
FIGURE 3. SIMPLIFIED FLOWSHEET OF 227 kglh PULVERIZED-COAL- 

FIRED FURNACE. 

L-81017 

Secondor” 

FIGURE 4. MULTI-FUEL BURNER ASSEMBLY. 

L-11647 
479 



I f  t h e  in- furnace  NO, decomposition e f f i c i e n c y  is not loo%, it would be 
des i r ab le  t o  determine i f  the NO, concent ra t ion  a t  t h e  o u t l e t  of t h e  combus- 
tor would reach steady s t a t e  when t h e  in-furnace NO, d i sposa l  concept is 
applied t o  t h e  o v e r a l l  opera t ion .  

A t  s teady  state, a material balance around t h e  absorber may be def ined  
as follows: 

a + [I100 - c x JlOO - E l ) a l  + , 
100 ) = [ 100 ( 4 )  

Therefore,  

x = a E l / C  (5 )  

Here, E2 is def ined  as the  absorber NOx removal e f f i c i e n c y  r e l a t i v e  t o  t h e  
n e t  mass flow of  NO, en te r ing  t h e  absorber .  

Equations ( 4 )  and ( 6 )  i n d i c a t e  t h a t  t h e  NO, r ecyc le  system w i l l  r each  a 
steady s t a t e  of NO, concent ra t ion  a t  each s t a g e  of the system. For example, 
given a = 100 mol/h, c = 702, and El = go%, the s t eady- s t a t e  r ecyc le  rate x 
can b e  found. From Equation (5 ) ,  x = 128.6 mol/h of NO,. This  impl ies  t h a t  
if the absorber  is designed f o r  s t eady- s t a t e  90% NO, removal from t h e  f l u e  
g a s  produced from the combustor i n  a r ecyc le  mode, t h e  NO, removal capac i ty  
of t h i s  r e a c t o r  (absorber )  must be 128.6 mol/h of NO,. 

Low-NOy Burner and NO, Recycle Combination Process Scheme 

Other p o s s i b i l i t i e s  a l s o  exist to reduce recycled NO,. One technique  
couples a low-NOx burner and in-furnace NO, reduct ion  without t h e  use o f  
hydrocarbon doping (see Figure  5) .  The low-NO, burner f i r s t  reduces the  NO, 
produced from t h e  combustor, thus  reducing the  burden on the  absorber ;  t h i s  
is t h e n  followed by t h e  recyc le  of the  regenerated NO, f o r  in-furnace reduc- 
t i o n .  

An example o f  t h i s  technique is demonstrated as follows ( r e f e r  t o  
Figure 5 and t h e  previous sample c a l c u l a t i o n s ) :  Given a = 73 mol/h NO, 
(assuming a low-NO, burner with 27% NO, reducing e f f i c i ency  is i n  p l a c e ) ,  
c.701 (pe rcen t  of in-furnace reduct ion  of recycled NO,), and the  NO, emis- 
sion c o n t r o l  is 90% removal of t h e  NO, produced i n  t h e  combustor before t h e  
u s e  o f  a low-NO, burner ,  determine i f  t h e  combined NO, reduction through t h e  
coupling of  low-NO, burner and in-furnace reduct ion  o f  recycled NO, can meet 
t h e  90% NO, reduct ion  requirement. 

The answer may bes t  be i l l u s t r a t e d  in a t abu la t ed  form ( s e e  Table 3) by 
comparing o v e r a l l  NO, removal e f f i c i e n c i e s  a t  va r ious  NO, recyc le  r a t e s .  

480 



(100 - E,)a 
100 

I 

Absorber E2 

I 
X I 

I 
I 

c 

I 
I 
I 
I 
I 
I 
I 
I P ,,,---A 

Combustor  

a 

Ai 

a = NOx produced in the combustor, mollh 
E, = system NOx removal efficiency, in relation to  "a", % 
E, = absorber NOx removal (with NOx recycle) efficiency, 

in relation to "a + (100. c)x/lOO", YO 
c = destruction efficiency of recycled NOx in the combustor, YO 
x = flow of NOx recycled to combustor, mollhr 

I 

FIGURE 5. SCHEMATIC DiAGRAM OF NITROGEN 
OXIDE RECYCLE. 

481 



Table 3. Combined NO, Reduction Scheme 

X a + (lOO-c)x/lOO ( 100-E 1 )a/100 El 

NO, exiting 
absorbed and NO, entering absorber Overall 
then recycled, absorber, to stack, efficiency, 

ml/h mol/h mol/h % 

60 91 31 69 

70 94 24 76 

80 97 17 83 

90 100 10 90 

NO, 

The calculated results show that given a low-NO, burner with 27% NO, 
reduction efficiency combined with in-furnace reduction of recycled NO, at 
70% efficiency, 90% overall NO, reduction could be maintained. 

CONCLUSIONS 

The location of injection of recycled NO, into the combustor is 
important. A high degree of mixing between the recycled NO, and the entire 
body of oxidizer and/or combustion gas should be avoided. Doping the 
recycled NO, stream with methane is very effective in destroying the 
injected NO,. It is kinetically advantageous to keep the NO, in a concen- 
.trated form when it comes in contact with the reducing gas. It appears that 
this approach generates a locally fuel-rich zone, minimizes the oxidation of 
methane, and probably creates a pool of hydrocarbon radicals that contribute 
to the destruction of NO,. 

Recirculation of NO, to the combustor after the regeneration step, plus 
th use of either hydrocarbon doping or a low-NO, burner, can destruct most 
or all the recycled NO,. These techniques should contribute to the develop- 
ment of cost-effective systems in which greater than 90% NO, removal effi- 
ciencies can be obtained. 

DISCLAIMER 

Reference in this paper to any specific commercial product, process, or 
service is to facilitate understanding and does not necessarily imply its 
endorsement or favoring by the United States Department of Energy. 
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ABSTRACT 

Coolside desul fur izat ion i s  a n  emerging SO, contro l  technology, i nvo l v ing  inject ion of 
a dry sorbent  such a s  hydrated lime and f lue gas humidif icat ion b y  water spray ing,  
downstream of t h e  a i r  preheater in a coal-fired boi ler  unit. The sorbent  ent ra ined 
in t h e  f lue gas removes SO, in the humidif icat ion zone. It also removes SO, in the 
par t icu la te l aye r  col lected by the ESP o r  baghouse. Based on  pilot-scale data, t he  
desul fur izat ion mechanism in the  humidif ier is  highly complex. Hydrated lime 
ent ra ined in t h e  f lue gas rap id ly  reacts w i t h  SO, a t  high re la t ive humid i ty  condit ions 
but, in the  absence of liquid water, t he  reaction ut i l izes on ly  a small f ract ion of t h e  
sorbent. T h e  presence o f  water droplets in the humid i f ier  s ign i f icant ly  increases the  
sorbent e f f ic iency a n d  the SO, removal level by making t h e  sorbent-SO, reaction 
more effect ive. Increasing t h e  water droplet  size also increases the SO, removal in 
t h e  humidif ier. 

T h i s  paper discusses the  resu l t s  o f  p i lo t  tests which studied the mechanisms of 
SO, capture b y  h y d r a t e d  lime in the presence and absence o f  water droplets  in t h e  
f lue gas. 

INTRODUCTION 

Coolside desul fur izat ion involves injection o f  a dry sorbent [ typ ica l ly  hyd ra ted  l ime] 
followed by f l u e  g a s  humidification w i th  liquid water sprays in the  duc twork  
downstream of the a i r  preheater in a coal-fired boi ler. SO, is  removed by t h e  
entrained sorbent  par t ic les in the humidif icat ion zone and by the sorbent bed in t h e  
par t icu la te col lector. Since sorbent residence time in the humid i f ier  is  v e r y  sho r t  
( typ ica l ly  1-3 seconds], a highly active sorbent  is  needed for a s ign i f icant  humid i f ier  
SO, removal. Water-soluble addit ives can be injected wi th  t h e  humidif icat ion water 
t o  enhance t h e  sorbent  act iv i ty .  

The  concept o f  Coolside technology was successful ly demonstrated by Consolidation 
Coal Company (Consol) in 1 MW field tests  a t  Mart insvi l le, Virginia, in 1984 ( 1 , 2 ) .  
In t h e  f ield tests, SO, removals u p  to  75-80% were achieved across a p i lo t  h u m i m e r  
and  ESP at sorbent  u t i l izat ions ranging up to 35-40%, using commercial hyd ra ted  lime 
w i t h  NaOH as t h e  addi t ive.  The f ield resul ts  indicate that  the presence o f  l i qu id  
water droplets  p lays a key role for high humidif ier SO, removal. The sorbent  
act iv i t ies  in t h e  f i e ld  tests were s ign i f icant ly  h igher  than  those observed in 
laboratory d i f f e ren t i a l  reactor tests under  humid f lue gas condit ions wi thout  
evaporating water  droplets  (11. 

T o  improve t h e  process performance th rough  process optimization and  improved 
sorbent  development. Consol constructed a 0.15 MW pilot test unit (31. A f i r s t  
series o f  process variable tests made in the  p i lo t  unit ( 3 )  confirmed thQconsis tency 
o f  t h e  pi lot SO, removal data w i th  the removals observed-in t h e  1 MW f ie ld  tests. 

Th i s  paper describes the  resu l t s  o f  a subsequent p i lo t  research program, which 
s tud ied the SO, removal mechanisms in the  humidif ier. Two types o f  tests were 
conducted : 
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0 Tests w i t h  steam humidif icat ion, t o  s tudy  sorbent-SO, reactions at close 
approach to  adiabatic saturation and sho r t  contact times, b u t  in the absence o f  
water droplets .  

Tests w i t h  water spray humidif icat ion downstream o f  the lime inject ion (Coolside 
humidif icat ion), w i th  v a r y i n g  nozzle atomizing conditions t o  produce d i f f e r e n t  
droplet  sizes and d r y i n g  times. 

0 

TEST METHODS 

The  tests o f  humidif ier SO, removal mechanisms were made us ing the 0.15 MW 
Coolside p i lo t  unit. Both the  steam humidif icat ion tests and the water sp ray  
humidif icat ion tests  were conducted in th i s  un i t .  

Pi lot Un i t  

F igure 1 shows a schematic o f  t he  p i lo t  unit. The unit consists o f  a f l u e  gas 
generation system, Coolside process system ( inc lud ing lime injector and humid i f i e r ) ,  
a baghouse, and continuous f lue gas sampling and analysis systems. The  f l u e  gas 
leaving the baghouse is recycled af ter  removal o f  excess moisture by a condenser /  
separator, p rov id ing  about 80% o f  the f l ue  gas requirement. The recycle gas  is 
mixed w i th  t h e  f l ue  gas in t roduced from a natura l  gas bu rne r .  By inject ing CO,, 
H,O, SO, and fly ash in to  th is  combined gas, t h e  inlet f lue gas conditions c a n  be 
matched t o  the  f l ue  gas condit ions downstream o f  the a i r  preheater in a coal-f ired 
boi ler. The f l y  ash content was about 4 g ra ins l sc f  f lue gas and the SO, con ten t  
was 1500 ppm in the  tests repor ted here. The  p i lo t  humidif ier is a ve r t i ca l ,  
8.3-inch ID, cy l indr ica l  d u c t  and prov ides a 20-foot down-flow humidif icat ion zone. 
The  f lue gas velocity is  variable from 8 to  25 f t lsec,  g i v ing  0.8-2.5 sec residence 
times. The humid i f ier  has thermocouples and observation por ts  every two feet along 
i t s  length. Hydrated lime (Table 1 )  is  injected i n to  the f lue gas a t  the top  o f  t h e  
humidif ier. A series o f  d i s t r i bu t i on  plates i s  placed between the lime in jector  and 
the  spray nozzle locations to  prov ide sol ids mix ing and uni form gas flow. In a l l  t he  
tests  w i th  water spray ing,  commercial two- f lu id  (air/H,O) nozzles were used. The 
nozzle water flow controls the  humidif ier e x i t  gas temperature for the des i red  
approach to saturation. A water soluble addi t ive such as NaOH can be fed as an 
aqueous solution i n to  the  humidif icat ion water stream. 

The  p i lo t  baghouse has a total c lo th area o f  115 ft’, g i v ing  a maximum a i r l c l o t h  ra t i o  
o f  4.1 acfml f t ’  a t  150OF. 

The  p i lo t  u n i t  is  instal led w i th  two continuous SO,/O, f lue gas analysis systems to  
measure the process SO, removal. The 0, analyses are used t o  correct  f o r  a i r  
in-leakage. The !,02 removal can be measured across the humidifier only o r  across 
t h e  humidif ier and baghouse. The  humidif ier ex i t  gas sampling system was special ly 
designed to prevent  f u r the r  SO, reaction wi th  reactive solids in the sample system. 

Steam Humidification Tests 

In t he  steam humidif icat ion tests, a low-temperature (<18OoF) gas stream was 
produced b y  runn ing  the combustor a t  v e r y  low load and operating wi th  a high 
recycle. The  gas was then  humidif ied w i t h  steam upstream o f  the h y d r a t e d  lime 
inject ion point. The  humidif ier in le t  f lue gas in the steam humidif icat ion tes ts  was 
equivalent t o  the f l ue  gas a f te r  complete droplet  evaporation wi th  water spray humid i -  
fication. Since the  f lue gas was free o f  water droplets, the tests measured SO, 
removal in a d r y  b u t  humidif ied environment. Experimental variables were approach 
t o  saturation (1O-6O0F), and  Ca/S molar ra t i o  (1-2). 
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Water Spray Humidif icat ion Tests 

In t h e  water sp ray  humidif icat ion tests, a high-temperature (ca. 300OF) simulated 
f l ue  gas was humid i f ied t o  a close approach t o  adiabatic saturation (20-25OF) by 
sp ray ing  liquid water  in t h e  humidif ier downstream o f  t he  lime inject ion point .  
Therefore, liquid water  droplets  were present  w i t h  t h e  entrained sorbent u n t i l  t h e y  
evaporated completely. In these tests, three d i f f e ren t  atomizing nozzles were tested, 
each under  widely  v a r y i n g  atomizing a i r  pressures l f lows.  The  v a r y i n g  degrees of 
atomization y ie lded sp rays  w i th  widely v a r y i n g  d rop le t  size d is t r ibut ions and  drying 
times (0.7-2.1. sec a t  30°F approach). Other  experimental variables were approach 
(20-6OOF). Ca lS  (1 to 2 b y  mol) and NaOH/Ca(OH), addi t ive ra t io  (0  t o  0.1 b y  
mass). 

RESULTS AND DISCUSSION 

React iv i ty  o f  En t ra ined  Lime Particles in Humidif ied Flue Gas 

Tests  wi th  steam humidif icat ion (F igure 2) revealed that  entrained hyd ra ted  l ime 
par t ic les have a substantial act iv i ty  for  SO, cap tu re  under  humidif ied f l ue  g a s  
condit ions (a t  low approach to saturation wi thout  the presence o f  l i qu id  water  
droplets ] .  A t  25OF approach t o  saturation, 2 CalS molar ra t i o  and 2 second contact  
time, the SO, removal was 238. This level of SO, removal in the sho r t  contact t ime 
shows that h y d r a t e d  lime part icles have a high in t r i ns i c  ac t i v i t y  under  the  humid i f ied 
conditions, even in t h e  absence o f  water droplets. Th i s  result indicates that  a 
s ign i f icant  SO, reduc t i on  is  possible in the humidif ier by lime which is  not  d i r e c t l y  
wet ted b y  water droplets .  It also indicates that  t he  lime can continue t o  capture a 
signif icant amount o f  SO, even af ter  complete evaporation o f  water sprays. 

T h e  act iv i ty  o f  ent ra ined lime particles under  humidif ied conditions increased 
s ign i f icant ly  w i t h  increasing relative humid i ty  (F igure 2 ) .  The SO, removal at  
2 Ca lS  mole ra t i o  increased from 12% to 40% as t h e  approach to adiabatic saturat ion 
(ca. 125OF) decreased from 6OoF (about 20% re la t ive humid i ty)  to  10°F (about 75% 
re la t ive humid i t y ) .  A t  1 Ca/S rat io, the SO, removal increased from 7% t o  20% w i t h  
t h e  same change in t h e  approach. 

A t  h igher  approaches, t he  SO, removal was no t  as sensit ive t o  the  level of 
approach. As shown in the  f igure, there was l i t t l e  d rop  in removal from 45OF t o  
6OoF approach. A t  v e r y  high approach (13OOF). t h e  removal was s t i l l  5 t o  6% at  
2 Ca lS  rat io. 

T h e  observed e f fec t  o f  the approach t o  adiabatic saturation ( o r  f lue gas humid i ty)  on 
t h e  SO, removal may be  due to  the posit ive ro le  of  physical ly adsorbed water on  t h e  
i n te rna l  and ex te rna l  surfaces o f  porous lime part icles. The amount o f  water  
adsorbed a t  equ i l i b r i um on the lime surfaces increases s t rongly  w i th  increas ing 
humid i ty  (!I. F igu re  3 shows that  the observed SO, removals at v a r y i n g  humid i t ies 
(data from F igu re  2) can be correlated near ly  l inear ly  wi th  the  calculated number of 
monolayers o f  absorbed water (Table 2). based o n  data from a publ ished s tudy  of 
water vapor equ i l i b r i um adsorption on s i x  d i f ferent  hydrated limes as a funct ion of 
humid i ty .  T h e  s t u d y  showed that  the adsorption p e r  u n i t  lime surface area ( o r  
equivalently t h e  number of H,O layers) was independent o f  the lime source. F o r  
example, t h e  equ i l i b r i um amounts o f  H,O adsorpt ion o n  lime are roughly  1.3 and 1.9 
monolayers a t  5O0F a n d  25OF approaches, respectively. In the  steam humid i f icat ion 
tests, it is  no t  c lear  whether the lime rap id ly  adsorbed water t o  near the  equ i l i b r i um 
level a f ter  in ject ion i n to  the f lue gas o r  if the  close approach allowed retention of  
t h e  original surface moisture on the lime. Pi lot tests w i th  va ry ing  in i t ia l  l ime 
sur face moisture contents  can address th i s  question. 
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The  SO, removal by lime part icles in steam humidif ied f lue gas increased w i t h  
increasing lime feed rate in almost d i rec t  p ropor t i on  w i t h  t h e  CalS mol ra t io .  Thus ,  
t he  observed sorbent ut i l izat ion eff iciency remained nearly constant w i t h  
increasing CalS. F igure 2 shows that  t he  SO, removal a t  each approach r o u g h l y  
doubled as the  CalS mol ra t io  doubled from 1 t o  2. These resul ts  are consis tent  
w i th  the  fact  t ha t  t h e  increased sorbent  loading did not change s ign i f i can t l y  t h e  
environment for  su l fu r  capture for ind iv idual  sorbent  part icles. Except  fo r  t h e  10°F 
approach tests, t he  dif ferences in t h e  f lue gas SO, par t ia l  pressure were  no t  
signif icant a t  the two d i f ferent  CalS mol rat ios because o f  t h e  re la t ive ly  low levels  o f  
SO, removal. In the  10°F approach tests, t he  SO, par t ia l  pressure was apprec iab l y  
lower at t h e  h igher  CalS mol rat io, b u t  t h i s  did n o t  a f fect  t he  performance o f  
ind iv idual  sorbent part icles. 

Effect o f  Water Droplets 

Tests w i th  water spray (Coolside) humidif icat ion c lear ly  indicate that  t h e  presence o f  
l iqu id  water droplets substantial ly enhances desulfurization performance. F i g u r e  4 
shows that  a t  the same f inal approach t o  saturation, humidif ier SO, removals w i t h  
water spray humidif icat ion signif icantly exceeds t h a t  w i t h  steam humidif icat ion. A t  
25OF approach and 1 CalS ratio, t he  humidif ier removal was 30% w i th  Coolside 
humidif icat ion, as compared w i th  12% w i th  steam humidif icat ion. A t  45OF approach, 
t h e  respective removals were 13% and  6%. The f lue gas residence time in  t h e  
humidif ier in Coolside tests was 1.7-2.0 seconds, similar to  t h a t  in t h e  steam 
humidif icat ion tests. Water was atomized us ing  the  Spray ing Systems J-12 nozzle 
w i th  100 ps ig  atomizing a i r  pressure. 

The  s ign i f icant  enhancement o f  the sorbent  performance in the  presence o f  
evaporating water droplets  must resu l t  from the wet t ing o f  lime par t ic les by water 
droplets  th rough  droplet-part icle collisions. Th is  wet t ing b y  water droplets  would 
be v e r y  ef f ic ient  in supply ing moisture to  t h e  lime surfaces and would increase t h e  
water content in the  lime part icles well above tha t  possible by phys ica l  adso rp t i on  
alone. 

The humid i f ier  SO, removal under  condit ions o f  water spray ing increased s ign i f i -  
cantly w i th  closer approaches to saturation (F igures 4 and  5). The  removal a t  
1 CalS increased from 13% to 31% as the  approach decreased from 45OF to 25OF. 
Above 45OF approach, the removal was less sensit ive t o  the approach. 

A lower approach t o  saturation can enhance SO, removal under  Coolside humid i f y ing  
condit ions in 'two ways. F i rs t ,  a h igher  liquid water feed rate is  requ i red  a t  a lower 
humidif ier e x i t  temperature. The theoretical water requirements f o r  cool ing t o  45OF, 
3OoF and 25OF approaches in the above r u n s  were 0.288, 0.329, and  0.354 gal l1000 
sc f  f l ue  gas, respectively. The increased water spray ing capacity increases t h e  
probabi l i ty  o f  sorbent ldroplet  interactions. Secondly, the lower approach increases 
water evaporation time. Th is  allows the wetted lime part icles t o  re ta in  mois ture 
longer on the  par t ic le  surfaces. 

The  effect o f  CalS mol ra t io  observed in the  Coolside tests w i t h  water d rop le ts  
present  was somewhat d i f ferent  from t h a t  observed in steam humidif icat ion tests .  In 
t h e  Coolside tests, increasing the lime feed increased humidif ier SO, removals, but 
not  in d i rec t  propor t ion t o  the increasing Ca lS  rat io  (F igure 5 ) .  The  incremental 
effect of addit ional sorbent diminished w i th  increasing CalS ratio, pa r t i cu la r l y  at t h e  
v e r y  close (25OF) approach. Therefore, sorbent u t i l izat ion eff iciency decreased w i t h  
increasing CalS rat io. As shown in F igu re  5, humidif ier SO, removal a t  25OF 
approach was rather  insensit ive to CalS ra t i o  from 1 t o  2, increasing from 30 t o  only 
34%. Addit ional s tudy  is  requi red t o  ident i fy  t he  causes o r  mechanisms for t h e  
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reduced sorbent  u t i l i za t i on  eff iciency w i t h  increas ing sorbent loading. One possible 
explanation i s  t h a t  t h e  f ract ion o f  the to ta l  sorbent  part icles impacted b y  the water 
droplets  may b e  smaller a t  a h igher  sorbent par t ic le  loading. 

E f fec t  of Droplet  Size and  Evaporation Time 

Tests  wi th  Coolside humidif icat ion wi th  widely  v a r y i n g  degrees o f  water atomization 
showed that  SO, removal in the  humidif ier was h ighe r  wi th  larger  water droplets a n d  
longer  droplet  d r y i n g  times a t  the same f inal approach t o  saturation. Th is  resu l t  
indicates tha t  l a rge r  droplets  may p rov ide  more sorbent-droplet in teract ion because 
o f  either the i r  longer  drying times o r  h ighe r  collection efficiencies. The effect of 
d rop le t  size f u r t h e r  confirms the important role o f  water droplets  in the  Coolside 
desulfurization mechanism. 

In the Coolside atomization tests, three d i f f e ren t  nozzles (Spray ing Systems J-12, 
Caldyne 2 mm, and  Heat Systems Sonimist 700-3) were tested under  widely v a r y i n g  
atomizing a i r  p ressu res  and  flows. T h e  var ia t ion in nozzle t y p e  and atomizing 
pressure produced a wide variat ion in t h e  drying time in the  humidif ier (Table 3 ) .  
T h e  d ry ing  time va r ia t i on  resulted pr imar i ly  from dif ferences in water droplet  size 
d is t r ibut ions p roduced  a t  d i f ferent  atomizing a i r  pressures, although droplet  sizes 
were  not exper imenta l ly  measured in this s tudy .  Humidif ier center- l ine gas 
temperature prof i les  were used to  estimate drying times in the tests. F igure 6 
shows such prof i les  fo r  t h e  Spraying Systems J-12 nozzle humid i fy ing a 3OOOF f l u e  
gas to 3OoF approach a t  d i f ferent  atomizing a i r  pressures. When enough 
unevaporated water  droplets  were present  in the  f lue gas to  wet the  center- l ine 
thermocouples, t h e y  read a t  o r  close t o  the adiabatic saturation (wet b u l b )  
temperature. As complete evaporation was approached the thermocouple readings 
approached the  humid i f ier  e x i t  bulk gas (dry bu lb )  temperature. Thus  d r y i n g  t ime 
was estimated f rom t h e  po in t  at which t h e  prof i le  leveled out  a t  t h e  humidif ier e x i t  
temperature to w i t h i n  thermocouple e r r o r  (23OF). The residence time is  based o n  
t h e  plug flow gas ve loc i ty  a t  t he  average humid i f ier  temperature. Based on  t h e  
temperature profi les, the drying time w i t h  t h e  Spray ing Systems J-12 nozzle a t  3OoF 
approach increased from roughly  0.8 t o  2.0 seconds as atomizing a i r  pressure 
decreased from 115 ps ig  t o  45 ps ig .  T h i s  reduct ion in the  atomizing a i r  pressure 
reduced t h e  atomizing a i r  flow through the  nozzle. D r y i n g  time w i t h  the  Caldyne 
nozzle was var iab le f rom 0.8-1.2 sec a t  3OoF by changing the  a i r  pressure from 90 t o  
70 ps ig  (Table 3) .  The Heat Systems nozzle showed l i t t l e  o r  no  variat ion in t h e  
drying time wi th  air pressure (F igure 7). 

F igu re  8 shows t h a t  the humidif ier SO, removal wi th  the Spray ing Systems J-12 
nozzle increased s ign i f icant ly  wi th  decreasing atomizing a i r  pressure and increasing 
drying time. T h e  removal a t  3OoF approach and  1.5 Ca/S rat io  increased from 20% to 
28% as atomizing p ressu re  dropped from 115 ps ig t o  55 psig. A similar effect was 
observed a t  45OF approach, the removal increasing from 15 t o  19% over 115 t o  45 
p s i g  air pressures (Table 3). W i t h  0.1 NaOH/Ca(OH), addi t ive injection, t h e  
increase was from 34% to 41% from 115 t o  55 ps ig  a i r  pressure, a t  3OoF approach a n d  
1.5 Ca/S ratio. 

Us ing  the Caldyne nozzle, the humidif ier SO, removal a t  45OF approach increased 
f rom 15% to 25% w i t h  decreasing atomizing a i r  pressure from 90 ps ig  t o  50 psig. A t  
3OoF approach, t h e r e  was no t  as much var ia t ion in d r y i n g  time (Table 3 )  wi th  a i r  
pressure (90-70 p s i g )  and thus  less var ia t ion in the  SO, removal (23 t o  26%). 

T h e  observed SO, removal us ing the  Heat Systems nozzle was lower than  wi th  t h e  
o the r  two nozzles tested, because it produced ve ry  small rap id l y  evaporating 
droplets, independent  of t he  atomizing a i r  p ressu re  (F igure 7). A t  3OoF approach 
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and  1.5 Ca/S, the  removals were 19-21%. independent o f  t he  atomizing a i r  pressure,  
as compared w i t h  the 20-28% range  observed w i t h  the  other nozzles. A t  45OF 
approach, removals ranged 10-12%. compared w i t h  15-258 observed w i t h  the  o t h e r  
nozzles. 

- SO, Removal in Baghouse 

The  baghouse p rov ided  signif icant SO, capture in bo th  the  steam humidif icat ion and  
Coolside humidif icat ion tests. T h e  relat ive baghouse SO, removals, based on  the  
SO, content a t  t he  baghouse inlet,  depended heavi ly  o n  approach t o  saturation. In 
the steam humidif icat ion tests, t he  re la t ive removal a t  1 Ca/S increased f rom 9% t o  
48% w i th  decreasing approach from 6OoF t o  1 0 O F .  The  re la t ive removal also depended 
on  Ca/S rat io, rough ly  doubling as CalS increased from 1 t o  2,  a t  lower approaches 
in t h e  steam humidif icat ion tests. The relat ive baghouse SO, removals observed 
during Coolside test ing were about  the same o r  a l i t t l e  less than  d u r i n g  steam 
humidif icat ion tests. The total SO, removals (across t h e  humid i f ier  and baghouse) 
were 38% and 21% wi th  Coolside humidif icat ion and steam humidif icat ion, respect ive ly ,  
a t  25OF approach and 1 Ca/S wi thout  NaOH (addi t ive)  injection. The residence time 
o f  solids in t h e  baghouse during the  p i lo t  tests ranged 1-2 hours. Because the 
average solid residence time in the  baghouse var ied and because some sol ids d ropped  
ou t  in the baghouse hopper before reaching the  bags, observed baghouse removals 
prov ide only qual i ta t ive desulfurization data. 

CONCLUSIONS 

Pilot test resul ts  w i t h  steam and water humidif icat ion indicate t h a t  t h e  SO, cap tu re  
mechanisms by entrained hyd ra ted  lime a re  highly complex and s t rong ly  dependent 
on  the  humidif icat ion level (approach t o  adiabatic saturation). Hyd ra ted  lime 
part icles have a signif icant ac t i v i t y  and thus p rov ide  considerable SO, removal in 
only  a few seconds o f  entrainment in the f lue gas under  highly humid i f ied f l ue  gas 
condit ions w i t h  no water droplets. The adsorbed lime surface moisture may p l a y  a 
key role for t h e  desulfurization reaction based o n  t h e  s t rong posit ive ef fect  o f  the 
approach t o  saturat ion on SO, removal. The  presence o f  evaporating water d rop le ts  
enhanced the  SO, removal by the  entrained hyd ra ted  lime par t ic les s ign i f icant ly .  
The wet t ing o f  lime part icles by water droplets may p lay  a key  role in the  enhanced 
performance. The beneficial e f fect  o f  t he  water was greater  a t  a lower approach t o  
saturation and w i th  larger  droplets. The above resul ts  indicate t h a t  time in ject ion 
p r i o r  t o  water spraying, as in t h e  Coolside process, i s  important f o r  maximum 
sorbent  u t i l izat ion eff iciency and SO, removal. Addit ional ly, t he  sorbent  e f f ic iency 
o f  t h e  Coolside process may be  increased by modi fy ing the lime p roper t i es  for  
improved ac t i v i t y  under  humidif ied f lue gas condit ions and by increas ing t h e  lime 
part icle-water droplet  interactions fo r  enhanced wet t ing o f  t h e  part icles. 
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TABLE 1 

CHEMICAL AND PHYSICAL ANALYSES 
OF DRAVO LONGVIEW HYDRATED LIME (a) 

Chemical Analyses, w t  % P a r t i c l e  Size Analyses, w t  % 
Moisture 0.21 +325 mesh 21.6 
Ash 75.59 -325 mesh 78.4 
Carbonate 1.75 

Ash Elemental, ut % BET Analyses 

0.01 Surface Area, m2/g 17.3-20.3 
0.02 

97.42 
2.25 
0.10 
0.02 
0.01 
0.54 
0.57 
0.07 

101.01 

(a) Typical ana lys i s  o f  batch used i n  p i l o t  test ing.  

TABLE 2 

APPROXIMATE EQUILIBRIUM WATER ADSORPTION FOR HYDRATED LIME 
BASED ON PUBLISHED DATA (4) 

Approach t o  
Saturat ion L!L- No. Monolayers 

Water Adsorbed a t  Equ i l i b r i um 

60 
45 
30 
25 
15 
10 

0.00053 
0.00059 
0.00069 
0.00075 
0.00087 
0.00 100 

1.3 
1.5 
1.7 
1.9 
2.2 
2.5 

Based on data a t  158°F f o r  s i x  d i f f e r e n t  hydrated limes. 
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Approach 
O F  

Spraylng Systems 5-12 45 
45 
45 
45 
45 
45 

30 
30 
30 
30 
30 

30 
30 
30 
30 
30 

Cdldyne 

Heat Systems 

30 
30 
30 

45 
45 
45 
45 

45 
45 
45 
45 

30 
30 
30 
30 

TABLE 3 

ATOMIZATION TEST RESULTS 

NaOH/ 

mass 

0 
0 
0 
0 ’  
0 
0 

0 
0 
0 
0 
0 

0.1 
0.1 
0.1 
0.1 
0.1 

0 
0 
0 

0 
0 
0 
0 

0 
0 
0 
0 

0 
0 
0 
0 

Ca( OH) ,, 

115 
100 
85 
70 
55 
45 

115 
100 
85 
70 
55 

115 
100 
85 
70 
55 

90 
80 
70 

90 
80 
60 
50 

70 
60 
55 
45 

70 
60 
55 
45 

Atanl r tng A l r  
6 C f /  

gsl2 

78 
69 
57 
51 
44 
38 

74 
63 
56 
46 
40 

62 
54 
47 
39 
34 

131 
119 
101 

159 
139 
108 
92 

_-- 
295 
273 
213 

-_- 
271 
260 
21 2 

Estlmatad 
Drylng lime, 

SOC 

0.5-0.7 
0.9-1.1 

1.1-1.5 
1.5-1.9 
1 .7-1.9 

0.7-0.8 
0.8 
1 .o 
1.9-2.1 
1.9-2.1 

0.7-0.8 
0.8 
1 .o 
1.9-2.1 
1.9-2.1 

0.8 
0.9-1.1 
1 .o-1.4 

0.5-0.8 
0.7-0.7 
1 .o-1.2 
1.5-1.8 

0.6-0.8 
0.6-0.8 
0.6-0.8 
0.6-0.8 

0.7-0.8 
0.7-0.8 
0.7-0.8 
0.7-0.8 

Humi d i  f i or 
SO, Rmmval 

8 

15 (15) 
15 (14) 
17 (16)  
17 (18) 
19 
19 

20 (20)  
23 
24 (24)  
27 
28 

34 (36) 
39 
41 
40 (41)  
41 

23 (23)  
24 (26) 
26 

15 (14) 
18 
21 (20)  
25 

10 
10 
11 ( 1 2 )  -_ 
19 
19 
21 
23 

Numbers in parentheses a re  repeat tests. 
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Figure  1 .  Schematic of P i l o t  U n i t .  
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Figure 6. Humidifier Temperature Profile. Spraying Systems 5-12 Nozzle. 
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THE MECHANISM OF CaO SULFATION I N  BOILER LIMESTONE INJECTION 

M. R. Stouf fer ,  H. Yoon and F. P. B u r k e  

CONSOLIDATION COAL COMPANY 
Research 6 Development Department 

4000 Brownsvi l le  Road 
L ib ra ry ,  P A  15129 

ABSTRACT 

Pilot and industr ial-scale tests o f  boi ler limestone inject ion (BLI) have demonstrated 
f lue gas SO, reduct ions o f  around 50% a t  sorbent ut i l izat ion efficiencies o f  15-20%. 
The  objective o f  t h e  laboratory  research program described in t h i s  paper  was to 
improve BLI sorbent  u t i l izat ion t h r o u g h  a n  understanding o f  t he  limestone calcination 
a n d  CaO sul fa t ion react ion mechanisms. T h i s  paper describes t h e  laboratory  sulfa- 
t i on  studies. The  laboratory  work  used a d i f ferent ia l  reactor operated a t  700-10OO0C 
and  lab-produced calcines from limestones, dolomites, and hyd ra ted  limes, hav ing  
par t ic le  sizes in a range  applicable t o  BL I .  The  lab work determined the  i n t r i ns i c  
su l fa t ion reaction r a t e  and rate-contro l l ing steps over th is  temperature range. The 
in t r i ns i c  ra te  increased w i th  the  square o f  calcine surface area and was ra te  
contro l l ing only a t  temperatures below 800OC. A t  t he  higher temperatures more 
applicable t o  BLI ,  t h e  sulfat ion rate was l imited by po re  d i f fus ion o f  SO, and po re  
p lugg ing  b y  the su l fa te product .  Therefore,  the reaction rate and  the  saturated 
sorbent  e f f ic iency depended s t rong ly  on par t ic le  size and calcine po re  s t ruc tu re .  
The  lab data ind icate tha t  an  optimum calcine pore s t ruc tu re  can be  obtained b y  
appropr ia te ly  evaluat ing sorbents, cont ro l l ing calcination conditions and  incorporat ing 
alkal i  addi t ives in t h e  sorbent. 

INTRODUCTION 

Boiler limestone in ject ion i s  a low capi ta l  cost SO, control technology, i nvo l v ing  
inject ion o f  pu l ve r i zed  limestone in to t h e  high-temperature (1000-13OO0C) regions of a 
coal-fired furnace. A l ternate calcium sorbents, such as hydrated lime and dolomite, 
can also be used. In 1984, Consolidation Coal Company (Consol) successful ly 
demonstrated the  technology us ing  a 15 hlW indust r ia l  boi ler a t  Du Pont’s Mar t insv i l le  
ny lon  p lan t  ( 1 ) .  T h e  ta rge t  50% SO, removal was achieved by in ject ing limestone at 
2.5-2.75 C a l g  molar ratios, corresponding t o  18-20% sorbent u t i l izat ion eff iciencies. 
Since then, Consol has conducted a n  extens ive laboratory program s tudy ing  the  
fundamental mechanisms involved in BLI. T h e  objective has been to  s ign i f icant ly  
improve the  sorbent  ut i l izat ion by app ly ing  t h e  fundamental information f o r  process 
improvement. 

SO, removal b y  BLI involves sequential calcination and sulfat ion reactions: 

Calcination: CaCO, - CaO + CO, 

Sulfation: CaO + SO, + 112 O,-CaSO,, 

These reactions have  been widely  studied; however, much o f  t he  publ ished w o r k  has 
been l imited to  low surface area (<S m ’ l g l ,  large par t ic le  size (ca. 1 mm) calcines 
(CaO), applicable to fluidized bed  combustion. The reactivi t ies observed w i t h  these 
calcines are too low to  prov ide s ign i f icant  SO, reduction in BL I  (2). More recen t  
studies a t  EPA (3-6) us ing  v e r y  f ine (ca. 1 micron) limestone p a r t k l e s  have shown 
tha t  v e r y  high s u r f a c e  area calcines (up t o  80 m21g) could b e  produced by 
d i f ferent ia l  calcination in a dispersed-phase system. In these studies, t h e  i n t r i n s i c  
sulfat ion ac t i v i t y  o f  t he  v e r y  f i ne  calcine par t ic les was proport ional t o  the square of 
the  calcine BET sur face area. Th is  resu l t  suggests that  product ion o f  a high 

496 



surface area calcine may be c r i t i ca l  f o r  BLI processes. However, t he  1 micron 
limestone par t ic le  size used In t h e  EPA studies i s  much smaller t han  pract ica l  sizes 
fo r  BLI. 

Th i s  paper repo r t s  a laboratory  s t u d y  o f  calcination and su l fa t ion fo r  sorbent  
samples hav ing  a range o f  pa r t i c l e  sizes applicable to  BLI .  Detai led resu l t s  of t he  
calcination s t u d y  were prev ious ly  repo r ted  (7) .  In th is  work, calcines hav ing  up t o  
70 ml/g surface area were produced under  d i f ferent ia l  and dispersed condi t ions from 
pulver ized limestone samples applicable t o  BLI .  Calcine sur face area depended o n  
exposure time, temperature, CO, pa r t i a l  pressure, and stone proper t ies.  A k ine t i c  
model de r i ved  fo r  the calcination reaction indicated t h a t  calcination occu rs  v e r y  
rap id l y  (<0.1 sec l  a t  BL I  temperatures. 

In the sulfat ion s tudy,  the i n t r i ns i c  su l fa t ion kinetics and rate-control l ing s teps  were 
determined w i t h  lab-produced calcines from limestones, dolomites, and  h y d r a t e d  
sorbents. In addition, the ef fect  o f  alkal i  addi t ive incorporation o n  limestone was 
studied as a means o f  enhancing su l fa t ion performance o f  calcines. T h e  temperature 
range o f  700-100OoC, l imited by t h e  experimental apparatus, was lower than  t h e  B L I  
temperature range o f  1000-13OO0C. However, t he  lab data p rov ided  valuable i ns igh t  
i n to  BL I  s u l f u r  capture mechanisms and  comparison o f  d i f ferent  sorbent  performance. 

EXPERIMENTAL 

Test Sorbents 

Twelve test  sorbents were evaluated inc lud ing e ight  d i f f e ren t  limestones, two 
dolomitic stones, a hydrated lime and  a pressure-hydrated dolomite (Table 2 ) .  
These sorbents var ied widely in pa r t i c l e  size as indicated by the i r  spec i f ic  sur face 
mean diameters, and yielded calcines w i t h  widely va ry ing  BET sur face areas (35-70 
m2 /g ) .  Most o f  t he  kinetic data were obtained fo r  calcines produced f rom one stone, 
t he  Dravo Maysvi l le -100 (#1) .  The  other  stones in Table 1 were tested for 
comparison. 

Di f ferent ia l  Reactor 

A dif ferential reactor (Figure 1) was used t o  calcine sorbent samples a n d  t o  measure 
the  sulfat ion performance of t h e  calcines. Th is  unit allowed contro l  o f  react ion 
temperature to  wi th in  f3OC and  sorbent/SO, contact time t o  w i th in  f l  sec. T o  
maintain d i f ferent ia l  sulfation condi t ions wi th  respect t o  SO, par t ia l  p ressu re  and 
temperature and  t o  eliminate bulk mass t ransfer  resistance, v e r y  small sorbent  
samples (down t o  8 mg) well-dispersed in quar t z  wool and  la rge  f lows [up t o  70 
scfh) o f  SO,-containing sweep gas were used. Di f ferent ia l  su l fa t ion condi t ions were 
confirmed up t o  90o-95O0C. Dif ferent ia l  conditions were no t  possible above 95OOC 
because o f  t he  extremely high Sulfation rate. A few tests  a t  1000°C p r o v i d e d  
saturated sorbent  ut i l izat ion data, but no  accurate ra te  data. 

Test  Procedures 

Before sulfat ion, t he  sorbent was, calcined In the dif ferential reactor, under  a p u r g e  
flow o f  a i r  a t  t he  same temperature as the  subsequent sulfat ion. T h e  calcination 
contact time was set to  control t h e  calcine surface area. Fo r  r u n s  w i t h  low sur face 
area calcines, t he  sorbent was calcined external ly  in a muf f le  furnace. A f t e r  
calcination was complete, t he  p u r g e  gas was switched immediately t o  a n  SO,- 
containing gas containing 80% N,, 15% CO,, 5% 0, and 750-3000 ppm SO,. 
Immediately a f t e r  a set reaction t ime between 5 and 600 sec. t he  SO,-containing gas 
was shut  off and  the sorbent sample removed from the reactor. The convers ion of 
CaO t o  CaSO,, was determined by t h e  Ca and S contents in t h e  recovered sample 
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measured by atomic adsorpt ion spectroscopy a n d  combustion i n f ra red  detection, 
respectively. 

Surface area a n d  po re  volume d is t r ibut ions of the calcine intermediates were 
measured separately b y  p roduc ing  calcine samples under  condit ions dupl icat ing those 
used p r i o r  t o  sulfat ion. Calcine surface areas were determined by N, adsorpt ion a t  
77K ( l i qu id  N,) and  the onk-point BET method. Pore d i s t r i bu t i ons  were determined 
from N, desorpt ion isotherms ( a t  77K) following the  methods detai led in References 8 
and  9. 

DISCUSSION OF RESULTS 

Int r ins ic  Sul fa t ion Kinet ics  

In t r ins ic  sulfation ra te  data measured for calcines f rom'  Dravo  -100 mesh limestone 
were correlated by a k inet ic  model, or ig ina l ly  proposed by Borgward t  (6 ) .  Based o n  
the  classical unreacted core model o r  g r a i n  model, t h i s  model r e l s e s  f ract ional  
calcium conversion (XI t o  the SO, contact time It, s e d ,  absolute temperature (T,  
K ) ,  SO, par t ia l  p ressu re  (Pso2, mmHg1, and  calcine specific surface area (A, m z l g )  
as follows: 

1 - 3 ( 1 - x I 2 l 3  + 2 (1-x) = kd.  t 

kd = K (A)"' iPS02)"  exp  (-EIRT) 

where the  constants are 

E = 37 kcal lmol, t h e  activation energy 
m = 2.0 
n = 0.62 
K = 50 

T h e  model equat ion is applicable t o  any calcine (CaO), since it includes a calcine 
proper ty ,  t he  speci f ic  surface area, A. The  in t r i ns i c  ra te  increased w i th  the  square 
o f  the surface area. 

In the or ig ina l  development o f  t h i s  kinetic model, Borgwardt  ( 6 1  used extremely small 
(95 w t  % <2 micron, 30 w t  % c1 micron) calcine part icles, in o r d e r  t o  eliminate p o r e  
d i f fus ion limitation. Because o f  t he  much larger  par t ic le  sizes used in the c u r r e n t  
s tudy  (13.4 micron specif ic surface mean diameter and  28.3 mass median diameter for 
the  Dravo stone, C l ) ,  in t r ins ic  ra te  data wi thout  pore d i f fus ion limitation were 
measured on ly  a t  low temperatures (5800OC) and  w i t h  low surface area calcines ( c 1 5  
m'lg). F igu re  2 shows the good agreement o f  laboratory data a t  800OC wi th  t h e  
kinetic model predic t ions.  

Pore Diffusion Limitat ion 

W i t h  calcines produced from sorbent  samples hav ing  par t ic le  sizes applicable t o  E L I  
(Table 1) .  pore dif fusion was ra te  l imi t ing a t  h ighe r  temperatures (>800°C) and w i t h  
h igher  sur face area calcines (>I5 m' lg ) .  A s  a resul t ,  observed sulfat ion rates were 
signif icantly lower than the  i n t r i ns i c  ra te  predic ted by the  above model. As 
discussed below, po re  dif fusion l imitat ion was evidenced by t h e  observed react ion 
rate dependence o n  temperature. so, pa r t i a l  pressure, par t ic le  size, and calcine 
surface area a n d  po re  s t ructure.  

Figure 3 shows t h a t  for  h igher  surface area calcines, t he  apparent  act ivat ion e n e r g y  
dropped from 37  kcal lmol t o  15-20 kcal lmol a t  h ighe r  temperatures, indicative of 
t rans i t ion t o  po re  dif fusion control.  Th i s  agrees w i t h  the  theoretical predic t ion that 
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E + E diffusion -1 EI2  under  s t rong po re  d i f f us ion  control.  
2 E apparent - 

The onset o f  pore d i f fus ion l imitat ion fo r  h igher  surface area calcines was a round  
800°C, based on  the  changes in slope in the Arrhenius plots. For  a low sur face 
area calcine ( 4  m*/g) ,  pore dif fusion l imitat ion was not ev ident  up t o  950°C. based 
o n  the  activation energy.  

The reaction o rde r  ( n )  in SO, pa r t i a l  pressure, measured a t  900°C w i t h  a 55 m * / g  
calcine, was 0.80 over 750-3000 ppm SO, concentrations, as compared w i t h  0.62 
according t o  the i n t r i ns i c  kinetics. Th i s  change in t h e  reaction o rde r  was also 
indicative o f  the pore d i f fus ion control.  

Because o f  the pore d i f fus ion limitation, t h e  in i t ia l  sulfat ion ra te  observed a t  900°C 
var ied inversely w i t h  par t ic le  size (F igu re  4). The d i f f e ren t  stone samples (Ill-10) 
in Table 1 prov ided the  variat ions in the par t ic le  size in the  f i gu re .  

Under pore d i f fus ion control,  t he  effect o f  calcine surface area was diminished a n d  
high surface area calcines did not necessari ly g i ve  high react iv i ty .  Th i s  i s  because 
a calcine w i th  v e r y  high surface area contains predominantly v e r y  f i ne  pores which 
a re  more subject t o  pore diffusional resistance as well as pore mouth p lugging,  as 
discussed below. 

Calcine Pore Plugging 

Calcine pore mouth p lugg ing  by p roduc t  CaSO, l imited su l fa t ion o f  highly porous 
calcines a t  h igher  temperatures. Limitat ion by pore plugging was ev ident  in t h e  l ab  
tests from the exceptionally low apparent  act ivat ion energies (<lo kcal lmol) observed 
w i th  some v e r y  high surface area calcines and from t h e  reduct ion in the saturated 
calcium uti l izat ion w i th  increasing sulfat ion temperature f o r  most o f  t he  calcines. 

Porous calcines a re  subject t o  pore p lugg ing  by p roduc t  sulfate because the  molar 
volume o f  CaSO, (46.0 cm3/mol) is  considerably greater  t han  t h a t  o f  CaO (16.5 
cm3//mol). If the mouth o f  a pore p lugs before the  i n te r i o r  undergoes reaction, t h e  
sorbent ut i l izat ion i s  reduced. Fur ther ,  pore mouth plugging by CaSO, can reduce 
the  rate o f  su l fa t ion by reducing available surface area and by increasing t h e  p o r e  
dif fusional resistance. Severe p roduc t  po re  mouth plugging i s  most l ike ly  when t h e  
rate o f  sulfat ion exceeds the  rate o f  d i f fus ion th rough  t h e  pores. Therefore, t h e  
degree of deactivation b y  pore plugging can be expected t o  increase w i t h  increas ing 
temperature because the  i n t r i ns i c  sulfat ion rate increases more rap id l y  wi th  tempera- 
t u r e  than the  d i f fus ion rate. Because o f  t h i s  temperature effect, pore p lugg ing  can  
reduce the  apparent act ivat ion energy fo r  sulfation. Deactivation by pore plugging 
can be  expected t o  be  most severe for  smaller pores because the  d i f fus ion r a t e  i s  
slower and less CaS0, is  requi red fo r  complete pore blockage. 

The degree o f  limitation o f  sulfat ion by pore plugging va r ied  widely  among calcines 
produced from d i f ferent  sorbents (Table 2 ) .  The  apparent  sulfat ion act ivat ion 
energies (based o n  init ial  reaction rates) among the  d i f ferent  calcines ranged f rom 
negative values up to 22 kcallmol. The  activation energies below 15 kca l lmol  
indicate a rap id  pore plugging a t  a h igher  temperature since t h e  activation energies 
are lower than  tha t  under  pore d i f fus ion control.  T h e  wide var ia t ion in t h e  
activation energy among calcines indicates v a r y i n g  seve r i t y  o f  po re  p lugg ing  w i t h  
these calcines. The saturated ut i l izat ions also var ied widely among d i f f e ren t  calcines 
(1740% a t  900°C). as d i d  t h e  degree o f  temperature dependence of  t he  saturated 
conversion. 

The test  data confirmed the  more severe limitations by pore plugging fo r  calcines 
wi th  smaller pores. F igu re  5 shows that  a calcine from Censtar ( # 6 )  limestone had  

499 



s ign i f icant ly  f i ne r  po res  (mostly 3-10 nm) and less to ta l  po re  volume than  a calcine 
f rom the Dravo limestone ( I l ) .  The  Dravo calcine had  many pores in the 8-30 nm 
range. The apparen t  act ivat ion energy wi th  the  Censtar calcine was on ly  1.4 
kcallmol, s ign i f icant ly  lower '  t h a n  the  15 kcal lmol observed fo r  t he  Dravo calcine. 
Fur ther ,  the Censtar calcine showed a more severe d r o p  in f inal (saturation) calcium 
ut i l izat ion w i th  increas ing temperature, f rom 36% t o  27% t o  18%. a t  800OC. 900°C and  
1000°C, respectively. T h e  f ina l  ut i l izat ions w i th  t h e  Dravo  calcine were 37%. 36% and  
33% a t  these temperatures. 

Performance o f  D i f f e r e n t  StoneslSorbents 

Limestones: E i g h t  d i f f e ren t  limestones tested exhib i ted widely va ry ing  su l fa t ion 
performance (Table 2 ) .  Saturat ion ut i l izat ions a t  900°C var ied from 17% to 50% and  
apparent act ivat ion energies v a r i e d  from 1.4 t o  22 kca l lmol  over  80O-95O0C. These 
dif ferences resul ted f rom dif ferences in both the  stone par t ic le  size (Table 1) and  
t h e  calcine Intermediate pore s t ruc tu re .  Calcine intermediate pore s t ruc tu re  ( su r face  
area and pore size d i s t r i bu t i on )  var ied widely w i t h  limestone source. However, t h e  
specif ic proper t ies o f  the  o r ig ina l  limestone which lead to a favorable calcine p o r e  
s t r u c t u r e  were n o t  c lea r l y  ident i f ied.  

Dolomitic Stones: Calcines f rom two dolomitic stones (Tables 1 ,  2 )  tested showed 
poor  sulfat ion performance, presumably due t o  the  presence o f  v e r y  small pores. 
B o t h  showed negat ive apparent  sulfat ion activation energies and low saturated 
calcium uti l izat ions (22% at 900°C), indicative o f  premature pore plugging. B o t h  
calcines had v e r y  high surface areas (70 m 2 / g ) .  Pore volume analysis o f  the calcine 
f rom the  Hommel dolomite 0 9 )  showed tha t  it had ove r  85% o f  i t s  po re  volume in 
small pores, 2-10 n m  in diameter. 

Hydrated Sorbents : Calcines de r i ved  from a hyd ra ted  lime and a pressure-hydrated 
dolomitic lime showed be t te r  su l fa t ion performance, in terms o f  bo th  ra te and  
saturation calcium uti l izat ion, t han  those der ived from most limestones, o r  dolomites. 
Fo r  the Dravo Longview hyd ra ted  lime (#11), saturated ut i l izat ion was 55% a t  800OC 
and dropped o n l y  t o  53% a t  900°C (Table 2) .  T h e  apparent act ivat ion was 20 
kcallmol. F igu re  6 clearly shows the  superior sulfat ion performance o f  a calcine 
from a pressure h y d r a t e d  dolomite (812) to  tha t  from a dolomitic limestone (19). t h e  
two calcines h a v i n g  rough ly  t h e  same chemical composition. Saturated calcium 
uti l izat ions were 80% and  22% f o r  the pressure dolomitic hyd ra te  and the dolomific 
stone, respectively. Also, t h e  saturated calcium ut i l izat ion w i th  the p ressu re  
hyd ra te  did no t  d r o p  a t  h ighe r  temperature. The  excel lent performance o f  t h e  
pressure hyd ra ted  dolomite again can be a t t r i bu ted  t o  t h e  formation o f  a ve ry  favo r -  
able calclne pore s t ruc tu re .  Pore volume analysis showed tha t  t he  calcine f rom t h e  
pressure hyd ra te  had a broad pore size d i s t r i bu t i on  (4-40 nm diameter) wi th  abou t  
60% of i t s  total p o r e  volume contr lbuted by pores o f  10 nm diameter and larger ,  as 
compared w i t h  t h e  predominance of v e r y  small pores found in the  calcined dolomite. 

Sulfat ion Enhancement by Add i t i ve  Promotion 

O f  several salts (Na,CO,, NaCI. CaCI,. FeCI,) tested, Na,CO, was found t o  be  t h e  
most e f fect ive in enhancing t h e  desulfurization performance o f  limestone. Add i t i ves  
were incorporated in small amounts (0.25-5 w t  81 In the  limestone sample p r i o r  t o  
calcination. The resu l t s  indicate that  t he  enhancement was pr imar i ly  due to phys i ca l  
effects, increasing t h e  pore size of t he  calcine t o  a range more favorable f o r  p o r e  
dif fusion. Th is  agrees w i t h  the  alkal i  addi t ive effects o n  calcine porosity in FBc 
(10-13). The  degree o f  enhancement increased w i t h  the  Na,CO, dosage up t o  

Fo r  th is  addi t ive s tudy ,  add i t i ve  effects were s tud ied fo r  two d i f ferent  limestones, 
t he  Dravo limestone (#I) and  t h e  Censtar limestone (#6) (Table 1). To produce an  

2 w t $ .  
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addi t ive promoted limestone sample, limestone was s lu r r i ed  in an aqueous add i t i ve  
solution. Water was then evaporated from the  s l u r r y .  A f te r  preparation, t h e  dry 
additive-enhanced limestone was charged in the d i f ferent ia l  reactor and  calcined a n d  
sulfated in the  usual  manner. 

F igu re  7 shows tha t  sodium carbonate promotion o f  t h e  Dravo stone s ign i f i can t l y  
increased pore size o f  the calcine intermediate. With no additive, a calcine p roduced  
a t  900°C had pores mostly in the  6-20 nm diameter range. With 0.5 w t  % a n d  2 w t  % 
Na,CO, in the stone, the 900°C calcines had  pores mostly in the  6-40 nm a n d  10-70 
nm ranges, respectively. Because o f  t h e  increased pore size, calcine sur face areas 
decreased. The BET surface areas fo r  these calcines were 52, 21 and 10 m’ lg ,  w i t h  
Na,CO, concentrat ions of 0, 0.5 and 2 w t  8, respectively. 

With the increase in calcine po re  size w i t h  Na,CO,, t he  sulfat ion performance o f  t h e  
Dravo calcine was s ign i f icant ly  enhanced (F igure 8) .  A t  0.5 and  2 w t  % add i t i ve  
dosages, saturated calcium ut i l izat ions a t  900°C increased from 36% ( w i t h  n o  add i t i ve ]  
t o  47% and 52%. respectively. Observed in i t ia l  sulfat ion rates were also increased 
substantial ly. Similar enhancement was observed a t  8OOOC and 1000°C. F u r t h e r  
increase in the addi t ive dosage above 2 w t  % did not  g i ve  addit ional su l fa t i on  
enhancement. W i t h  5 w t  % Na,CO, sulfat ion, performance o f  the Dravo  calcine was 
no t  as good as w i t h  2 w t  % Na,CO,. The calcine w i t h  5 w t  % Na,CO, h a d  a low 
surface area (7 m21g)  and  thus  a lower i n t r i ns i c  reaction rate. Th is  resu l t  ind icates 
tha t  the pore size was increased excessively above an  optimum ievei. 

W i t h  Genstar limestone (161, Na,CO, showed similar pos i t ive effects. The  sa tu ra ted  
calcium uti l izat ion a t  900°C was increased t o  60% w i t h  2 w t  % Na,CO,, a substant ia l  
improvement over  t h e  27% ut i l izat ion w i t h  no  addit ive. In i t ia l  reaction r a t e  was 
l ikewise enhanced. 

Other  addit ives tested were n o t  as ef fect ive as Na,CO, in promot ing su l fa t ion.  
Sodium chloride (NaCi) showed some enhancing effect. The  saturat ion convers ion 
w i t h  calcined Dravo  stone ( # I )  a t  900°C increased from 36% t o  42% a t  2 w t  % NaCI. 
Calcium chloride [CaCI,) and  fe r r i c  ch lor ide (FeCI,) showed no signif icant enhance- 
ment of sulfation performance. 

CONCLUSiONS 

Sul fur  capture by boi ler  limestone in ject ion invo lves complex calcination and  su l fa t ion 
phenomena and i s  l imited by bo th  chemical and phys ica l  processes inc lud ing i n t r i n s i c  
sulfat ion reaction, SO, pore d i f f us ion  in the  calcine, and pore plugging by the  
p roduc t  CaS0+. 

A n  in t r ins ic  sulfat ion kinetic model, developed by Borgwardt  of EPA, was 
experimental ly confirmed. The in t r i ns i c  reaction ra te  increased w i th  t h e  square  o f  
calcine surface area and the  0.6  power Of SO, par t ia l  pressure, and  h a d  an  
activation enercly of 37 kcailmol. T h e  in t r i ns i c  reaction was rate l imi t ing o n l y  a t  
lower temperatcres (4800OC) and  w i t h  lower sur face area calcines (c15 m’lg) .  

Under  conditions applicable t o  B L i ,  su l fa t ion is  l imited by pore d i f fus ion and  by p ro -  
d u c t  pore mouth plugging. Observed su l fa t ion rates a t  900°C wi th  high sur face area 
calcines var ied inverse ly  w i t h  sorbent  par t ic le  size because o f  t he  po re  d i f f us ion  
limitation. Because of t h e  pore p lugg ing  effect, t h e  capacity for  sulfat ion was lower  
f o r  calcines w i t h  f iner po re  s t ructures.  These resul ts  indicate t h a t  an  opt imum 
calcine pore s t ruc tu re  (in terms o f  surface area and  pore size) may ex i s t  f o r  e f fec-  
t i ve  sulfation. T h e  lab data indicate tha t  t h e  po re  s t ruc tu re  o f  a calcine depends on  
sorbent  source and calcination condit ions. Different limestones gave widely  v a r y i n g  
sulfat ion Performances because they  produced calcines hav ing d i f f e r e n t  p o r e  
s t ructures.  Hydrated sorbents  gave s ign i f icant ly  bet ter  sulfat ion per formance 
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than limestones, because they  yielded a more favorable calcine s t ructure.  These 
resul ts  indicate t h a t  sorbent  selection f o r  B L I  may be  v e r y  important.  

Small amounts of sodium carbonate added to limestones p r i o r  t o  calc inat ion y ie lded 
calcines w i t h  l a rge r  pores  and thus  s ign i f icant ly  enhanced desul fur izat ion 
performance. 
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TABLE 1 

TEST SORBENTS 

Avg Par t i c l e  
Diameter, (a) 

micron BET Maximum BET 

CaO, MgO, Mass Surface of Raw o f  Calcine, 

Elemental 
Anal y s i  s Specif ic Surface Area Surface Area 

Sorbent - w t  8 e nedian Hean(b) Stone. m'/g m'/g No. 

1 
2 
3 
4 
5 
6 
7 
8 
9 

10 
11 
12 

(a) 

(b) 

- 
Dravo Maysvi l le Limestone, -100 mesh 50.82 2.74 28.3 13.4 
Dravo Maysvi l le Limestone, -325 m s h  51.86 2.81 7.2 8.5 
Pf izer  Marble White 200 Limestone 54.79 0.36 23.1 14.6 
Warner Be l l  Mine Limestone 54.71 0.58 25.9 15.8 
Mississippi R-1 Linestone 55.20 0.30 300.0 112.0 
Censtar Apex Limestone 56.53 0.46 28.3 16.1 
Utah Marblehead Limestone 56.55 0.29 48.0 27.0 
Baker Reagent CaCO, 56.54 0.01 13.2 11.2 
Home1 #1974 FF Dolomite 32.00 20.11 32.9 22.0 
Warner D o l m i t e  28.90 21.96 98.2 55.8 
Dravo Longvim Hydrated Lime 72.01 2.44 12.0 12.0 
Pressure Hydrated Dolomite 41.70 30.38 39.2 24.9 

Par t i c l e  size determined by wet screening i n  W,OH and by Coulter Counter. 

Specific surface mean, 0 = - 
z YiDi 

z Y i  

1.4 
6.3 
0.7 
1.8 
0.9 
1 .o 
0.9 
0.5 
0.8 
0.3 

21.1 
23.3 

55 
35 
60 
45 
70 
60 
65 
55 
70 
70 
40 
45 

where Y i  =weight  f rac t i on  of  size cut, Di E Average diameter o f  size cut. 

TABLE 2 

SULFATION PERFORMANCE OF HIGH SURFACE AREA CALCINES FROM TWELVE TEST SORBENTS 

No. 

1 
2 
3 
4 
5 
6 
7 
8 
9 

10 
11 
12 

(a) 
( b l  
(C) 

- 

D Calcine 
micron Surface 'apparent 

Sorbent A Area. m'/q ( b )  

Saturat ion 
Ca Conversion.8 

1 DOO~C 
800OC 9oooc (c)  

Dravo Maysvi l le Limestone, -100 mesh 24.5 
Dravo Maysvi l le Limestone, -325 mesh 8.5 
Pfizer Marble White 200 Limestone 14.6 
Warner. Be l l  n ine Limestone 15.8 

Censtar Apex Limestone 16.1 
Utah Marblehead Limestone 27.0 
Bsker Prec ip i ta ted CaCO, 11.2 
Home1 e1974 D o l m i t e  22.0 
Warner Dol m i t e  55.8 
Dravo Longvim Hydrated Lime 12.0 
Pressure Hydrated Dolomite 24.9 

Mississippi R-1 Limestone 112.0 

55 
35 
60 
45 
70 
60 
65 
55 
70 
70 
40 
45 

15 
15 
4.1 

4.1 
1.4 

15 

15 
22 

Negative 
Negative 

20 
21 

39 36 
50 50 
23 21 
37 33 
20 17 
36 27 
31 20 
45 36 
32 22 
30 22 
5s 53 
80 80 

Specif ic surface mean p a r t i c l e  diameter, as defined i n  Table 1. 
Apparent su l fa t i on  act ivat ion energy over 80O-95O0C. 
Runs a t  1WO'C deviated fran d i f f e ren t i a l  conditions. 
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Figure  1. 
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Schematic o f  D i f f e r e n t i a l  Reactor Uni t .  
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F i g u r e  2. Comparison o f  Su l fa t ion  Rate Data w i t h  I n t r i n s i c  
Su l fa t ion  K i n e t i c  Model. 
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Figure 5 .  Cumulative Pore Volume Distribution for Two Calcined Limestones. 
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Figure 6.  Performance Comparison of Pressure Hydrated Lime 
and Dolomitic Stone. 
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F igure  8. S u l f a t i o n  Enhancement by Na,C03 Addi t ive .  
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SULFUR DIOXIDE SORPTION REACTIVITY OF HYDRATED LIHE: 
EFFECT OF HYDRATION METHOD 

D. L. Moran, M. Rostam-Abadi, R. D. Harvey, and R. R. F ros t  
I l l i n o i s  S ta te  Geological Survey, Champaign, I l l i n o i s  61820 

and 

G. C. Sresty 
I l l i n o i s  I n s t i t u t e  o f  Technology Research I n s t i t u t e  

INTRODUCTION 

The Furnace Sorbent I n j e c t i o n  (FSI) process i s  a r e l a t i v e l y  low c a p i t a l  cos t  
technology f o r  c o n t r o l  o f  SO emissions produced dur ing combustion o f  h igh s u l f u r  
coal. A major  f a c t o r  i n  &e t o t a l  cost  o f  t he  F S I  concept i s  t he  e f f e c t i v e  
u t i l i z a t i o n  o f  t h e  sorbent. I n  p i l o t  p l a n t  t e s t s  performed by previous i n v e s t -  
i ga to rs ,  ca lc ium u t i l i z a t i o n  e f f i c i e n c i e s  ( a t  Ca/S feed r a t i o  o f  2:l) ranged from 
15 t o  20% f o r  l imestone, 25 t o  30% f o r  do lomi t i c  limestone, 20 t o  30% f o r  hydrated 
l ime, and 35 t o  40% f o r  pressure-hydrated do lomi t i c  l ime  (1,2,3,4). The low 
calcium u t i l i z a t i o n s  observed i n  these and many o the r  s tud ies  have mot ivated 
researchers t o  develop methods o f  producing more r e a c t i v e  c a l  cium-based sorbents 
w i t h  the goal o f  reducing SO2 removal costs. 

The hyd ra t i on  method has received considerable a t t e n t i o n  i n  recent  years because i t  
appears t o  be the  l e a s t  expensive method o f  producing f i n e  (<IO micrometer) l i m e  
p a r t i c l e s  wi th h i g h  surface area. P a r t i c l e s  o f  t h i s  s i z e  range are more r e a c t i v e  
than l a r g e r  p a r t i c l e s  because they l a c k  s i g n i f i c a n t  res is tance t o  pore d i f f u s i o n .  
Recent hyd ra t i on  s tud ies  have focused on developing sorbents w i t h  h igher  sur face 
areas than those o f  commercial hydrates. I n  1 aboratory-scal e hydrators, under 
con t ro l1  d process ing condi t ions,  hydroxides having surface areas ranging from 42 

produced (4,5,6,7). Mate r ia l s  w i t h  sur face areas up t o  45 m /g have been produced 
by hydrat ion w i t h  methanol-water so lu t i ons  (7,8). 

The o b j e c t i v e  o f  t h i s  i nves t i ga t i on  was t o  produce hydrated l i m e  with h igh  su r face  
area. Three hyd ra t i on  methods were studied: 1) l ime  was hydrated w i t h  water o r  
a lcohol -water  so lu t i ons ,  2) l ime  was reacted w i t h  water a t  pressures and tempera- 
tu res  up t o  and exceeding s u p e r c r i t i c a l  condi t ions and the  hydrated l ime  produced 
was e jected t o  atmospheric condi t ions,  3) l i m e  was hydrated w i t h  steam. S u l f u r  
d iox ide  so rp t i on  capac i t i es  were obtained by thermogravimetry and surface areas 
were determined by t h e  BET (N2) technique. 

EXPERIMENTAL 

t o  50 m t /g (2 t o  3 t imes greater  than those o f  commercia$ hydrates) have been 

Mate r ia l s  

Two d i f f e r e n t  l imestones were ca lc ined f o r  the experiments ( t a b l e  1). Both con- 
s i s t e d  o f  more than  95% CaC03 ( c a l c i t e ) .  Limestone A i s  character ized as coarse 
gra ined and low  s p e c i f i c  g r a v i t y  and l imestone B as f i n e  gra ined and somewhat 
h igher  s p e c i f i c  g r a v i t y .  

Calc inat ion 

The l imestones were ca lc ined i n  a 2.5-cm I .D.  batch f l u i d i z e d  bed reac to r  con- 
s t ruc ted  from a t ype  316 s ta in less  s tee l  pipe. Twenty t o  f i f t y  grams o f  l imestone 
(100-150 micrometer p a r t i c l e s )  were heated a t  a r a t e  o f  20'C/min t o  850'C. The 
sample was h e l d  a t  t h i s  temperature f o r  30 minutes t o  assure complete conversion o f  
carbonate t o  l ime .  Ni t rogen was t h e  f l u i d i z i n g  gas f l ow ing  a t  a r a t e  o f  1000 
cc/mi n (STP) . 508 
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Hvdration 

A 500 ml, three-neck flask was used to hydrate the lime at atmospheric pressure 
with water or alcohol-water mixtures. Two methods were used: 1) dry hydration 
(twice stoichiometric water or less) and 2)  wet hydration (five times stoichio- 
metric water or more). The hydrate was prepared by adding hydrating solution to 
one gram of lime while stirring the mixture. The temperature of the mixture 
increased from ambient to between 50 and 9O'C due to the exothermic nature of the 
hydration reaction. Some of the hydrating solution boiled off during dry hydration 
runs as a result of localized overheating. The reaction was assumed to be complete 
after the sample had cooled to room temperature. The hydrated lime product was 
dried under vacuum and gently crushed for one to two minutes to break up loosely 
agglomerated particles. Some of the products were filtered and washed with 3 to 25 
ml of alcohol prior to vacuum drying. The products were stored in vials under 
nitrogen to avoid recarbonation. 

Pressure-hydrated 1 ime was prepared at the 111 inois Institute of Technology 
Research Institute in a batch reactor constructed of 1.3-cm I.D. stainless steel 
pipe. The reactor consisted of two sections separated by a metal disk that was 
designed to rupture at a specific pressure. The upper portion of the reactor (6.4 
cm) was charged with one gram of lime and three to four grams of water, capped, and 
quickly heated using a torch. During the heating period (4 to 5 minutes), the 
pressure and temperature of the reactor simultaneously increased until the disk 
ruptured. During this rupturing period (on the order of milliseconds) the reactor 
pressure dropped to one atmosphere. The pressure-hydrated lime slurry was col- 
lected in the lower portion of the reactor (30 cm). The product was vacuum-dried 
prior to testing for sulfation reactivity. 

Lime was hydrated with steam at 200°C for 30 to 60 minutes in a thermogravimetric 
analyzer system. The partial pressure of steam in the reactor was 0.13 atmo- 
spheres. The hydration was assumed to be complete when no further increase in 
weight was observed. The product was then heated in nitrogen at 20"C/min to 850'C 
and was tested for sulfation reactivity. 

a 2  reactivity 

Reactivity data were obtained by Thermogravimetry (TG) using a Cahn RG balance. 
The sample holder (1-cm diameter and 0.5-cm height) was constructed of 100 mesh 
platinum gauze and was suspended from the microbalance by a platinum wire (0.01-cm 
diameter). The reaction temperature was measured by a Pt/Pt-13% Rh thermocouple 
located 5 mm below the sample holder. The reactant gas was passed upward through 
the reactor tube (3.2-cm I.D.). The lower portion of the reactor (10 cm) was 
filled with 0.64-cm ceramic raschig rings which served as a gas mixing and pre- 
heating zone and as a gas distributor. The system was interfaced with an IBM-PC to 
provide automated collection and storage of the microbalance and thermocouple 
outputs. 

In a typical run, sample particles were dispersed in layers of quartz wool located 
in the sample holder. The sample was heated in nitrogen at a rate of 20'C/min to 
850'C. The reaction gas containing 0.5% SO2, 5% 02, 20% CO , and balance N (which 
simulated the flue gas from combustion of a high sulfur coa?) was introduce3 to the 
reactor and the increase in weight due to sulfation and the reaction temperature 
were recorded at 10 second intervals for 60 minutes. Results of preliminary 
experiments revealed that sulfation rates were not affected when sample weights of 
less than 10 mg and gas flow rates between 300 and 900 cc/min (STP) were used. 
Sample weights of 8 mg and flow rates of 300 cc/min were used in subsequent experi- 
ments. 
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RESULTS AND DISCUSSION 

Phvsical c h a r a c t e r i s t i c s  of hvdrates 

Hydrated 1 ime products were examined under a l i g h t  microscope. Dry-hydrated (atmo- 
spheric)  1 ime and a commercial pressure-hydrated 1 ime prepared from 1 imestone B 
consisted of  p a r t i c l e s  which.were predominantly l e s s  than 10 micrometers in  diamet- 
e r .  However, some 10 t o  50 micrometer p a r t i c l e s  were present  i n  t h e  atmospheric 
hydrate. Reduction i n  p a r t i c l e  s i z e  (mmd=2 t o  4 micrometers) i s  achieved i n  
commercial p ressure  hydration processes due t o  t h e  e jec t ion  of t h e  products through 
a o r i f i c e  (9).  The su f a c e  area, BET (N ), of the  pressure-hydrated lime was 17.2 

Wet hydration produced agglomerated p a r t i c l e s  with c l u s t e r s  as  la rge  as  0.5 cm. 
The agglomerates were e a s i l y  reduced i n  s i z e  by gent ly  crushing w i t h  a spatula .  
However, several  l a r g e  p a r t i c l e s  were observed i n  t h e  samples even a f t e r  crushing. 
Examination of  l ime A hydrated with twenty times s toichiometr ic  water followed by 
vacuum-drying and mild crushing showed t h a t  p a r t i c l e s  were predominantly l e s s  than 
20 micrometers i n  diameter, although some as l a r g e  as  150 micrometers were a l s o  
present. 

Hydration with methanol -water solut ions general ly  produced hydroxides w i t h  par- 
t i c l e s  t h a t  were f i n e r  and more uniform than those prepared w i t h  water alone. Few 
p a r t i c l e s  g r e a t e r  than 20 microns were observed i n  these  samples. Depending on the  
amount of methanol used, surface areas  ranging from 43 t o  70 m2/g were obtained 
( t a b l e  3) .  Comparable surface areas  were obtained f o r  products hydrated w i t h  
ethanol -water so lu t ions .  These values show improvement over surface areas  of 
hydrates prepared in  water alone and are  three  t o  f i v e  times g r e a t e r  than those of 
commercially ava i l  able  hydrates. 

So2 r e a c t i v i t y  

As described e a r l i e r ,  t h e  hydrated samples were heated i n  nitrogen to  850'C p r i o r  
t o  su l fa t ion .  A weight l o s s  of 21-23% was observed between 350 and 500'C due t o  
the  dehydration reac t ion .  The theore t ica l  weight l o s s  f o r  t h e  dehydration of pure 
calcium hydroxide i s  24%. The samples l o s t  an addi t ional  1-3% weight between 500 
and 700'C. This weight l o s s  was a t t r ibu ted  t o  the  ca lc ina t ion  o f  any residual  
carbonate mater ia l  in  t h e  sample. 

The progressive increase  i n  weight during su l fa t ion  was a t t r i b u t e d  t o  t h e  react ion 
o f  the calcined product with oxygen and s u l f u r  dioxide according to: 

m 4 /g compared t o  34.3 m h /g f o r  the atmospieric product ( t a b l e  2) .  

CaO t SO2 t 1/2 02 - - - - - ->  Cas04 1) 

X-ray d i f f r a c t i o n  analyses  of  samples exposed t o  the react ion gas mixture confirmed 
t h a t  calcium s u l f a t e  was the sole  product formed. The following re la t ionship  was 
used t o  c a l c u l a t e  t h e  percent  conversion (calcium u t i l i z a t i o n )  of  the sorbent as  a 
function of  r e a c t i o n  time: 

Percent conversion = X t  = 't - '0 M ~ a ~  x 100 2 )  
ywo MS03 

where: W t  = weight of  sorbent a t  time t 
Wo = i n i t i a l  weight of sorbent a t  850°C 
Y = weight f rac t ion  of calcium oxide i n  sample a t  850'C 

MCaO = molecular weight of calcium oxide 
MS03 = molecular weight of s u l f u r  t r i o x i d e  

React ivi ty  curves were obtained by p lo t t ing  Xt against  su l fa t ion  time. 
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Hvdration with water 

The sorption capacities of hydrates prepared at atmospheric pressure depended on 
the method of hydration (dry or wet) and the parent limestone (figure 1). 
surface areas o f  the dry and et hydrates produced from lime A were 37 and 46 m /g 

calcium utilizations of these samples were 59, 69 and 37%, respectively. No 
improvement in utilization was achieved for samples hydrated with five times 
stoichiometric water or more. Dry and wet hydrates produced from lime B had 
surface areas which were similar to those obtained for hydrates prepared from lime 
A (table 2). However, hydrates prepared from lime B had calcium utilizations 
exceeding 90%. 

The results o f  a recent study showed that calcination conditions, i.e. temperature 
and sintering time, were not important in producing hydroxides with high surface 
areas (6). The effect of calcination atmosphere was not investigated in that 
study. A sample was prepared by calcination of limestone A in one atmosphere 
carbon dioxide followed by hydration with twenty times stiochiometric water. This 
treatment increased the utilization of wet hydrate to 78% (vs 69% for hydrate 
psoduced from limestone calcined in nitrogen). The sorbent surface area was 33 
m./g, surprisingly lower than that of the hydrate produced from lime prepared in 
nitrogen atmosphere (46 m2/g). 

Sulfation data for the -325 mesh (<45 micrometers) and 100x150 micrometer limes are 
also shown in figure 1 for comparison. These samples were calcined in the TGA 
system prior to sulfation. It is interesting to note that although hydrates made 
from limestone B were more reactive than tho e made from limestone A, the -325 mesh 

former. Little difference in reactivity was observed for the 100x150 micrometer 
particles. 

Hvdration with methanol-water solution 

Hydration of lime with alcohol-water solution was tested because a previous study 
had shown that this method of hydration produced samples with surface areas as high 
as 50 m2/g (10). Alcohol affects the solubility and interfacial tension of 
hydrates in water and acts as a dispersing agent, thus minimizing particle agglom- 
eration. The reactivity data for lime B hydrated with a 50% methanol-water 
solution and washed with ten grams of methanol are shown in figure 1. This sample 
had a sulfation capacity which was greater than that of the commercially prepared 
pressure-hydrated lime. A sorption capacity of 100% was observed for this sample 
as compared to 95% for the commercial hydrate. High calcium utilizations were also 
observed for samples prepared by hydration of lime A with methanol or ethanol-water 
solutions (see table 3). This indicates that costs associated with pressure 
hydration can be eliminated by hydration with methanol-water solution at atmos- 
pheric pressure. 

Limestone A was subjected to a more extensive study on this method of hydration. 
The objective was to evaluate the effects of the concentration of alcohol in the 
hydrating solution and the amount of alcohol used in the post-hydration washing 
step on the reactivity of the products. The hydration conditions, calcium utiliza- 
tions and surface areas of the hydrates are summarized in table 3. Reactivity data 
are shown in figure 2. Increasing the concentration of methanol in the hydrating 
solution and the amount used in the post-hydration wash resulted in increased 
calcium utilizations. This is clearly shown in figure 3 where the calcium conver- 
sions after 60 minutes are plotted as a function of methanol concentration. 

Jhe 
compared to the value of 13 m Y /g for the starting lime (100x150 micrometers). The 

calcine of the latter (surface area of 20 m 1 /g) was more reactive than that of the 
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The r e l a t i o n s h i p  between the surface area and calcium u t i l i z a t i o n  f o r  the  hydrates 
prepared in  methanol-water solut ion i s  shown i n  f i g u r e  4 .  BET (N2) surface areas  
of hydrates ( p r i o r  t o  dehydration) correlated well w i t h  u l t imate  sorpt ion capaci- 
t i e s .  

Pressure hvdration 

The s u l f a t i o n  data  f o r  the pressure-hydrated products (Lime A) a r e  shown i n  f i g u r e  
5. The calcium conversion of the product prepared a 475 atmospheres and 480'C was 
76%. A conversion of 91% was 
achieved f o r  t h e  sample prepared a t  120 atmospheres and 29O'C. The reason f o r  the 
higher capac i ty  observed f o r  t h i s  sample i s  not known. Although the su l fa t ion  
capac i t ies  of the products prepared under pressure were higher than those of the  
wet hydrates, t h e i r  surface a reas  were lower (see t a b l e  2 ) .  

The surface area of  t h i s  sorbent was 15.4 m 1 /g. 

Steam hydrat ion 

The r e a c t i v i t y  of t h e  steam-hydrated lime A is  a l s o  shown in f igure  5. A calcium 
u t i l i z a t i o n  o f  68 % was observed f o r  the hydrated sorbent. This i s  comparable t o  
t h e  u t i l i z a t i o n  observed f o r  t h e  lime hydrated w i t h  water (wet method) a t  a t -  
mospheric pressure.  Calcinat ion of limestone under a carbon dioxide atmosphere 
pr ior  t o  steam hydration did not influence the  r e a c t i v i t y  of  t h e  sorbent .  

CONCLUSIONS 

Hydration of  lime w i t h  alcohol-water solut ion (ethanol o r  me hanol) a t  atmospheric 

sulfur  dioxide sorp t ion  capac i t ies  equal t o  o r  g r e a t e r  than those of  commercially 
prepared pressure-hydrated limes. Calcium u t i l i z a t i o n  depended on the parent lime- 
stone, the concentrat ion of alcohol i n  t h e  hydrating so lu t ion  and the amount of  
alcohol used during t h e  post-hydration s tep .  A 1 inear  re la t ionship  was obtained 
between calcium u t i l i z a t i o n  and BET (N2) surface area.  Reac t iv i t ies  of the samples 
tested showed t h e  following trend: 

pressure produced sorbents  w i t h  surface areas  a s  high a s  75 rn !? /g. The hydrates had 

Ethanol-water hydration = methanol-water hydration > pressure 
hydration > steam hydration = hydration w i t h  water > lime 

Finally, i t  should be noted t h a t  the  calcium u t i l i z a t i o n s  were obtained a t  850'C 
f o r  su l fa t ion  times of 60 minutes. For prac t ica l  appl icat ion of results, r e a c t -  
iv i ty  da ta  should be evaluated under condi t ions representa t ive  of coa l - f i red  
boi lers ,  i .e .  high temperature, shor t  residence time. 
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* 
Table 1. Characterization of limestones 

Sample ID Geoloaic unit Spec. 
Location Grain-size grav. CaO MgO C02 A1203 Fez03 Si02 Na20 

Limestone A B url inaton Ls. 
Western Ill. Coarse 2.61 53.8 0.3 42.6 0.1 tr+ 1.1 0.02 

Limestone B Fiborn L s .  
Upper Mich. Fine 2.64 54.3 0.9 43.8 0.2 0.2 0.7 nil 

* Analyses in weight percent. 
+ trace 
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Table 2. Summarv o f  s u l f a t i o n  data o f  hydrates 
P a r t i c l e  Ca lc ina t ion  Hydrat ion Calcium Surface 
sizea atmosphere method conversionb 

-100 - -_  _ _ _  95 17.2 BC 
A 100x150 steam 68 
A 100x150 475 atm 76 15.4 

120 atm 91 21.4 
none 85 20.7 

A 100x150 N2 

none 75 
A -325 N2 

93 34.3 
B -325 N2 

d r y  
d r y  59 37.4 

B 100x150 N2 
A 100x150 

B 100x150 N2 wet (20xstoich) 94 49.0 
A 100x150 none 37 12.9 
A 100x1 50 N2 wet (5xstoich) 69 46.1 

100x1 50 C02 steam 68 10.5 A 

Limestone (mesh) % (m /g) 

_- -  

_ _ _  
A 100x150 N2 wet (20xstoich) 67 47.3 

A 100x150 wet (20xstoich) 78 33.3 

B 100x150 N2 none 33 _ _ _  

a p a r t i c l e  s i z e  p r i o r  t o  hydra t ion  step 
b a f t e r  60 minutes 
Ccomerc i  a1 hydra te  

Table 3. Summarv o f  s u l f a t i o n  data o f  a lcohol-water hvdratesaVb 

TG Hydra t ion  Concentration o f  Amount o f  Calcium Surface 
No. method alcohol  i n  so lu t i on  alcohol  wash conversionC 

weight % gm/gm l i m e  % 

91 
92 
98 

106 
104 
105 
96 

100 
95 
93 
97 
89 
90 

108 

d r y  ( t x s t o i c h )  
d r y  (Zxs to ich)  
d r y  ( t x s t o i c h )  
wet (5xs to ich)  
wet (5xs to ich)  
wet (5xs to ich)  
wet (5xs to ich)  
wet (5xs to ich)  
wet (20xstoich) 
wet (15xstoich) 
wet ( IOxs to ich)  
wet ( IOxs to ich)  
wet ( IOxs to ich)  
wet (10xstoich) 

0 
10 
50 
0 
0 

30 
30 
30 

0 
14 
10 
50 
50 
50 

0 
0 
0 
0 
7 
0 
3 
7 
0 

10 
3 

25 
25 
10 

59 
67 
79 
69 
79 
79 
86 
93 
67 
94 
78 
96 
94 

100 

37.4 
43.5 
64.3 
46.1 
49.1 
44.7 
66.4 
70.1 
47.3 
59.4 
53.9 
63.7 
75.3 
- - _  

ahydrates were produced from l i m e  A except TG 108 which was prepared f r o m  Lime B 
bmethanol was used f o r  alcohol-water hydra t ion  t e s t s  except f o r  TG 90 ethanol was 

Cafter 60 minutes 
used 
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I TG 1 O r  

Time (min ) 

TG 56 
TG 65 
TG 72 
TG 03 
TG 86 
TG 91 
TG 95 
TG 101 
TG 100 

TG A8 
TG 102 

TG106 

Commercial hydrate B 
Lime A (100 x 150) 
Lime B (100 x 150) 
Lime A (-325 mesh) 
Lime B (-325 meshl 
Dry hydrate A 
Wel hydrate A (20 x ~toich) 
Wet hydrate B (20 x slotch) 
Hydale A prepared bn a 50% 
melhanol-water ~ l u t i o n  
Dry hydrate B 
Wet hydrateA 120 xsto~ch) 
caIcinedmC0, 
Wet hydrateA r5x SlOiCh) 

Figure 1. The e f f e c t s  o f  hydrat ion method, parent l imestone, 
and ca l c ina t i on  atmosphere on the  r e a c t i v i t y  o f  hydrates. 

Time (mm ) 

F igure 2. Su l fa t i on  r e a c t i v i t i e s  o f  alcohol-water 
hydrates. 
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1 

3' 

E Amount of alcohol in 
post-hydrelmg washing Hydration 1 TG 91 2 -  (gmigm lhme) method 2 TG 92 

3 TG 98 
4 TG 95,106 
5 TG 105 

A 7  wet 6 TG 97 
7 TG 96 - 8 TG 104 
9 TG 100 

. P IO we1 

m 3  wet 

e o  - wet 

8 
40- 

10 TG 93 
20- v o  dry I1 TG 89 

- 
Prcducsd from lime A 

o+ 
0 ' IO I L l  do I 40 ' 50 

Methanol in hydration solution (%) 

F igure  3. The in f luence o f  methanol on hydrated 
products. 

Figure 4. Rela t ionsh ip  between calcium 
u t i l i z a t i o n  and surface area f o r  
methanol -water hydrates. 

Bo. 

z -  
I M. 

t 1 -  

P l r n Y M  ,mm 1rm A 

a-- i o  zb j, i o  io sb 
=me i m n l  

F igure 5. S u l f a t i o n  r e a c t i v i t i e s  o f  
samples prepared by steam 
and pressure hydrat ion (PH)  
methods. 
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REACTION OF A C I D  GASES WITH SOLID ALKALI FLOWING I N  A DUCT: 
SO2 REACTION WITH LIME 
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ROUTE 22 WEST 

BRANCHBURG, NJ 08876 

ABSTRACT 

Many new f l u e  gas d e s u l f u r i z a t i o n  processes a r e  be ing  developed where an a c i d  gas 
and a l k a l i  a r e  reac ted  c o c u r r e n t l y  i n  a duc t .  So lu t i ons  t o  the  m a t e r i a l  ba lance 
equat ions f o r  cocu r ren t  f l o w  processes have been so lved f o r  t h e  cases when t h e  
convers ion  i s  l i m i t e d  by gas phase d i f f u s i o n ,  r e a c t i o n  k i n e t i c s ,  o r  d i f f u s i o n  t h r u  
the  product l a y e r .  The s o l u t i o n s  a re  presented i n  a g raph ica l  form and can be 
used t o  de termine t h e  res idence t ime  requ i red  t o  ach ieve  a s p e c i f i e d  convers ion  o f  
t h e  gaseous component p r o v i d i n g  the  approp r ia te  r a t e  cons tan t  i s  known. The 
curves can a l s o  be used t o  determine a r a t e  c o n t r o l l i n g  s tep  from convers ion  
versus t ime  da ta  taken i n  an iso thermal  f l o w  reac to r .  Th i s  method i s  a p p l i e d  t o  
t h e  a p p l i c a t i o n  o f  t he  h i g h  temperature r e a c t i o n  o f  l i m e  w i t h  SO2 f o r  c o n d i t i o n s  
t h a t  would occur  i n  the  duc t  downstream o f  a d i r e c t  coa l  f i r e d  heat eng ine  
combustor. 

INTRODUCTION 

Low c a p i t a l  c o s t  f l u e  gas d e s u l f u r i z a t i o n  processes a r e  be ing  developed t o  address 
t h e  p o t e n t i a l  market f o r  r e t r o f i t  systems on e x i s t i n g  b o i l e r s  bu rn ing  medium t o  
h igh  s u l f u r  coa l .  Many o f  these new systems i n v o l v e  t h e  i n j e c t i o n  o f  a d r y  s o l i d  
o f  ca lc ium o r  sodium a l k a l i  i n  t he  duc t  t o  r e a c t  w i t h  t h e  SO2 i n  t he  f l u e  gas. 
Calcium a l k a l i  tend t o  be the  p re fe r red  reagents compared t o  those o f  sodium 
because o f  t h e  a v a i l a b i l i t y  and lower  cos t .  

The s to i ch iomet ry  r a t i o  o f  moles o f  ca l c ium fed  t o  t h e  moles o f  SO2 i s  o f t e n  i n  
the  range o f  2 t o  3 f o r  t h e  i n - d u c t  processes. Attempts t o  improve the  u t i l i z a -  
t i o n  o f  reagen t  have s t ressed  the  need f o r  smal l  p a r t i c l e s  o f  h i g h  BET s u r f a c e  
area and p o r o s i t y .  Calcium hydroxide, commerc ia l l y  produced, w i t h  those prop-  
e r t i e s  has achieved the  h i g h e s t  u t i l i z a t i o n s  compared t o  o t h e r  ca l c ium a l k a l i .  

I n j e c t i o n  processes may a l s o  be f e a s i b l e  f o r  removing SO2 f rom f l u e  gas produced 
b y  a d i r e c t  coal  f i r e d  h e a t  eng ine  combustor. I n  t h i s  a p p l i c a t i o n  the  gas i s  
expected t o  be a t  a h igh  temperature and pressure.  Th is  paper p resents  es t ima tes  
o f  the  r e a c t i o n  t ime  r e q u i r e d  f o r  a v a r i e t y  o f  o p e r a t i n g  cond i t i ons  where t h e  
reagent i s  ca l c ium hydrox ide .  

PREVIOUS WORK 

Borgwardt, e t  a1.(2) have shown I h a t  t he  u t i l i z a t i o n  o f  ca l c ium ox ide  p a r t i c l e s  
w i t h  a BET su r face  area o f  32 m /g  r e a c t i n g  w i t h  COS a t  5000 ppm a t  7OO0C i s  
independent over  a p a r t i c l e  s i z e  range o f  1 t o  9.4 microns. They concluded t h a t  
t h e  r e a c t i o n  occurs e q u a l l y  th roughout  the  p a r t i c l e  and t h a t  pore d i f f u s i o n  
res i s tance  must be i n s i g n i f i c a n t .  

I n  a l a t e r  s tudy  Borgwardt and Bruce ( 1 )  measured the  convers ion  o f  1 m i c r o n  
ca lc ium o x i d e  p a r t i c l e s  b y  r e a c t i o n  w i t h  SO2 a t  a concen t ra t i on  o f  3000 ppm i n  a 
d i f f e r e n t i a l  r e a c t o r  over  a temperature range o f  760 t o  1125OC. The p r i m a r y  
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r e s i s t a n c e  t o  SO2 abso rp t i on  was i o n i c  d i f f u s i o n  t h r u  the  produc t  l a y e r .  A 
convent iona l  g r a i n  model a c c u r a t e l y  c o r r e l a t e d  the  data when t h e  concen t ra t i on  o f  
t h e  d i f f u s i n g  i o n  was computed t o  be p r o p o r t i o n a l  t o  the  gas concen t ra t i on  t o  t h e  
0.62 power. 

Bortz;  e t  a1.(3) h a s  s t u d i e d  the  r e a c t i o n  o f  smal l  p a r t i c l e s  o f  ca l c ium hyd rox ide  
a t  temperatures o f  450 t o  6OO0C which a re  t y p i c a l  o f  economizers on u t i l i t y  
b o i l e r s .  These t e s t s  were done i n  an iso thermal  f l o w  reac to r .  Wi th  par i c l e s  i n  
the  range o f  1 t o  5 microns  w i t h  BET su r face  areas g rea te r  t h a t  20 m /gm, t h e  
abso rp t i on  o f  SO2 was dependent on the  gas phase mass t r a n s f e r  ra tes  o f  SO2 
r e l a t i v e  t o  the  k i n e t i c  r a t e  o f  COz w i t h  the  hydroxide. Pore d i f f u s i o n  
r e s i s t a n c e  was n e g l i g i b l e .  

5 '  

THEORY 

A genera l i zed  r e a c t i o n  o f  a s i n g l e  gas A r e a c t i n g  i r r e v e r s i b l e  w i t h  s o l i d  B i s  
g i ven  by  Equat ion  1 where a and b a r e  the  s t o i c h i o m e t r i c  c o e f f i c i e n t s .  

a A (gas) t b B ( s o l i d )  -$ Products 1) 

When the  r e a c t i o n  r a t e  i s  c o n t r o l l e d  by  d i f f u s i o n  o f  t he  gaseous r e a c t a n t  t h r u  t h e  
i n e r t  l a y e r  o f  p roduc t  formed ove r  t h e  unreac ted  c o r e  o f  s o l i d  reagent,  t h e  r a d i u s  
o f  the  unreac ted  co re ,  r, a t  any t ime  i s  g i ven  by  ( 4 ) :  

Fo l l ow ing  t h e  approach used by Borgwardt and Bruce (1) the  i n i t i a l  g r a i n  r a d i u s  o f  
t h e  s o l i d ,  R, i s  r e l a t e d  t o  the  BET area by: 

R = 3/(SaP) = 3/(lO4Sgp) 3 )  

By express ing  the  moles o f  s o l i d  r e a c t a n t  reamaining a t  any t ime  pe r  mole o f  gas 
r e a c t a n t  a t  t h e  i n l e t  t o  t h e  f r a c t i o n  of reac tan t  A remaining the  p a r t i a l  p ressure  
o f  r e a c t a n t  A can be expressed as:  

PA = PAin [p ( is " - %] = PAinE(;s t 1-s3 4)  

where F i s  t h e  moles o f  s o l i d  r e a c t a n t  B fed/moles o f  gas reac tan t  A. 

The f r a c t i o n  removal e f f i c i e n c y  i s  r e l a t e d  t o  the  p a r t i a l  p ressure  o f  r e a c t a n t  A 
by: 

1-E = P A / P A ~ ~  5) 

Combining Equat ions  4 and 5 g ives  the  g r a i n  r a d i u s  a t  any t ime i n  terms o f  t h e  
f r a c  ti ona l  removal e f f i c i ency : 

( r /R )  = [ J  l - (E /SJ  'I3 6) 

The concen t ra t i on  term C i n  Equat ion  2 i s  t h a t  o f  t h e  spec ie  t h a t  d i f f u s e s  
t h r u  t h e  produc t  l aye r .  i o r g w a r d t  and Bruce ( 1 )  expressed t h e  concen t ra t i on  i n  
terms o f  t h e  p a r t i a l  p ressure  o f  t he  gas a s :  

C A  = koPAm 7)  
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S u b s t i t u t i o n  o f  Equat ion  4 i n t o  Equat ion 7, and then s u b s t i u t i o n  o f  t h e  r e s u l t  
i n t o  Equat ion 1 and i n t e g r a t i n g  f rom the  i n i t i a l  c o n d i t i o n  r / R  equal  1.0 a t  t ime 
zero g ives :  

where x i s  se t  equal t o  r / R  and kd i s  t he  lumped cons tan t :  

Assuming m i s  f i x e d  the  va lue  o f  t he  i n t e g r a l  i s  determined f o r  any s p e c i f i e d  feed 
r a t i o  and f i n a l  f r a c t i o n a l  convers ion  e f f i c i e n c y .  The upper  l i m i t  on the  i n t e g r a l  
i s  found from Equat ion  6 .  A n a l y t i c a l  s o l u t i o n s  f o r  t he  i n t e g r a l  f o r  a l l  r e a l  value 
o f  m when S equals 1.0 and f o r  a l l  values o f  S when m equa ls  1.0 a re  l i s t e d  i n  
Table 1. 

When t h e  convers ion  o f  r e a c t a n t  A i s  c o n t r o l l e d  by a f i r s t  o rde r  r e a c t i o n  
w i t h  respec t  t o  A a t  t he  su r face  o f  t he  unreacted core ,  t he  rad ius  o f  t he  
unreacted co re  i s  g iven  by  ( 4 ) :  

By u t i l i z i n g  Equat ions 3 t o  7 i n  an analagous manner, w i t h  m s e t  equal t o  1.0 t h e  
Equat ion 10 can be expressed as:  

IC = -/ x f  dx  = k rd t  
sx3 + 1-s 

111 

where kc i s :  

kc = l o 4  krkoMSg(b/a)pAin/3 12) 

The a n a l y t i c a l  s o l u t i o n  o f  t h e  i n t e g r a l  i n  Equat ion 11 i s  g i ven  i n  Tab le  1. 

I f  t he  convers ion  o f  r e a c t a n t  A i s  c o n t r o l l e d  by  d i f f u s i o n  from t h e  bu lk  gas t o  
the  ou te r  su r face  o f  t h e  g ra in ,  t he  r a d i u s  o f  t he  unreacted core  i s  g i ven  by  ( 4 ) :  

Wi th  m equal t o  1.0, Equat ion 13 can be expressed as: 

where kg i s :  
kg = l o 4  kGkop~ inM(b/a)Sg/3  

The a n a l y t i c a l  s o l u t i o n  o f  t he  i n t e g r a l  i s  g i ven  i n  Table 1 

The values o f  t he  i n t e g r a l s  g i ven  by  Equat ions 8 f o r  m=l and Equat ions 11 and 14  
a re  p l o t t e d  on F igures  1, 2, and 3, r e s p e c t i v e l y .  These r e l a t i o n s h i p s  do n o t  
account f o r  expansion o r  c o n t r a c t i o n  o f  t he  o u t e r  r a d i u s  o f  t he  g r a i n  f rom t h e  
d i f f e r e n c e s  i n  the  molar volumes o f  t h e  r e a c t a n t  and produc t .  
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APPLICATION OF THE GRAPHICAL SOLUTIONS 

Wi th  convers ion  versus t i m e  da ta  t a k e n  i n  a f l o w  r e a c t o r  t h e  g raph ica l  s o l u t i o n s  
prov ide  a r a p i d  method o f  de te rm in ing  i f  the  convers ion  i s  c o n t r o l l e d  b y  one o f  
t he  t h r e e  assumed mechanisms. For t h e  known va lue  o f  S and measured va lue  o f  E, a 
va lue  o f  I i s  read from each cu rve  and d i v i d e d  b y  t h e  res idence t ime  t o  g e t  
va lues  f o r  t he  cons tan ts  k and k . Th is  process i s  repeated  f o r  each 
s e t  o f  da ta  taken. I f  the  q i m p k '  paramet%r f o r  any  one o f  t he  mechanisms i s  
cons tan t  t hen  t h a t  mechanism i s  a p p l i c a b l e  t o  the  process. I f  some t e s t  runs  used 
d i f f e r e n t  i n i t i a l  gas concen t ra t i ons  t h a t  e f f e c t  can be i s o l a t e d  from the  computed 
cons tan ts .  

For a known r e a c t i o n  system where one o f  t he  t h r e e  assumed mechanisms i s  
a p p l i c a b l e  and i f  t h e  r a t e  cons tan t  i s  a l s o  known then  t h e  g raph ica l  s o l u t i o n  can 
be used t o  compute the  res idence t i m e  i n  a f l o w  r e a c t o r .  For  example, assume a 
r e a c t i o n  i s  c o n t r o l l e d  b y  d i f f u s i o n  o f  t h e  gas t h r u  the  produc t  l a y e r ,  so t h a t  m 
i s  1.0, t h e  BET area  i s  known, and the  d i f f u s i o n  c o e f f i c i e n t  had been de termined 
from a da ta  on a d i f f e r e n t i a l  r e a c t o r .  The lumped parameter k can be computed 
from Equat ion  9. F igu re  1 would then  be used t o  read  a va lue  o #  the  i n t e g r a l  f o r  
any values o f  S and E se lec ted .  The requ i red  res idence t ime  can be e a s i l y  computed 
f o r  each case by  d i v i d i n g  the  value o f  t he  i n t e g r a l  by  the  lumped cons tan t .  

SO2 REACTION WITH LIME AT HIGH TEMPERATURE 

I f  ca lc ium hydrox ide  i s  i n j e c t e d  i n t o  a h o t  f l u e  gas where t h e  tempera ture  exceeds 
7OO0C dehydra t i on  o f  t h e  p a r t i c l e  occurs ve ry  r a p i d l y .  The ca l c ium o x i d e  
t h a t  forms i s  a smal l  p a r t i c l e  wi th about 50 % p o r o s i t y  and a h i g h  s u r f a c e  area. 
For t h i s  a p p l i c a t i o n  the  g r a i n  model shou ld  be app l i cab le .  The r e a c t i o n  o f  t he  
SO2 w i t h  t h e  l i m e  a t  these c o n d i t i o n s  produces ca l c ium s u l f a t e ,  and can be 
expressed as: 

SO2 (gas)  + CaO ( s o l i d )  -> Products 16 1 
For t h i s  r e a c t i o n  a and b a re  bo th  1.0. 

One such commercial a p p l i c a t i o n  may be i n  t h e  removal o f  SO2 ,from t h e  combust ion 
gas from a d i r e c t  coa l  f i r e d  t u r b i n e  o p e r a t i n g  a t  temperatures i n  t h e  range o f  950 
t o  12OO0C a t  pressures o f  1013 t o  1520 kPa (IO t o  15 atm).  By removing the  
S02, a t  t h e  h i g h  pressure  t h e  volume of t he  gas be ing  t r e a t e d  i s  much l e s s  than 
downstream o f  t h e  t u r b i n e .  The f e a s i b i l  t y  o f  u s i n g  ca l c ium hydrox ide  i n j e c t i o n  
upstream o f  t h e  t u r b i n e  t o  remove the  SO2 depends on the  r e a c t i o n  t ime  
requ i red .  

The data o f  Borgwardt and Bruce (1) can be used i n  con junc t i on  w i t h  Equat ion 8 t o  
es t imate  the  res idence t ime. They concluded the  convers ion  o f  l i m e  a t  these 
temperatures i s  c o n t r o l l e d  b y  i o n i c  d i f f u s i o n  t h r u  t h e  produc t  l a y e r ,  where m i s  
0.62 and the  d i f f u s i o n  c o e f f i c i e n t  i n  Equat ion  9 i s  expressed as: 

Od = Do * exp(-E'/RT) 17 1 
where E' i n  Equat ion  17 i s  t h e  a c t i v a t i o n  energy o f  36,600 kcal /mol and T i s  t he  
temperature i n  OK. S u b s t i t u t i o n  o f  Equat ion 17 i n t o  Equat ion  9 y i e l d s :  

kd = (10BMkoDoP/9)(Sg2p~02in.62 exp(-E' /RT)) 18 1 
Borgwardt and Bruce c o r r e l a t e d  kd by: 

kd'(108MkoDop/9)(6SgZ~~02in.62)*exp(-E'/RT)=2.65Sg2p~02in.62 exp (-E' /RT) 19) 
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Equat ing the  second and t h i r d  terms i n  Equat ion  1 9  g ives :  

lo8 *M*ko*DO* / 9  = 2.65/6 = 0.4417 

Equat ion 18 can now be w r i t t e n  as: 

k d  = 0.442 * Sg2p~02in.62*eXp(-36,600/RT) 

Since m equals 0.62, Equat ion  8 must be so lved numer i ca l l y  except  when S equals 
1.0. The va lues  f o r  t he  i n t e g r a l  a re  g i ven  i n  F igure  4. To compute t h e  convers ion  
t ime,  t h e  temperature,  feed r a t i o ,  i n l e t  SO2 concen t ra t i on  and o p e r a t i n g  
pressure must be spec i f i ed .  The i n l e t  p a r t i a l  p ressure  o f  SO i s  t hen  computed 
and Equat ion 19 i s  used t o  compute kd. For the  s p e c i f i e d  $ r a c t i o n a l  removal 
e f f i c i e n c y  a va lue  o f  I d  i s  read fom F igu re  4 and d i v i d e d  by  kd T.0 o b t a i n  t h e  
r e a c t i o n  t ime. Tab le  2 summarizes c a l c u l a t i o n s  f o r  t he  r e a c t i o n  t ime  when the  
opera t i ng  pressure  i s  s e t  a t  1520 kPa (15 atm). A t  t h e  h i g h e r  temperature a lower  
BET area was assumed t o  account f o r  s i n t e r i n g .  

CONCLUSIONS 

For d r y  i n j e c t i o n  FGD processes u t i l i z i n g  smal l  p a r t i c l e s  o f  ca l c ium hyd rox ide  o r  
ca lc ium o x i d e  a g r a i n  model can be used t o  rep resen t  the  reagent  u t i l i z a t i o n .  

The r e a c t i o n  t ime  requ i red  f o r  t he  h igh  temperature,  h i g h  pressure  convers ion  o f  
SO2 w i t h  smal l  l i m e  p a r t i c l e s  can be p r e d i c t e d  w i t h  a m o d i f i e d  g r a i n  model t h a t  
accounts f o r  t h e  changing SO2 p a r t i a l  p ressure  when the  r a t e  c o n t r o l l i n g  s t e p  i s  
d i f f u s i o n  t h r u  the  produc t  l a y e r .  
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NOMENCLATURE 

A - gaseous r e a c t a n t  
a - s t o i c h i o m e t r i c  c o e f f i c i e n t  f o r  gas A 
B - s o l i d  r e a c t a n t  
b - s t o i c h i o m e t r i c  c o e f f i c i e n t  f o r  s o l i d  r e a c t a n t  B 
C - c o n c e n t r a t i o n  o f  d i f f u s i n g  specie,  gmol/cm 

- d i f f u s i o n  c o e f f i c i e n t  i n  p roduc t  l a y e r ,  cm /sec - Ar rhen ius  pre-exponent ia l  f a c t o r  
- f r a c t i o n  convers ion  e f f i c i e n c y  o f  gaseous r e a c t a n t  
- apparent  a c t i v a t i o n  energy taken as 36,600 cal /gmol 
- moles o f  r e a c t a n t  s o l i d  fed/mole o f  gas r e a c t a n t  f ed  
- i n t e g r a l  de f i ned  by  Equat ion 11 
- i n t e g r a l  de f i ned  by  Equat ion 8 - i n t e g r a l  i ned  by  Equat ion 14  

- c o n s t a n t  de f i ned  b y  Equat ion 12 
- c o n s t a n t  de f i ned  b y  Equat ion 9 
- c o n s t a n t  de f i ned  b y  Equat ion 15 
- gas phase c o e f f i c i e n t  i n  Equat ion  13, cm/sec 
- c o n s t a n t  de f i ned  by  Equat ion 7 - r e a c t i o n  r a t e  cons tan t  i n  Equat ion 10, cm/sec 
- m o l e c u l a r  we igh t  o f  reac tan t  s o l i d  
- cons tan t  de f i ned  b y  Equat ion 7 

- p a r t i a l  p ressure  o f  gas A a t  i n l e t  cond i t i ons ,  Pa 
- p a r t i a l  p ressure  o f  SO2, Pa 
- p a r t i a l  p ressure  o f  SO2 a t  i n l e t  c o n d i t i o n s ,  Pa 

# 
EO 
E '  
F 

- ( ( l - S ) / S )  175 

m 
PA - p a r t i a l  p ressure  o f  gas A, Pa 
p~i,, 

;;::in 
R - i n i t i a l  g r a i n  r a d i u s  de f i ned  b y  Equat ion 3, cm; t h e  gas 

c o n s t a n t  i n  Equat ions 17, 18, 19 and 20, 1.987 ca l /gmol -  K 
S - Fa/b 
S - BET a rea  o f  s o l i d ,  c$/g 
Sa - BET a rea  o f  s o l i d ,  m /g 
Tg - tempera ture ,  O K  
t - t ime ,  sec  
X - r / R  where R i s  t he  i n i t i a l  g r a i n  r a d i u s  

- r / R  a t  t h e  end o f  t he  r e a c t i o n  t ime  
- mass p e r  u n i t  volume o f  g ra in ,  g/cm3 

LITERATURE CITED 

1. Borgwardt, R.H, and Bruce, K.R., AIChEJ. 1986 32, 239. 

2. Borgwardt, R.H., Roache, N.R., and Bruce, K.R., Env i ron .  Prog. 1984a, 3, 129. 

3. Bor tz .  S . ,  Roman V. P., Yang, R. J., and Of fen ,  G. R., EPA/EPRI  Dry SO2 and 
Simultaneous S02/NOx Con t ro l  Technology, 1986, Paper 6C, Ra le igh ,  NC. 

4. Levensp ie l ,  0. "Chemical React ing  Eng ineer ing" ,  Wi ley,  New York, NY, 1062. 

522 



I TABLE 1: ANALYTICAL SOLUTIONS TO THE INTEGRALS I N  EQUATIONS 8. 11 AND 14 

I n l e t  Tmmp. BET Fmed x x 
SO2 deg C Arma R a t i o  Gas U t i l i -  
ppm r q  m / p  S &sorbed z a t i o n  

S = 1, m = 1: Id = ln(x,) + (I/Xf) -1 

React ion 
Time 
..E 

2000 
1000 
500 

2000 
1000 
500 

1149 8 2.5 90 36 1.904 
1149 8 2.5 00 32 1. 880 
1149 8 2.5 70 28 1.908 

1149 15 2.5 90 36 0.541 
1149 15 2.5 80 32 0.535 
1149 15 2.5 70 28 0.543 

2000 . 927 20 2.5 90 36 3.352 
1000 927 20 2.5 BO 32 3.310 
500 927 20 2.5 70 20 3.360 

2000 927 30 2.5 90 36 1.490 
1000 927 30 2.5 80 32 1.471 
500 927 30 2.5 70 28 1. 493 

2000 927 30 1.0 90 90 17.478 
2000 927 30 1.5 90 60 5.033 
2000 927 30 2.0 90 45 2.486 
2000 927 30 3.0 90 50 0.994 

L 



I Ln N L n h  1 In In 

0 0 

0 co 

0 W 

0 U 

0 r 4  

0 

N 
W 

0 

0 

e 8  
b a  
5 &  

% F u  

8 ,  
w o  

0 0 3 

0 co 

0 W 

0 U 

0 N 

0 
0 ' 0  U N + r .  

9 9  . Y .  9 9 9 8  4 0 U M N  0 

U N d  

524 



I I n I n  1 

3 
0 N 0 U 9 O U z u 2  0 

. + I  . 0 0 
U N 3 

In 
Ln 

I n r .  In 1 

525 



THE USE OF ZINC OXIDE SORBENTS TO REMOVE HYDROGEN SULFIDE 
FROM COAL GASES 

Aysel T. A T I M T A Y  and Susan L. LITTLEFIELD 
Department  o f  Chemical  E n g i n e e r i n g ,  Tulane  U n i v e r s i t y ,  
N e w  O r l e a n s ,  LA 70118 

I t  i s  a n t i c i p a t e d  i n  t h e  f u t u r e  t h a t  s y n t h e t i c  f u e l s  d e r i v e d  
from c o a l  w i l l  be  needed t o  r e p l a c e  t h e  l i m i t e d  r e s o u r c e s  of 
p e t r o l e u m  and n a t u r a l  g a s .  Coal  g a s i f i c a t i o n  is  a n e c e s s a r y  s t e p  
i n  t h e  p r o d u c t i o n  o f  t h e s e  s y n t h e t i c  f u e l s .  D u r i n g  c o a l  
g a s i f i c a t i o n  hydrogen  s u l f i d e  is produced i n  oxygen d e f i c i e n t  
s y s t e m s  d u e  t o  t h e  s u l f u r  compounds p r e s e n t  i n  c o a l .  I n  o r d e r  t o  
b e  a b l e  t o  use  c o a l  g a s  i n  m o l t e n  c a r b o n a t e  f u e l  ce l l s  (MCFC) f o r  
e lectr ic  power g e n e r a t i o n ,  hydrogen s u l f i d e  n e e d s  t o  b e  removed 
down t o  1 ppm l e v e l .  T h e r e f o r e ,  i t  i s  v e r y  i m p o r t a n t  t o  d e v e l o p  
some s o r b e n t s  t o  remove H2S from a few R e r c e n t  down t o  1 ppm 
l e v e l  a t  h i g h  t e m p e r a t u r e s  (600 t o  650  C) t o  o b t a i n  g r e a t e r  
p r o c e s s  e f f i c i e n c y  . 

S e v e r a l  metal o x i d e s  a r e  c a p a b l e  of  h i g h  t e m p e r a t u r e  s u l f u r  
removal (Westmoreland and H a r r i s o n ,  1 9 7 6 ) .  I r o n  o x i d e  is one  of  
t h e  m e t a l  o x i d e s  t h a t  h a s  been used t o  d e s u l f u r i z e  coke  oven 
g a s e s .  However, thermodynamic l i m i t a t i o n s  d o e s  n o t  a l l o w  H 2 S  
removal w i t h  i r o n  o x i d e  t o  t h e  low p a r t i a l  p r e s s u r e s  n e c e s s a r y  
f o r  MCFC o p e r a t i o n .  B u t  i t  c a n  be  done  w i t h  z i n c  o x i d e .  
T h e r e f o r e ,  m e t a l  ox ide-based  s o r b e n t s  f o r  h i g h  t e m p e r a t u r e  H2S 
removal h a s  been an a c t i v e  r e s e a r c h  a r e a  i n  r e c e n t  y e a r s .  

There  h a s  been much s t u d y  c o n c e r n i n g  r e a c t i o n s  between z i n c  
o x i d e  (ZnO) a n d  h y d r o g e n  s u l f i d e  ( H 2 S ) .  W e s t m o r e l a n d  a n d  
H a r r i s o n  ( 1 9 7 6 )  h a s  r e p o r t e d  t h e  r e s u l t s  o f  t h e r m o d y n a m i c  
s c r e e n i n g  o f  t h e  h i g h - t e m p e r a t u r e  d e s u l f u r i z a t i o n  p o t e n t i a l  of 28 
meta l  o x i d e s  b y  u s e  o f  t h e  f r e e  e n e r g y  m i n i m i z a t i o n  method.  
According t o  t h e  r e s u l t s  of  t h i s  s t u d y  ZnO is  among t h e  most 
f a v o r a b l e  o x i d e s  b e c a u s e  of t h e  h i g h  e q u i l i b r i u m  c o n s t a n t  f o r  t h e  
ZnO-H2S r e a c t i o n .  In  1977 westmoreland and H a r r i s o n  p u b l i s h e d  
t h e  r e s u l t s  o f  a c o m p a r a t i v e  s t u d y  o f  t h e  k i n e t i c s  o f  
h i g h - t e m p e r a t u r e  r e a c t i o n s  be tween H2S  and s e l e c t e d  m e t a l  o x i d e s .  
The r e l a t i v e  magni tude  o f  t h e  r e a c t i o n  r a t e s  d e t e r m i n e d  was MnO > 
ZnO = CaO > V 0 The major  r e a s o n s  t h a t  ZnO i s  a d e s i r a b l e  
s o r b e n t  a r e  i t 8  Xigh  r e a c t i v i t y ,  h i g h  e q u i l i b r i u m  c o n s t a n t  f o r  
t h e  ZnO - H S r e a c t i o n  and a b i l i t y  of ZnS t o  b e  r e g e n e r a t e d  (Rao 
and Kumar, 1 6 8 1 ) .  

R e s u l t s  r e g a r d i n g  s t r u c t u r a l  changes  i n  t h e  p u r e  ZnO s o r b e n t  
a t  h igh  t e m p e r a t u r e s  a r e  r e p o r t e d  i n  t h e  l i t e r a t u r e  (Ranade and 
H a r r i s o n ,  1 9 8 0 ) .  S i n t e r i n g  a c t u a l l y  causes t h e  p a r t i c l e s  t o  
s h r i n k  r a d i a l l y ,  t h u s  w i t h  t h e  same mass of  p a r t i c l e s  t h e r e  is a 
s m a l l e r  amount of s u r f a c e  a v a i l a b l e  f o r  r e a c t i o n .  
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The s o l u t i o n  to  t h i s  problem c a n  be p roposed  b y  s u p p o r t i n g  
t h e  z i n c  o x i d e  on a s u p p o r t  which can  s t a n d  t o  h i g h  t e m p e r a t u r e s .  
Such a s u p p o r t  c a n  b e  z e o l i t e s .  Thus,  more r e a c t i o n  s u r f a c e  area 
w i l l  b e  a v a i l a b l e  f o r  t h e  r e a c t a n t  and s o r b e n t  e f f i c i e n c y  c a n  b e  
i n c r e a s e d .  

I n f o r m a t i o n  a b o u t  z e o l i t e s  i s  g i v e n  b y  Maxwell ( 1 9 8 2 ) .  
Z e o l i t e s  a r e  c r y s t a l l i n e  a l u m i n o s i l i c a t e s  w i t h  a c h e m i c a l  
c o m p o s i t i o n  o f  t h i s  g e n e r a l  formula:  

Mn+ is t h e  c a t i o n  $$at b a l a n c y g  t h e  n e g a t i v e  c h a r g e  o f  t h e  
f r amework  i o n s ,  S i  a n d  A 1  . The f r a m e w o r k  i o n s  a r e  
t e t r a h e d r a l l y  c o o r d i n a t e d  t o  f o u r  o x y g e n  a n i o n s .  The- 
t h r e e - d i m e n s i o n a l  network is formed by l i n k i n g  ( S i 0 4 )  and ( A 1 0 4 )  
t e t r a h e d r a  t h r o u g h  s h a r e d  oxygen i o n s .  The t e t r a h e d r a  form r i n g s  
which are e n t r a n c e s  t o  c h a n n e l s  o r  c a g e s  i n  z e o l i t e s .  The c a g e s  
d e f i n e  t h e  p o r e  d i a m e t e r  o f  t h e  z e o l i t e  p a r t i c l e .  The d r a w i n g  
below shows t h e  s t r u c t u r e  o f  t h e  m o r d e n i t e ,  Z t y p e  z e o l i t e ,  which 
h a s  been used f o r  t h i s  s t u d y .  In  g e n e r a l ,  z e o l i t e s  h a v e  good 
the rma l  s t a b i l i t y ,  and t h e  framework c a t i o n s ,  u s u a l l y  sodium c a n  
b e  exchanged f o r  d i f f e r e n t  t y p e s  o f  c a t i o n s ,  i n c l u d i n g  z i n c .  The 
m o r d e n i t e  t y p e  o f  z e o l i t e  i s  s i l i c a  r i c h ;  t h e r e f o r e  i t s  
h y d r o t h e r m a l  s t a b i l i t y  i s  g r e a t  ( s t a b i l i t y  i n c r e a s e s  w i t h  
d e c r e a s i n g  aluminum c o n t e n t ) .  T h i s  s t a b i l i t y  made t h e  m o r d e n i t e  
t h e  o b v i o u s  c h o i c e  for t h i s  s t u d y .  Z e o l i t e s  seem t o  be a good 
way t o  combat t h e  l o s s  o f  s u r f a c e  a r e a  o f  t h e  ZnO, d u e  t o  
s i n t e r i n g ,  b e c a u s e  t h e  z e o l i t e  s u p p o r t  w i l l  b e  t h e r m a l l y  s t a b l e  
d u r i n g  t h e  ZnO-H2S r e a c t i o n .  

T h e  o b j e c t i v e  f o r  t h i s  pape r  i s  t o  d e t e r m i n e  i f  u s i n g  
z e o l i t e  s u p p o r t s  f o r  t h e  z i n c  oxide-based s o r b e n t s  improves  
c o n v e r s i o n ,  making z i n c  o x i d e  s u p p o r t e d  on z e o l i t e s  a more 
e f f i c i e n t  s o r b e n t .  E x p e r i m e n t a l l y ,  t h e  r e a c t i v i t y  o f  z i n c  
o x i d e - z e o l i t e  p a r t i c l e s  w i l l  b e  i n v e s t i g a t e d ,  and k i n e t i c  d a t a  
w i l l  be de te rmined  f o r  t h e  r e a c t i o n .  The r e s u l t s  w i l l  t h e n  b e  
compared w i t h  d a t a  found i n  t h e  l i t e r a t u r e .  

M:& [ ( A 1 0 2 )  ( S i 0 2 )  y1 , H 2 0  

EX PER IME NTAL 

The r e a c t i o n  o f  H S w i t h  ZnO o n  z e o l i t e  s u p p o r t ,  whose mean 
d i a m e t e r  was 8.442 mm, was s t u d i e d  i n  t h e  t e m p e r a t u r e  
r a n g e  o f  500 t o  100 C. A p lug- f low r e a c t o r  was used which was 52 
cm long and had an i n s i d e  d i a m e t e r  o f  2 . 2  cm. F i g u r e  2 shows t h e  
s c h e m a t i c  diagram of t h e  react05 system. The t o t a l  g a s  f l o w  r a t e  
was h e l d  a t  h i g h  r a t e  (1200 c m  /min) t o  e l i m i n a t e  t h e  e f fec t  o f  
e x t e r n a l  mass t r a n s f e r  f o r  t h e  g a s  s o l i d  r e a c t i o n .  The s i m u l a t e d  
g a s  m i x t u r e  c o n s i s t e d  o f  4 %  H S, H 2  and t h e  rest  N G a  s 
a n a l y s e s  f o r  e a c h  r u n  were checsed  by t a k i n g  samples ziom t h e  
sample p o r t  i n d i c a t e d  i n  F i g u r e  2 and i n j e c t i n g  i n t o  t h e  Gas  
Chromatograph. 

S o r b e n t  p a r t i c l e s  were p r e p a r e d  b y  s o a k i n g  z e o l i t e  s u p p o r t  
p a r t i c l e s  i n  c o n c e n t r a t e d  z i n c  s u l f a t e  s o l u t i o n ,  t h e n  d r y i n g  them 
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abou t  a8 hour  a t  10o°C and f i n a l l y  r o a s t i n g  them f o r  24 h o u r s  a t  
5 0 0 - 6 0 0  C.  

A f t e r  z e o l i t e  p a r t i c l e s  were p r e p a r e d ,  a s ample  o f  them was 
used to  test f o r  t h e  d e t e r m i n a t i o n  o f  z i n c  l o a d i n g  on t h e  
p a r t i c l e s .  T h i s  tes t  i s  performed by d i s s o l v i n g  t h e  z i n c  o n  t h e  
z e o l i t e  s u p p o r t  i n  c o n c e n t r a t e d  h y d r o c h l o r i c  acid and d e t e r m i n i n g  
t h e  z i n c  c o n t e n t  o f  t h e  s o l u t i o n  b y  a tomic  a b s o r p t i o n  
s p e c t r o f o t o m e t e r .  

The r e a c t i o n ,  H 2 S  + ZnO + ZnS + H 2 0  was performed i n  t h e  
r e a c t o r 6  The r e a c t o r  t e m p e r a t u r e  was v a r i e d  i n  a r a n g e  o f  
500-700 C and gas  samples were t a k e n  e v e r y  2 m i n u t e s  d u r i n g  t h e  
r e a c t i o n  and a n a l y z e d  by GC. A f t e r  t h e  r e a c t i o n  is  c o m p l e t e d ,  
the feed g a s  w a s  c u t  o f f  and reactor was c o o l e d  down t o  room 
t e m p e r a t u r e  w i t h  N2 g a s .  F i n a l l y ,  t h e  samples  were removed and 
ana lyzed  t o  d e t e r m i n e  t h e  e x t e n t  o f  c o n v e r s i o n  o f  ZnO t o  ZnS. 

The s o l u b i l i z a t i o n  o f  ZnO and  ZnS were d i f f e r e n t  a t  
d i f f e r e n t  a c i d i t y  s o l u t i o n s .  By making u s e  o f  t h i s  d i f f e r e n c e  
ZnO and ZnS were d i s s o l v e d  i n  s o l u t i o n s  hav ing  d i f f e r e n t  a c i d i t y  
and  t h e  z i n c  c o n t e n t  o f  t h e s e  s o l u t i o n s  were d e t e r m i n e d  by Atomic 
A b s o r p t i o n  S p e c t r o f o t o m e t e r .  Using t h e  c o n c e n t r a t i o n  of z i n c  i n  
each s o l u t i o n ,  t h e  c o n v e r s i o n  o f  ZnO t o  ZnS was found .  A z i n c  
b a l a n c e  w a s  done f o r  t h e  samples  t o  m a k e  s u r e  t h a t  t h e  amount of  
z i n c  ( i n  ZnO a n d  ZnS form) i n  t h e  p a r t i c l e s  a f t e r  t h e  r e a c t i o n  
was equal  t o  the  t o t a l  amount of z i n c  i n  t h e  pa r t i c l e s  b e f o r e  t h e  
r e a c t i o n .  T h i s  b a l a n c e  was m e t  w i t h i n  + 2 % .  

RESULTS A N D  DISCUSSIONS 

The r e s u l t s  o b t a i n e d  from t h i s  e x p e r i m e n t a t i o n  a re  p r e s e n t e d  
i n  F i g u r e s  3 a n d  4 .  F i g u r e  3 r e p r e s e n t s  t h e  o v e r a l l  s o l i d  
c o n v e r s i o n  o f  ZnO t o  Z a S  w i t h  r e s p e c t  t8 t i m e  f o r  t h e  p a r t i c l e  
s i z e  under  s t u d y  a t  5 0 0  C ,  6OO0C and 700  C. A s  c a n  b e  o b s e r v e d  
from t h e  f i g u r e ,  t h e  o v e r a l l  s o l i d  c o n v e r s i o n  d e p e n d s  o n  
t e m p e r a t u r e  a n d  r e a c t i o n  t i m e .  The o v e r a l l  s o l i d  c o n v e r s i o n  
i n c r e a s e s  a s  t h e  t e m p e r a t u r e  and 5 e a c t i o n  t i m e  i n c r e a s e s .  The 
c o n v e r s i o n  r e a c h e s  t o  100% a t  500 C i n  a b o u t  a t o t a l  r e a c t i o n  
t ime o f  40  minutjes.  The t o t a l  r e a c t i o n  t i m e s  f o r  100% c o n v e r s i o n  
a t  600' and  700  C a r e  a b o u t  3 0  Bnd . lo  m i n u t e s ,  r e s p e c t i v e l y .  The 
r e a c t i o n  t e m p e r a t u r e  above 700 C is n o t  t e s t e d ,  b e c a u s e  o f  t h e  
f o r m a t i o n  o f  m e t a l l i c  z i n c  vapor  above  75OoC. The maximum 
t e m p e r a t u r e  i n  t h e  ZnO-H S s y s t e m  is l i m i t e d  t o  abou t  75OoC 
t h e r m o d y n a m i c a l l y  ( W e s k n o r e l a n d  and  Harr i s o n ,  1 9 7 6 )  . 
E x p e r i m e n t a l  r e s u l t s  h a v e  a l s o  b e e n  r e p o r t e d  a b o u t  t h i s  
t e m p e r a t u r e  a t  somewhat  h i g h e r  v a l u e s  b y  B e v e r i d g e  ( 1 9 6 2 ) .  
During t h e  tests hydrogen h a s  been added t o  t h e  f e e d  g a s  m i x t u r e  
i n  a r a t i o  of 3 molH2/mole o f  H2S t o  p r e v e n t  t h e  d e c o m p o s i t i o n  o f  
H2S a t  h i g h  t e m p e r a t u r e s .  I t  h a s  been shown b y  Westmoreland and 
H a r r i s o n  (1977) t h a t  t h e  H 2  d o e s  n o t  m e a s u r a b l y  a l t e r  t h e  H2S-Zn0 
k i n e t i c s  a t  l o w  t e m p e r a t u r e s  ( <5OO0C) where H2S d e c o m p o s i t i o n  
shou ld  b e  u n i m p o r t a n t .  
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One of  t h e  i m p o r t a n t  r e a s o n s  t o  s u p p o r t  ZnO on  z e o l i t e  i n  
t h i s  s t u d y  was t o  p r o v i d e  b e t t e r  c o n t a c t  between H2S and ZnO 
t h r o u g h  i n c r e a s i n g  t h e  s u r f a c e  a r e a .  The o t h e r  r e a s o n  was t o  
minimize the s t r u c t u r a l  c h a n g e s  of  t h e  ZnO p a r t i c l e s  d u r i n g  
r e a c t i o n  due t o  s i n t e r i n g  e f f e c t s .  Ranade and H a r r i s o n  (1980)  
have found i n  t h e i r  s t u d y  of ZnO-H2S r e a  t i o n  t h a t  f u r f a c e  a r e a  
o f  p u r e  ZnO p a r t i c l e s  d e c r e a s e s  from 3 4  m /g t o  1 6  m /g a t  50O0C 
( a  53% d e c r e a s e  i n  t h e  s u r f a c e  a r e a ) .  T h i s  change i s  more s e v e r e  
a t  h i g h e r  t e m p e r a t u r e s .  S i n c e  t h e  molar  volumes o f  ZnO and ZnS 
a r e  n o t  v e r y  d i f f e r e n t ,  p o r e  p l u g i n g  c o u l d  n o t  b e  a problem 
d u r i n g  t h e  r e a c t i o n .  T h e r e f o r e ,  t h e y  h a v e  a t t r i b u t e d  t h i s  
d e c r e a s e  i n  s u r f a c e  a r e a  t o  s i n t e r i n g  e f f e c t s  which c a u s e s  t h e  
p a r t i c l e s  t o  s h r i n k  under  t h e  e f f e c t  o f  h i g h  t e m p e r a t u r e s ,  t h u s  
d e c r e a s i n g  t h e  a v a i l a b l e  s u r f a c e  area f o r  t h e  r e a c t i o n  
c o n s i d e r a b l y .  

5 

The answer t o  t h e  q u e s t i o n  "Did s t r u c t u r a l  changes  o c c u r  i n  
t h e  ZnO-zeol i te  p a r t i c l e s  d u e  t o  r e a c t i o n ? "  was i m p o r t a n t  i n  
t h i s  s t u d y .  The BET s u r f a c e  a r e a  measurements  on t h e  p a r t i c l e s  
b e f o r e  and a f t e r  r e a c t i o n  were performed u s i n g  t h e  Accusorb 
a p p a r a t u s  ( M i c r o m e r i t i c s  Model 2100E).  

Table  I l i s t s  t h e  s u r f a c e  a r e a  o f  r e a c t e d  and u n r e a c t e d  
p a r t i c l e s  f o r  t h e  l o n g e s t  r e a c t i o n  t i m e s  f o r  e a c h  r e a c t i o n  
t e m p e r a t u r e .  The BET s u r f a c e  a r e a  o f  (an  a v e r a g q  o f  f i v e  
b a t c h e s )  u n r e a c t e d  ZnO-zeol i te  p a r t i c l e s  is 31.8 m /g. The 
c o r  es onding s u r f a c e  a r e a s  f o r  p a r t i c l 5 s  r e a c t e d  a t  500' and 
600 C f o r  5 0  m i n u t e s  a r e  28.2 and 28.1 m / g ,  r e s p e c t i v e l y .  The 
change  is o n l y  11% f o r  t h e s e  t e m p e r a t u r e s .  A t  700°C, t h e  c h a n g e  
becomes a l i t t l e  h i g h e r ,  b e i n g  1 5 % .  These c h a n g e s  i n  s u r f a c e  
a r e a  are s m a l l  a s  comp3red t o  53% change  r e p o r t e d  by Ranade and 
H a r r i s o n  (1981)  a t  500 C. Z e o l i t e  s u p p o r t  is n o t  e x p e c t e d  t o  
s i n t e r .  I t  i s  t h e r m a l l y  s t a b l e .  T h e r e f o r e ,  t h e  c h a n g e  i n  
s u r f a c e  a r e a  c o u l d  b e  a t t r i b u t g d  t o  p a r t i a l  s i n t e r i n g  of ZnO w i t h  
z e o l i t e ,  e s p e c i a l l y  a round 700 C. However, some in-depth  s u r f a c e  
s t u d i e s  a r e  needed t o  answer t h i s  q u e s t i o n  c o r r e c t l y .  

A d i r e c t  compar ison  of  t h e  c o n v e r s i o n  v e r s u s  t i m e  c u r v e s  
w i t h  t h e  d a t a  o b t a i n e d  from l i t e r a t u r e  c o u l d  n o t  b e  d o n e ,  b e c a u s e  
o f  t h e  v a s t  d i f f e r e n c e  i n  t h e  s y s t e m s .  Ranade and H a r r i s o n  
( 1 9 8 0 )  h a v e  i n v e s t i g a t e d  t h e  H S a b s o r p t i o n  w i t h  p u r e  Z n O  
p e l l e t s ,  however o u r  s t u d y  u s e s  Zn% s u p p o r t e d  on z e o l i t e .  Also,  
p a r t i c l e  s i z e ,  s h a p e ,  z i n c  c o n t e n t  w i l l  make t h e  d i f f e r e n c e  i n  
comparison.  P r a c t i c a l l y  no i n f o r m a t i o n  i s  a v a i l a b l e  i n  t h e  
l i t e r a t u r e  on t h e  u s e  of  z i n c  o x i d e  on a c a r r i e r  o r  s u p p o r t  to  
a b s o r b  hydrogen s u l f i d e  from h o t  c o a l  g a s e s .  

K i n e t i c  c o n s t a n t s  h a v e  been c a l c u l a t e d  f o r  t h e  r e a c t i o n  
between H 2 S  and ZnO. Z e o l i t e  p a r t i c l e s  u s i n g  e x p e r i m e n t a l  d a t a .  
The r a t e  c o n s t a n t  h a s  t e e n  f o u n d  t o  o b e y  t h e  A r r h e n i u s  
r e l a t i o n s h i p .  

E i p  

k = A e x p  ( - E / R T )  
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The A r r h e n i u s  p l o t  i s  shown on  F i g u r e  4 .  A l e a s t  s q u a r e s  l i n e a r  
f i t  h a s  been used f o r  t h e  d a t a  p o i n t s  t o  f i n d  t h e  s l o p e  and t h e  
i n t e r c e p t .  The c o r r e l a t i o n  c o e f f i c i e n t  is 0.949. The f r e q u e n c y  
f a c t o r ,  A,  h a s  been found t o  be 1.781 c m  /min-mol and t h e  
a c t i v a t i o n  e n e r g y ,  E ,  h a s  been found t o  b e  4355.5 c a l o r i e s / m o l .  
The a c t i v a t i o n  e n e r g y  i s  s m a l l .  Normally,  s u c h  a low v a l u e  would 
i n d i c a t e  mass t r a n s f e r  l i m i t a t i o n s .  T h i s  i s  e x p e c t e d  i n  t h i s  
s y s t e m ,  b e c a u s e  of u s e  of z e o l i t e s  a s  s u p p o r t  f o r  ZnO. U s u a l l y  
z e o l i t e s  have  s m a l l  p o r e s .  The d i f f u s i o n  r e s i s t a n c e  i n  z e o l i t e s  
i s  h igh .  A l s o ,  h i g h  t e m p e r a t u r e  g a s - s o l i d  r e a c t i o n s  tend  t o  b e  
d i f f u s i o n  c o n t r o l l e d .  However, t h i s  i s  t h e  f i r s t  t r i a l  on t h i s  
c o n c e p t  of u s i n g  s u p p o r t  m a t e r i a l  f o r  m e t a l  o x i d e s  t o  increase 
t h e  s u r f a c e  a r e a  a v a i l a b l e  f o r  r e a c t i o n .  A l s o ,  a u t h o r s  wanted t o  
t e s t  i f  z e o l i t e  had any  e f f e c t  b y  i t s e l f  on H2S a b s o r p t i o n .  A 
b a s e  e x p e r i m e n t  h a s  been conducted  u s i n g  p l a i n  z e o l i t e s  (no  ZnO 
d e p o s i t s ) .  No d e c r e a s e  i n  H 2 S  c o n c e n t r a t i o n  h a s  been  o b s e r v e d  
w i t h  t i m e .  

CONCLUSIONS 

Using z e o l i t e  a s  s u p p o r t  m a t e r i a l  f o r  z i n c  o x i d e  d o e s  n o t  
seem t o  be s u i t a b l e .  A h i g h e r  p o r o s i t y  and l a r g e r  p o r e s  are 
d e s i r a b l e  f o r  t h i s  k ind  of a p p l i c a t i o n .  N e v e r t h e l e s s ,  t h e  
r e s u l t s  of  t h i s  s t u d y  showed t h a t  s i n t e r i n g  of s o r b e n t  p a r t i c l e s  
c a n  b e  minimized or p r e v e n t e d  b y  u s i n g  t h i s  new c o n c e p t  o f  
d e p o s i t i n g  m e t a l  o x i d e s  on t h e r m a l l y  s t a b l e  s u p p o r t s .  F u r t h e r  
r e s e a r c h  on t h i s  s u b j e c t  i s  i n  p r o g r e s s .  
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TABLE I .  BET SURFACE AREAS POR MAXIMUM REACTION TIME 
(TIME = 50 MINUTES) 

2 
SAMPLE SURFACE AREA ( m  /g) . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . .  

RUN NO. 5 
T = 5 0 0  C 

RUN NO. 10 
T = 6 0 0  C 

RUN NO. 11 
T = 7 0 Q  C 

UNREACTED 

PARTICLES 
ZnO-ZEOLITE 

2 8 . 2  

28.1 

2 6 . 9  

31.8 

PI- 1. SCHEHRTIC DIAGRAM OF A 2 TYPE ZEOLITE 
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Figure 3. Conversion w i t h  reaction tim, ZnO - 5 s  -on. 
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Figure 4. An-heru 'us plot ZnO - H20 E a d M .  
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